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Executive summary
Through ANLEC project 3-0510-0040 (Alloy CMR for hydrogen production), CSIRO is
developing a catalytic membrane reactor (CMR), incorporating a H2-selective alloy
membrane, which intensifies the process of hydrogen production by combining water
gas shift (WGS) conversion and H2/CO2 separation reactors. Applied to the processing
of coal-derived syngas, a membrane reactor can potentially achieve near-complete CO
to H2 conversion, H2 purification and pre-combustion CO2 capture in a single device.
This report summarises progress during the entire 36 month project.
The objectives of this project were as follows:
1. Fabrication: To develop a reliable fabrication technique for the large-scale
manufacture of H2-selective, V-based alloy membranes that meets the 2015 US
DOE targets for flux (150 cm3 cm-2 min-1 under a dP of 100 psia) and cost (USD
1076 m-2).
2. Performance: Demonstration of a modulized tubular or planar membranes that
meet the 2015 US DOE targets for flux (150 cm3 cm-2 min-1 under a hydrogen
pressure drop of 100 psia), cost (USD 1076 m-2) and durability/stability (5
years).
3. Scale-up: To demonstrate a 0.15 m2 catalytic membrane reactor for H2-fromcoal production that incorporates V-based alloy membranes and a water-gasshift catalyst and achieves a H2 yield in excess of 85 %.
4. Economics: To reduce the shift and separation costs for a 300 t/day H2-fromcoal plant from USD 55 million (using conventional technology) to < USD 40
million using CMR technology.
There were a number of aspects to this research, and each is summarised below.
Alloy development: The current benchmark alloy membrane material is palladium
(and its alloys). Vanadium has higher hydrogen permeability and lower cost than
palladium, but its susceptibility to hydrogen embrittlement has limited its application
in hydrogen-selective membranes. By alloying vanadium with aluminium, the
susceptibility to embrittlement is drastically reduced by i) a reduction in hydrogen
absorption, and ii) suppression of hydride phase transitions. Alloying vanadium with
aluminium does reduce ductility which can impact fabrication, but the reduction is
small enough that conventional manufacturing routes can still be employed.
Microstructure and ductility can be enhanced through the addition of grain refiners (Ti,
B) which create a very fine microstructure in the cast alloy, and through hot isostatic
pressing (HIPing), which reduces the incidence of defects and promotes grain
uniformity. These findings are the subject of a provisional patent lodged in several
jurisdictions. Although membrane durability has not been assessed during this
project, this new alloy will prolong membrane lifetime considerably, and will increase
the likelihood of meeting the durability target of 5 years, as set out in Project
Objective 1.
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Fabrication: A goal of this project was to evaluate several reactor geometries (planar
or tubular), and determine the most appropriate geometry for future development.
Planar V-Ni membranes were prepared by cold rolling with intermediate annealing
treatments to restore ductility lost during deformation. Pure vanadium tubing with an
outer diameter of 3/8” and wall thicknesses ranging from 0.18 to 0.25 mm were
procured from several vendors. Tubing formed from the optimised, embrittlementresistant alloy were not procured during this project to prevent loss of IP. CSIRO is
presently establishing a pilot plant to manufacture vanadium alloy tubing for future
trials. In demonstrating a high volume, low-cost fabrication technique, we have
demonstrated further progress towards Project Objective 1.
Surface finishing: Vanadium and vanadium alloy membranes require catalytic coatings
such as palladium or nickel on both surfaces to facilitate the exchange of hydrogen
between the gas and solid phases. Whereas planar membranes can be sputter coated,
tubular membranes can only be coated using electrodeposition. Because the
substrates are conductive, electroplating was selected as the deposition method. As
the tube drawing process creates a contaminated surface, considerable surface
preparation is required prior to electrodeposition to ensure catalyst adhesion and to
minimise interfacial transport resistances. This process involved degreasing,
mechanical abrasion, cathodic etching in hydrofluoric acid and finally, electroplating.
Inner and outer surfaces were prepared separately, but these steps can probably be
combined in the future. Deposition of Ni on the permeate surface results in a 35%
decrease in hydrogen permeability which is not compensated by the reduced materials
costs.
Geometry: An early project milestone was the decision to pursue planar or tubular
geometry. In the planar geometry, lattice expansion due to H absorption, combined
with the membranes being constrained around their perimeter by compressive seals,
resulted in severe wrinkling and eventual cracking of the membrane. The planar
geometry was therefore considered unsuitable, and all future effort focused on the
tubular geometry.
CFD model: A 2-dimensional, axis-symmetric model of a membrane reactor has been
developed using computational fluid dynamics (CFD). The model incorporates several
sub-processes for heat transfer, mass transfer, hydrogen permeation and water-gasshift conversion, and has been validated against experimental data. The model has
been adapted for a 3-dimensional, 1.1m2 hydrogen separation module in anticipation
of upcoming industrial trials, and will be continually refined to suit specific
applications.
H2 separation: A hydrogen flux of 0.4 mol m-2 s-1 at 400°C has consistently been
achieved using Pd-coated vanadium tubing. This flux is independent of membrane
thickness, and is around half the theoretical value for vanadium. This suggests that,
despite vigorous surface pre-treatment, the rapid formation of oxide at the vanadium
surface prior to plating imparts transport resistance for hydrogen. The H2 flux
obtained is around 40% of the US DOE target flux as set out in project Objective 2.
Several hydrogen separation modules, up to 1000 cm2 in total membrane area, have
been fabricated and tested. This represents an increase in scale of 500× during the
course of the project, and meets Project Objective 3.
x | Alloy membrane reactor for pre-combustion CO2 capture

CMR: Trials of a catalytic membrane reactor with a packed catalyst bed surrounding
the tubular membrane indicated this configuration is unviable for this membrane type.
Expansion of vanadium upon hydrogen absorption, and the physical resistance of the
catalyst bed, caused consistent fracture of the membranes shortly after exposure to
syngas. Furthermore, the narrow temperature window of vanadium membranes
(300°C < T < 400°C), and the demonstrated likelihood of runaway temperatures in
the WGS catalyst bed, suggests that the catalyst and membrane should not be in
direct contact. To overcome these limitations, a 3-stage membrane reactor was
demonstrated, in which catalyst and membranes were physically separated. Greaterthan-equilibrium CO conversion was achieved in this multi-stage configuration despite
modest CO conversion and H2 yield per stage. This configuration is scalable and will
protect vanadium-based membranes from mechanical or temperature-related
damage.
Economics: An analysis of the manufacturing process for layered vanadium alloy
membranes suggests a cost of USD 2700 m-2 for membranes with an outer diameter
of 10 mm, wall thickness of 0.25 mm and 250 nm-thick Pd catalyst layers on each
surface. This is considerably greater than the US DOE cost target, but at this price,
and with the measured hydrogen permeance, the membranes will achieve cost parity
with conventional pre-combustion capture technology when the membrane reactor
inlet pressure is 30 bar or greater. The target value of USD 46 million, established in
Project Objective 4, could be achieved with a reactor inlet pressure of 50 bar at the
current membrane permeance of 5.0 x 10-4 mol m-2 s-1 Pa-0.5. Furthermore, the far
lower price of Ti tubing of the same dimensions suggests the manufacturing costs for
V tube may be lower than those calculated here which further strengthens the
economic case.
This project has facilitated the advancement of membrane technology significantly
through new material discoveries, the establishment of manufacturing capability, a
500x increase in scale, and the demonstration of membrane separators and
membrane reactors. The economic assessment of the technology confirms the
feasibility of the technology for pre-combustion CO2 capture, and future improvements
in membrane performance, along with performance data from industrial slipstream
trials, will refine the economic argument in the near future.
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1

Project Overview

Pre-combustion CO2 capture is the process whereby the energy content of coal is
shifted to hydrogen, with the by-production of CO2. The H2 is then separated from the
CO2 for combustion to generate power, and the CO2 is retained at high pressure for
sequestration.
Through ANLEC project 3-0510-0040 (Alloy CMR for hydrogen production), CSIRO is
developing a catalytic membrane reactor (CMR), incorporating a H2-selective alloy
membrane, which intensifies the process of hydrogen production by combining water
gas shift (WGS) conversion and H2/CO2 separation. Applied to the processing of coalderived syngas, a membrane reactor can potentially achieve near-complete CO to H2
conversion, H2 purification and pre-combustion CO2 capture in a single device.
A CMR is depicted in Figure 1, illustrating the close coupling of the water-gas-shift
conversion catalyst and H2-selective membrane. By continuously extracting H2 in situ
as it is formed, an artificially high chemical equilibrium is created within the reactor,
allowing CO conversions of almost 100 %. Additional benefits include reduced energy
consumption and plant volume compared to conventional, separate shift and
separation processes.
This report describes progress towards this ultimate aim achieved during the entire
36-month project. This encompasses alloy development, fabrication, surface
preparation, CFD modelling, modulisation, membrane reactor testing, and an
economic analysis. Each of these aspects will be discussed separately in the report.

Figure 1. Schematic of catalytic membrane reactor
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1.1

Project Objectives

The funding agreement between CSIRO and ANLEC R&D establishes the aims of this
project. The 4 main objectives are listed in Table 1.

Table 1. Project objectives

Objective Description
1

Fabrication: To develop a reliable fabrication technique for the
large-scale manufacture of H2-selective, V-based alloy membranes
that meets the 2015 US DOE targets for flux (150 cm3 cm-2 min-1 or
1.0 mol m-2 s-1 under a dP of 100 psia) and cost (USD 1076 m-2).

2

Performance: Demonstration of a modulized tubular or planar
membranes that meet the 2015 US DOE targets for flux (150 cm3
cm-2 min-1 under a hydrogen pressure drop of 100 psia), cost (USD
1076 m-2) and durability/stability (5 years).

3

Scale-up: To demonstrate a 0.15 m2 catalytic membrane reactor for
H2-from-coal production that incorporates V-based alloy membranes
and a water-gas-shift catalyst and achieves a H2 yield in excess of
85 %.

4

Economics: To reduce the shift and separation costs for a 300 tonne
per day H2-from-coal plant from USD55 million (using conventional
technology) to < USD 40 million using CMR technology.

1.2

Project plan and report scope

The plan for this 36-month project is shown in Figure 2. This is the fifth technical
report produced during this project, and it will summarise all activity in the project.
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Figure 2. Plan for project 3-0510-0040
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Membrane Material
Development
Alloy membranes separate hydrogen from mixed gas streams using a solutionsolution
diffusion mechanism, whereby molecular hydrogen adsorbs on the surface
surfa of the
membrane and is dissociated into atomic hydrogen. Hydrogen then dissolves into the
alloy and migrates to the opposing surface, driven by a concentration gradient, by
jumping between interstitial vacancies between the metal atoms. At the low-pressure
low
surface, atomic hydrogen recombines to molecular hydrogen and desorbs. Because
only H2 can undergo this dissolution process, whereas species such as CO, CO2, H2O
and N2 cannot, the resulting H2 product is pure.
In order to function as a membrane, the surface and bulk must exhibit specific
properties, as shown in Figure 3. Using vanadium as a base, we have developed a
multi-layer
layer membrane material with enhanced hydrogen embrittlement resistance,
bulk hydrogen transport and rapid hydrogen exchange kinetics.
kinet

Figure 3.. The hydrogen transport mechanism in an alloy membrane
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2

Suppression of hydrogen embrittlement

The seminal report by Steward [1] illustrated that, although Pd is a robust membrane
material with a good combination of surface and bulk properties, there are several
metals with far greater permeability at far reduced cost. This is illustrated in Figure 4
[2], with V, Ta, Zr and Nb exhibiting permeability more than 10× that of Pd at 400°C.
The reason these metals have not found widespread use as membrane materials to
date is due to their tendency to suffer from hydrogen embrittlement, a process
whereby mechanical properties are severely degraded upon absorption of hydrogen.
In this section we describe how this problem has been attenuated in vanadium
through alloying.

Figure 4. Hydrogen permemability of various metals [1]

The durability of an alloy membrane in a separation or conversion process is, like
mass transfer rates, strongly linked to hydrogen absorption. The intended operating
Alloy membrane reactor for pre-combustion CO2 capture | 17

conditions for a water-gas-shift membrane reactor (~ 400°C and large transmembrane pressure) can readily be achieved in the absence of hydrogen by a 100
µm-thick alloy tube, but the absorption of hydrogen degrades the mechanical
properties to a point where catastrophic failure can occur. Yukawa [3] determined
that a ductile-brittle transition occurs when the hydrogen to metal (H/M) ratio exceeds
0.2. Durability can therefore be improved simply by reducing absorption (which also
reduces permeability), but the influence of alloying additions on hydride phase
stability must also be considered.

2.1.1 HYDRIDE PHASE STABILITY
Another important consideration is the phase stability of the vanadium hydride.
Under the conditions of interest vanadium hydride can exist as α-hydride (adopting
the BCC structure of the vanadium solid solution, and with interstitial hydrogen
randomly distributed between octahedral and tetrahedral sites), β1-hydride and β2hydride (low- and high-temperature V2H phases respectively with ordered to
octahedral sites ([4-5]), and a fully hydrogenated, face-centred cubic γ-phase (first
appearing at hydrogen concentration of VH0.95 [6] The β1-hydride forms at very low
pressure (0.1 Pa) [7] and undergoes a first-order transition to the β2-hydride. The β1
phase adopts a body-centred tetragonal structure if grown under applied stress [8], or
a monoclinic structure if grown without applied stress [9]. The critical temperature for
V lies at approximately 170°C and 0.0001 MPa [10-12]. Above the critical
temperature (TC), the isothermal transition between the α and β phases occurs
gradually with increasing hydrogen concentration, but below 170°C there exists a set
of conditions under which both hydride phases can coexist. β-hydride precipitation
under these conditions can have catastrophic consequences for membranes, as the
stresses created along phase boundaries can lead to cracking [4-5, 13], or at worst,
pulverisation of the alloy.
Vanadium hydride phase equilibrium studies have been undertaken previously, but
not under conditions of concern for membrane operation. For example, Yukawa’s
study [14] into the effect of alloying on the stability of vanadium hydrides showed the
γ-hydride plateau pressure at 313 K to be greatest for Group VIII additions (Fe, Ru,
Os), and decreasing systematically for elements from lower and higher groups.
For pure V the formation of β-hydride occurs far below the intended operating
temperature of the membrane, but the membrane can undergo phase transitions
during shutdown, when the membrane approaches ambient temperature. In the field
of palladium-based membranes, it is known that the addition of 23 wt% Ag to
palladium reduces the critical temperature to well below ambient temperature [15] ,
thereby allowing these membranes to be cycled down to room temperature under
hydrogen without risk of β-hydride formation. Understanding how prospective
alloying additions influence the location of the α-β phase boundary will be an
important consideration when selecting an alloy for a specific membrane application,
and when implementing an appropriate operating procedure for plant start-up and
shut-down.
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2.1.2 AIM OF THIS WORK
Here we describe a crystallographic and absorption study of V and several V-based
alloys under varying temperatures and hydrogen partial pressures, with an overall aim
of identifying how alloying additions influence the alloy-hydrogen phase diagram in
the region corresponding to alloy membrane operation. These single phase binary
alloys (V90Cr10, V90Ni10, V90Al10, expressed as mol%) have previously been investigated
with respect to their hydrogen absorption properties ([16-19]) ; all exhibiting reduced
hydrogen absorption relative to V. By focusing on binary alloys only we are able to
isolate the effect of these alloying additions on hydride phase equilibrium.
The impact of this work will be to identify the alloy and appropriate steady-state and
start-up/shut-down operating conditions, which will deliver maximum stability and
durability. The effect of hydrogen absorption on phase formation and lattice
expansion will be quantified, and phase boundaries identified and the structure of
hydride phases determined.

2.2

Materials and Methods

2.2.1 ALLOY PREPARATION
Dense, homogeneous V and V-based alloy (V90Cr10, V90Ni10, V90Al10, expressed as mol
%) ingots were prepared via arc melting on a water-cooled copper hearth from high
purity V, Cr, Ni and Al. For diffraction measurements, the ingots were sectioned using
electrical discharge machining into 0.8 mm disks. Before testing each sample was
polished to remove residual oxides, electroplated with 500 nm of Pd to promote the
rate of hydrogen absorption, and annealed at 400°C for several hours to promote
adhesion between the Pd and vanadium alloy. Samples were crushed into a coarse
powder for diffraction measurements. For absorption measurements, 1 x 3 x 10 mm
pieces were cut from the same master ingot.

2.2.2 DIFFRACTION MEASUREMENTS
Diffraction measurements were undertaken during two separate synchrotron
campaigns. During each campaign, samples were loaded into quartz capillaries and
sealed into a static-pressure sample cell using a compression fitting with graphite
ferrules. The cell was connected to a gas manifold which enabled vacuum purging
and pressurising with static hydrogen. Samples were heated using a hot gas blower
mounted perpendicular to the X-ray beam at a distance of 3 mm from the capillary
wall. The X-ray beam wavelength and instrument parameters were calibrated using
NIST SRM 660a (LaB6) and the temperature was calibrated using Pd as a thermal
expansion standard.
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Measurements were conducted using isobaric series in which pressure was maintained
and temperature was as high as 450°C, down to 30°C, in several steps. Pressure was
incrementally increased with each series. If a phase transformation was detected
during an isobaric series, a fresh sample was loaded before the start of the
subsequent series.
The initial measurement campaign was undertaken at the Australian Synchrotron
(Melbourne, Australia) during June 2012, using the Powder Diffraction beamline.
Powder diffraction measurements of the V90Ni10 and V90Al10 alloys were made using
parallel beam geometry and a Mythen microstrip 1D detector. The wavelength used
was 0.589 Å. The 0.7 mm OD sample capillary was oscillated through a 5° arc during
measurements.
A subsequent measurement campaign was undertaken at the Diamond Light Source
(Harwell, UK) during March 2013, using the Extreme Conditions (I15) beamline.
Powder diffraction measurements of the V and V90Cr10 alloys were made using 1.5 mm
OD capillary-mounted samples with parallel beam geometry and a Perkin Elmer flat
panel 1621 EN detector. The wavelength used was 0.172 Å. The sample was
oscillated through a 30° arc during measurements.
Lattice parameters were determined by refining diffraction patterns using the
Diffrac.Topas Rietveld-based software package, produced by Bruker AXS.

2.2.3 HYDROGEN ABSORPTION
Hydrogen absorption was measured manometrically using a Hiden Isochema IMI-HTP
system. Absorption isotherms were measured between 0 and 1.5 MPa at
temperatures between 100°C and 400 °C.

2.3

Results

2.3.1 HYDROGEN ABSORPTION ISOTHERMS
Figure 5 shows hydrogen absorption isotherms for V, V90Cr10, V90Ni10 and V90Al10. Cr,
Ni and Al all decrease the absorption of hydrogen by V. This effect is greatest for Al
(with 10% Al almost halving the absorption of V), and least for Ni.
Also noted on the figures are the experimental T,P pairs corresponding to in-situ
diffraction measurements. For the case of vanadium, these points are clearly in the
region of the diagram between the α→β and β→γ miscibility gaps. No α→β plateau
was observed for V (or the alloys) since the critical pressure (0.0001 MPa) was
considerably lower than the lowest experimental pressure.
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Figure 5. Hydrogen absorption isotherms for (from top) V, V90Cr10, V90Ni10 and V90Al10
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2.3.2 PHASE FORMATION AND LATTICE PARAMETERS
Two crystal structures were identified across all conditions: a body-centred cubic
interstitial solid solution of vanadium (space group Im3m, referred to hereafter as the
α phase) and a body-centred tetragonal interstitial solid solution (referred to hereafter
as the β phase). According to Noda et al [8] the β hydride is monoclinic when grown
without applied stress, and tetragonal only when grown under applied stress. Under
all conditions investigated here, however, the β hydride was tetragonal with the space
group I4/mmm.
As the temperature of each sample was decreased at constant pressure, there was a
sharp transition from the cubic phase to the tetragonal phase. These phases were not
detected simultaneously, confirming that the experimental conditions were well
outside the α→β miscibility gap.
Figure 6 shows a series of X-ray diffraction patterns for vanadium and the alloys at a
pressure of 0.20 MPa and temperatures between 30 and 450°C. The figure shows
that vanadium exists as the cubic phase between 200 and 450°C, and as the
tetragonal phase below 200°C, indicated by splitting of the <011>, <002> and
<211> peaks. This aligns well with the reported TC for V. For V90Cr10 at 0.20 MPa,
the presence of the <020> and <211> peaks indicates at 200°C indicates the
transition occurs between 200 and 300°C. For V90Ni10, the faint presence of <020>
and <211> peaks at 400°C indicates this transition occurs at a temperature slightly
higher than 400°C. V90Al10 maintained the cubic structure under all conditions.
Figure 7 shows calculated lattice parameters for V and V90Al10 at each temperature
and pressure studied. Each alloy comprised a single BCC solid solution in the
unhydrogenated state. The α→β transition in V is clearly evident from the contraction
of the a-axis and elongation of the c-axis, whereas in V90Al10, no transition is evident.
H-induced lattice expansion is clearly more significant than thermal expansion.
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Figure 6. X-ray diffraction measurements at 0.20 MPa of (from top) V at λ = 0.1718 Å, V90Cr10 at λ = 0.1718 Å, V90Ni10
at λ = 0.5898 Å and V90Al10 at λ = 0.5898 Å.
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Figure 7. Lattice parameters for cubic (α) and tetragonal (β) hydrides of V (from left) and V90Al10 (right). Pressures
and temperatures are indicated on the figure.

2.4

Discussion

2.4.1 IMPACT OF ALLOYING ON V-H PHASE EQUILIBRIUM
Studies of hydrogen-metal interactions, for example, hydrogen absorption
measurements, are generally undertaken isothermally, with a fixed temperature and
increasing/decreasing pressure. Shutting down a membrane involves simultaneously
or sequentially reducing the membrane temperature to ambient and purging the alloy
of hydrogen. This process, therefore, is non-isothermal, and in the case of an
unplanned shutdown, can involve a decrease in temperature under a constant,
positive, hydrogen partial pressure. The isobaric XRD series were designed to mimic
this scenario. When combined with isothermal absorption measurements, a detailed
understating of phase equilibrium under dynamic conditions can be obtained.
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The presence of the single tetragonal phase under any experimental T,P pair is an
indication that the absorption isotherm bisects the 2-phase region at lower pressure.
The observed phase transitions in an isobaric XRD series can therefore be applied to
determine the location of the two-phase region. V, for example, was cubic at 400°C,
regardless of pressure. Therefore, if the 400°C V isotherm is followed towards zero
pressure, it will not bisect the 2-phase region at any pressure. The same applies for
300 and 200°C, but clearly, at 100°C, which is lower than TC, the isotherm will cross
the 2-phase region. Therefore, during shut down, it is essential that the membrane
temperature be > TC until all H2 is purged from the alloy.
For the case of V90Cr10, the XRD data shows that TC lies between 200 and 300°C, and
hence hydrogen must be purged from the alloy while the temperature is maintained at
~ 300°C or greater. For V90Ni10, the observed onset of tetragonal transformation at
400°C tells us that TC is greater than 400°C, and that an isothermal purge
temperature, as well as steady-state operating temperature, of > 400°C is required to
prevent bisection of the two-phase region.
V90Al10 behaves quite differently, maintaining the cubic structure under all conditions
examined. This alloy can therefore be cooled to ambient temperature, and then be
purged of H2 without bisecting the two-phase region. In the context of membrane
development, this alloy provides a significant enhancement in properties over V,
analogous to the benefit offered by Pd-23Ag (wt.%) over Pd. It is worth noting that
Al decreases TC despite decreasing absorption, whereas Ni and Cr both increase TC
while also decreasing absorption. The main point of difference is that Al, unlike Ni, Cr
and V, is not a transition metal and further study of the resulting band structure
would be required to better understand this phenomenon.

2.4.2 IMPLICATIONS FOR SHUT-DOWN
Knowledge of the phase diagram allows appropriate shutdown procedures to be
developed. The most feasible way of purging a membrane reactor assembly would be
to use an inert purge (eg, N2) in both the feed and product streams. In the case of a
CMR, however, the heat for the reactor is mostly derived from the WGS reaction
exotherm. Any sudden halt in syngas supply will therefore cause a corresponding
decrease in membrane temperature, limiting the options for controlling the shutdown.
Figure 8 depicts several shut-down pathways for a V membrane, based on the V-H
phase diagram reported by Watanabe et al. [20] The black square represents the
steady-state operating conditions of 400°C and 1.0 MPa (H/M = 0.55), and the
triangle represents the desirable purged shutdown state. Avoiding the miscibility gap
means the hydrogen concentration must be reduced prior to the temperature being
reduced, as depicted in the figure. Achieving a H/M less than 0.02 at temperatures
less than TC, however, requires a pressure of < 0.0001 MPa which will be difficult to
achieve by purging with, for example, N2.
The addition of V90Al10, by suppressing the critical temperature to less than 30°C,
means the membrane can be shutdown via any P,T pathway without passing through
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a two-phase region. Several possible pathways are depicted in Figure 4, using an
indicative 2-phase region well below ambient temperature, but is also feasible to cool
the membrane under hydrogen without undergoing a phase transition. Such
membranes are therefore less likely to suffer brittle failure during cycling, which
should enhance their lifetime and competitiveness against Pd-based alloys for
industrial H2 separation.

Figure 8. V-H Phase diagram (after Watanabe et al. [20]) and indicative phase diagram for V90Al10 (right), with
shutdown pathways from steady state (400°C and 1.0 MPa, indicated by the squares) to rest state (25°C, indicated
by the triangles)

2.5

Conclusions

The effect of Cr, Ni, and Al alloying additions on V-H phase equlibria has been studied
using hydrogen absorption measurements and in-situ x-ray diffraction studies. The
addition of 10% Ni increase the critical temperature for α+β hydride formation to
greater than 400°C, compared to 170°C for V. Cr also increases the critical
temperature, to between 200 and 300°C. The addition of 10% Al, however,
suppresses the critical temperature to less than 30°C, thereby enabling this material
to be cycled thermally and hydrostatically while precluding formation of the β-hydride
phase. The implication of this finding is that one of the mechanisms of brittle failure
in vanadium-based hydrogen-selective membranes has been eliminated, thereby
increasing the robustness of this material relative to V.
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3

Effect of alloying on hydrogen permeability

3.1

Introduction

The high hydrogen permeability of Group V metals is well established, particularly
through the work of Steward [1], and later by Buxbaum [21-22], Nishimura [23-25],
Yukawa [26-28] and others [29-32]. High permeability, largely attributable to the
high hydrogen absorption of these metals and their alloys, make them of obvious
interest for high-temperature H2/CO2 separation membranes, and in membrane
reactors for the water-gas-shift and reforming reactions. Their relatively low cost
compared to the benchmark metal, Pd, further increases the potential economic case
for these materials.
Excessive hydrogen absorption, however, has been the major limitation of these
materials [33], with the resulting lattice expansion and hydride precipitation making
these alloys significantly less robust than Pd-based alloys. Options open to developers
of Group V alloy membranes have included alloying to reduce absorption, and/or
operating these membranes only in narrowly-defined pressure gradient and
temperature windows.
Another interesting aspect of these materials is the strong concentration-dependence
of hydrogen diffusion. Most studies have simply used permeability (as mol m-1 s-1 Pa0.5
) as a correlating property, which has its origins in ideal Fickian behaviour. This
assumes diffusivity is concentration-independent, and that absorption is proportional
to the square root of pressure, conditions which hold only at near-zero hydrogen
concentrations.
High hydrogen absorption leads to considerable deviations from ‘ideal’ Sieverts’-type
behaviour (where absorption is proportional to the square root of pressure). Studies of
hydrogen diffusion through V-Ni [16] and V-Ni-Ti [34] alloys showed a significant
concentration dependence, with the concentration-dependent hydrogen diffusion
coefficient (DH) increasing with increasing dissolved hydrogen concentration.
Furthermore, the Sieverts’ exponent decreases from its ideal value of 0.5 as the alloy
approaches hydrogen saturation.
Hydrogen permeability, by definition, is independent of feed and permeate pressures.
That this phenomenon is approximately observed in vanadium alloys [16] is in fact
serendipitous, with the non-ideal effects of diffusivity and pressure-dependent
concentration roughly cancelling each other out. Nonetheless, independent
verification of diffusivity and hydrogen concentration under realistic operating
conditions is essential to fully understand hydrogen transport, and to design an
appropriate alloy for a given application.
Given that high hydrogen absorption incurs a mechanical penalty, whereas rapid
diffusion does not, a, excellent criterion for rating prospective alloy materials is the
ratio of hydrogen diffusivity to concentration. Our previous study of the V-Ni system
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showed a clear reduction in hydrogen diffusivity for a given hydrogen concentration
with increasing Ni content. The present work builds on this foundation by extending
the approach to V-Al and V-Cr binary alloys within the compositional range for bodycentred cubic solid solution formation, with the aim of identifying the best alloy for
high-temperature hydrogen separation. The present work is one of three prime
considerations when selecting an alloy for a hydrogen-selective membrane
application, the others being phase stability and mechanical formability, both of which
are examined in this report.

3.2

Methods

Several binary V-Al (V95Al5, V90Al10, V85Al15, V80Al20, V75Al25, expressed as atom%) and
V-Cr (V95Cr5, V90Cr10, V85Cr15) alloys were selected so as to ensure formation of a
single-phase body-centred cubic solid solution. Circular membranes were prepared by
sectioning arc-melted ingots using electrical discharge wire machining. Alloy
compositions were verified chemically and were within 2% (absolute) of the nominal
composition. The preparation method, including surface preparation and the
deposition of 500 nm-thick Pd catalyst layers, has been described in detail previously
[16]. Membranes were approximately 900 µm thick to ensure bulk diffusion was the
rate-limiting step in hydrogen permeation.
Images of alloy microstructure were recorded using optical microscopy at a
magnification of 5×. Alloy fragments were mounted and polished to reveal a crosssection, and etched to show grain detail.
Hydrogen flux was measured using the constant pressure method. Membranes were
sealed compressively using copper gaskets inside an inconel module which was heated
to 400°C under an inert atmosphere and held for 12 hours. A mixture of 10% CO2 in
H2 was supplied to the feed surface at rates sufficient to prevent concentration
polarisation. Ar was fed to the opposing surface, also at rates sufficient to prevent
concentration polarisation. Each condition was maintained for around 1 hour to
ensure the attainment of steady-state flux conditions. The feed pressure was
progressively increased from ~ 1 to ~ 10 bar(a), while the sweep pressure was
maintained at ~ 1.5 bar(a) throughout the experiment. The H2 content in the
permeate stream was measured using a gas chromatograph calibrated against
certified standard gas mixtures. Flux was then calculated based on the permeate H2
concentration, and the flow rate of Ar. The detection of CO2 in the permeate stream
was indicative of a membrane defect, and the experiment was terminated accordingly.
The hydrogen absorption of each alloy was measured manometrically. Samples were
held at 400°C for 24 hours under vacuum to ensure any residual H2 from the flux
measurement was purged from the sample. Isotherms were then generated between
~ 15 and 0 bar, using an initial 15 bar absorption step followed by stepwise
desorption steps.
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Lattice parameter measurements were made after permeation and absorption testing.
Alloys were ground into a powder using a Philips planetary mini mill. These powders
were sealed into glass tubes under vacuum, followed by a stress-relief annealing at
450oC for 16 hours. A Bruker D8 Advance X-ray Diffractometer using CuKα radiation
(40kV, 40mA) equipped with a LynxEye silicon strip detector was employed to obtain
the XRD patterns. The powder samples were scanned over the 2θ range 20° to 130°
with a step size of 0.02° 2θ and a count time of 3.2 seconds per step. Lattice
parameters were determined using the software package Diffrac.Topas (Bruker AXS).

3.3

Results

Figure 9 shows optical micrographs (5x magnification) for V95Al5 and V95Cr5. These
alloys form a polyscrystalline microstructure with grains around 1 mm in diameter.
Given the thickness of the prepared membranes (~ 900 µm), hydrogen diffusion will
be mostly intra-granular and grain boundary influences can be considered negligible.
X-ray diffraction measurements confirmed each alloy was a single-phase, vanadium
solid solution (VSS). Measured lattice parameters are shown in Figure 10. Both alloy
series follow Vegard’s law, with substitution of V by Al increasing the lattice parameter
of V by a small amount, and substitution of V by Cr decreasing the lattice parameter
significantly. These trends are expected given the reported atomic radii of V (0.132
nm [35] or 0.134 nm [36]), Al (0.143 nm [35]) and Cr (0.125 nm [35] or 0.130 nm
[36]). The general trend for V-Cr is also in agreement with a recent first-principles
study [37].
Figure 11 shows the variation in measured flux with hydrogen partial pressure in the
feed (p1) for alloys in the V-Al and V-Cr series at 400°C. In each case flux has been
normalised against the inverse of membrane thickness to correct for the small
differences in sample thickness between each membrane sample. Hydrogen partial
pressure at the permeate surface (p2) is also not accounted here for as it is negligibly
small compared to the feed pressure. Several trends are evident. Firstly, for each
alloy series, flux decreases with increasing Al or Cr content. Secondly, DH values for
V-Cr alloys are greater than for the corresponding V-Al alloys.
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Figure 9. Optical micrographs (5x) for V95Al5 (top) and V95Cr5 (bottom)
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Figure 10. Variation in lattice parameters of VSS with varying Al and Cr content
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Figure 11. Measured H2 flux (J, normalised against the inverse of membrane thickness, x) versus feed H2 pressure
for V-Al (top) and V-Cr (bottom) at 400 °C

According to Fick’s first law of diffusion [38-39], the flux of a solute (H) through a
solvent (the V-based alloy) is the product of the solute’s diffusivity and concentration
gradient. Knowledge of the dissolved hydrogen concentration at the hydrogen partial
pressures corresponding to the flux values shown in Fig. 3 enables calculation the H
diffusivity through each alloy.
Figure 12 shows a series of hydrogen absorption isotherms for each alloy series, at
400°C, expressed as dissolved hydrogen concentration, r (with the units of atomic
hydrogen/metal ratio, or H/M) against hydrogen partial pressure (p). In addition, the
absorption isotherm for unalloyed vanadium is also shown for reference in each graph.
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Figure 12. Measured hydrogen absorption (r, expressed as H/M ratio) with varying hydrogen partial pressure (p) for
vanadium plus V-Al (top) and V-Cr (bottom) alloys at 400 °C.

The absorption data for V does not exhibit a plateau (which would indicative an α → β
transition), but does exhibit a pronounced inflection (which indicates proximity to
conditions under which an α → β transition would occur). Addition of Al makes this
inflection less-defined, suggesting that Al stabilises V against β-hydride formation.
The V-Cr isotherms are of a similar shape to that of V, exhibiting a pronounced
inflection point. Unlike Al, it appears Cr does not stablilise V against β-hydride
formation. This is an important consideration when assessing stability of these
membranes during thermal cycling, when the alloys are likely to be subjected to
conditions under which this hydride phase transition would occur.
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Concentration-dependent diffusivity coefficients (DH) for each alloy at 400°C were
calculated from the measured flux and corresponding H/M values at the feed (r1) and
permeate (r2) surfaces, as per the method described previously [16]. For each binary
alloy series, the substitution of V by Al or Cr decreases the diffusivity of hydrogen, DH,
and as Figure 13 shows, Al reduces diffusivity more than Cr. Each alloy also exhibits
a strong concentration-dependence, with DH increasing with increasing concentration
of dissolved hydrogen. It was noted by Flanagan [40] that there is spectrum of DH/r
pairs across the membrane. The DH values shown in Figure 13 are therefore an
average value which correspond to an average hydrogen concentration within the
alloy (given by (r1 + r2)/2).
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Figure 13. Concentration-dependent diffusion coefficients (DH) for hydrogen through V-Al (top) and V-Cr (bottom)
alloys at 400 °C

Figure 14 shows the concentration-independent diffusion coefficients (D*H), calculated
according to the following equation [41] where f(r) is known as the thermodynamic
factor which can be derived from the absorption isotherms in Figure 12:
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For an ideal alloy-hydrogen system at low concentration, r is proportional to p0.5 and
f(r) is equal to 1. In a system such as this, DH and D*H are equal. At large r values,
such as those typically exhibited by V-based alloys, the system is less ideal and f(r)
becomes greater than 1 as pressure is increased. In such systems, DH is greater than
D*H, but approaches D*H at low concentrations/pressures.
The present approach to evaluating D*H is based on an assumption that there are no
mass transfer limitations at the surfaces of the membranes. For the V-Cr alloys there
was a small upward inflection in D*H with decreasing concentrations, but the V-Al data
were very consistent, indicating a strong correlation between theory and practice. The
presence of interfacial or intergranular transport resistances which are not
accommodated in the equation is one possible explanation of why the observed
behaviour deviated from ideal behaviour under certain conditions.
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Figure 14. Concentration-independent diffusion coefficients (D*H) for hydrogen through V-Al (top) and V-Cr
(bottom) alloys at 400 °C

3.4

Discussion

It is accepted that both elastic and electronic properties influence the transport of
hydrogen across an alloy. Accordingly, there are a number of properties which can be
used to predict trends in performance, including lattice parameters, thermal
expansion, bulk modulus and compressibility (elastic properties relating to cohesion in
solids [42]) as well as conductivity, melting point and bond valence (electronic
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properties), but these are not always reliable correlating properties. For example,
site energies decrease with increasing lattice size [43], hence the addition of Al would
decrease site energy, whereas Ni and Cr would both increase site energy. It was
observed in this study, however, that the addition of Al decreases hydrogen
absorption.
These results illustrate the difficulty in isolating by purely experimental means the
electronic and elastic influences on hydrogen transport, but in reality the electronic
and elastic properties are inter-dependent. For example, alloying V with Al changes
both the electronic properties and the lattice parameter. Furthermore, lattice
parameters increase with increasing hydrogen concentrations, and hence site energies
will increase across a membrane in the direction of permeation. Computational
studies are therefore vital to developing a detailed understanding of hydrogen
transport through alloy membranes.
The experimental results obtained can be used to make an informed selection of the
most suitable alloy for a membrane application. The data shown in Figure 13 enables
an estimate of the operating conditions required to achieve a specific flux value for a
given alloy. Assuming a near-zero hydrogen concentration at the permeate side (for
example, where a vacuum or sweep gas is used to maximize the concentration
gradient), each DH-r pair corresponds to a specific H2 flux if a membrane thickness is
specified. This is illustrated in Figure 15, in which the dashed lines represent the DH-r
pairs required to achieve a targeted flux of 1.00 mol m-2 s-1 for nominal membrane
thicknesses of 50, 100 and 200 µm. Data for V95Ni5 is included for comparison.[16]
Each of these ‘isoflux’ curves follows an inverse DH-r relationship, with alloys
exhibiting lower solubility requiring a higher diffusion coefficient to achieve the flux
target (and vice versa). Furthermore, as the data points correspond to ~ 1 bar
increments in feed pressure, the point of intersection between the experimental data
and the isoflux curves indicate the feed pressure required to meet the flux. For
example, a 100 µm-thick V95Cr5 alloy will achieve the flux target with a feed pressure
of approximately 5 bar.
These isoflux curves are also an excellent tool for comparing the relative properties of
different alloys. The main impediment to date in the use of Group V alloys as
hydrogen separation membranes is excessive hydrogen absorption which, while
imparting a high driving force for hydrogen permeation, can lead to mechanical failure
through embrittlement. When comparing several alloys with similar hydrogen
absorption, the preferred alloy will be that with the greatest diffusivity (as high
diffusivity does not incur a mechanical penalty). The isoflux curves can be used to
visualise this, with the preferred alloy intersecting the isoflux curve at the lowest
possible H/M value. Using this approach, the V-Cr series of alloys are the best of
those examined, intersecting each of the isoflux curves at lower H/M values (and
higher DH values) than other corresponding binary alloys.
The DH-r relationship is not the only consideration, however, when selecting an alloy.
Also of importance is the magnitude of the strain gradient created perpendicular to
the membrane surface due to the hydrogen concentration gradient. In addition,
phase stability, is a key consideration, with the formation of a beta hydride leading
potentially to catastrophic failure. With vanadium alloys the danger is greatest during
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thermal and pressure cycling, with the β-V-H phase forming below 200°C and at
hydrogen concentrations corresponding to hydrogen pressures less than 1 bar [4446].

Figure 15. Isoflux curves overlayed against measured DH-r pairs for V95Ni5, V95Al5 and V95Cr5 alloys at 400 °C

3.5

Conclusions

Low-cost, highly permeable alloy membranes are required for use in stand-alone
hydrogen separators, or in catalytic membrane reactors for decarbonisation of fossil
fuels. Several vanadium alloys have shown great promise due to their greatly
improved mechanical stability relative to pure vanadium. With a range of potential
alloying additions, a systematic study is required to identify the alloy system which
provides greatest mechanical stability through reduced hydrogen absorption while
maximising hydrogen diffusivity.
The present work offers a comparison of two binary vanadium-based alloy systems
(V-Al and V-Cr), building on a previous study of the V-Ni system. Each alloy in these
series forms a single phase, body-centred cubic solid solution over the compositional
range examined. Addition of Al to V had the effect of dilating the vanadium lattice,
whereas Cr contracts the lattice. This trend was not reflected in hydrogen absorption
properties, with both alloying element decreasing hydrogen absorption, and
aluminium having the most pronounced effect.
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Calculated hydrogen diffusivities follow the trend V-Cr > V-Al > V-Ni, with the
diffusivity of all alloys showing a strong concentration dependence. The results
suggest that V-Cr alloy membranes will achieve the targeted flux value with a lower
hydrogen pressure (and hydrogen concentration) than corresponding V-Al and V-Ni
alloys, thus reducing the likelihood of brittle failure.
This data, combined with mechanical properties (indicating the ability for each alloy to
be rolled or drawn into a thin membrane), and phase stability data for hydrogenated
alloys (indicating the tendency of each alloy to avoid β-hydride formation during
operation and thermal cycling), will be used to inform the selection of an alloy for use
in a membrane separator for high-temperature hydrogen separation.
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4

Mechanical properties and microstructure

4.1

Introduction

To facilitate manufacturing through a deformation process such as extrusion, drawing
(for tubular membranes) or rolling (for planar membranes), the alloy must exhibit
sufficient deformability. Having shown in previous chapters that alloying vanadium is
necessary to reduce hydrogen embrittlement, the effect of alloying on mechanical
properties must be examined.

4.2

Ductility

The formability of the V based alloy materials, especially with respect to elongation,
determines the fabrication methods which can be used to produce planar or tubular
membranes. For an example, alloys used for the manufacture of tubular products
normally exhibit a maximum elongation of 25-35 % in mass production (via extrusion
and drawing), and at least 10-20% if using a customised deformation process (with
reduced deformation per pass and extensive anneals between passes).
This aspect of the project focuses on evaluating the materials properties for selecting
appropriate manufacturing routes. Three alloy systems (V-Ni, V-Cr and V-Al) have
been examined. V metal has also tested to establish a benchmark for these alloys.
Microstructural characterization and tensile testing were conducted to measure
elongation of these alloys, in both as-cast and annealed states.

4.3

Sample preparation

Pure metals were mixed and melted in an arc furnace or inductively-heated cold
crucible furnace, and allowed to solidify on a water-cooled copper heath. The resulting
ingots were cylindrical with a diameter of 50 mm, and length of 8-10 mm (arc-melted)
50-100 mm (cold crucible-melted).
Specimens for tensile testing were then cut from the ingots by an arc wire cutting
method. These specimens were annealed at 1250°C, for up to 1 hour, under an
oxygen-free atmosphere.
In order to study effect of deformation on elongation of V-Ni alloys, a V85Ni15 alloy
(atom%) sheet of 0.4 mm was produced by arc meting and rolling. Tensile specimens
were cut and subject to annealing at 1250°C for 1 hour.
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Tensile tests were undertaken with a 0.05 cm/min crosshead speed, maximum load of
2 KN and 8.5 mm gauge. As the majority of the alloys were too brittle to record yield
strength, only elongation and ultimate tensile strength (UTS) were measured.

4.4

Results

4.4.1 VANADIUM
The maximum elongation of vanadium was 15 % (average of 3 samples), as shown in
Table 2.

Table 2. Elongation and UTS of vanadium

Composition

Condition

UTS
(MPa)

Elongation
(%)

Pure V metal

As-cast by arc melting (AC)

181

14

209

15

136

16

4.4.2 V-NI ALLOYS
Addition of nickel to vanadium, in the range 5 to 15 atom%, resulted in complete loss
of ductility, with maximum elongations of << 1% recorded, as shown in Table 3.
Samples prepared by arc meting had slightly higher elongation than by cold crucible
casting, which may be attributable to the lower porosity of arc melted alloys c.f. cold
crucible-melted alloys.
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Table 3. Elongation and UTS of V-Ni alloys

Composition Condition

V95Ni5

UTS
(MPa)

Elongation
(%)

209

0.16

225

0.24

301

0.24

295

0.64

302

0.64

434

0.32

372

0.32

As-cast by cold crucible
casting (CC)

191

0.19

CC & 1000°C for 1h

221

0.16

CC & 1250°C for 1h

322

0.24

As-cast by AC, rolled and
1250°C for 1h

134

0.94

148

1.88

As-cast by AC

As-cast by AC
V90Ni10

V85Ni15

Figure 16 shows the effect of heat treatment on the measured elongation of cold
crucible-cast V90Ni10. Annealing at 1000°C for 1 hour reduces elongation as a result of
precipitation of secondary phases that are detrimental to elongation. With a further
increase in the annealing temperature to 1250°C, the elongation is recovered, but it is
still well below 1%. The highest elongation is achieved by the rolled sample of the
V85Ni15 alloy at nearly 2%, however, this can still be described as a very brittle alloy.
The V-Ni based alloys investigated have very low ductility that can’t be improved
significantly by alloying, casting, heat treatment and deformation. This severely limits
their ability to be formed into suitable sheet or tube by current industrial processes.
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Figure 16. Graph (with accompanying SEM images) showing elongation
el
of V85Ni15 alloy before and after heat
treatments

4.4.3 V-AL ALLOYS
V-Al (5%) and V-Al
Al (10%) alloys showed far greater elongation than equivalent V-Ni
V
alloys, as shown in Table 4.

Table 4. Elongation and UTS of V-Al alloys

Composition Condition

V-Al (5%)

V-Al (10%)

As-cast
cast by AC

As-cast
cast by AC
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UTS
(MPa)

Elongation
(%)

243

11

253

12

213

12

276

0.24

185

0.16

4.5

Microstructure

The production of thin-walled tubes from an alloy ingot is achieved by tensile
deformation. Starting from a thick-walled rod, the alloy is progressively elongated by
tensile deformation until the desired wall thickness is achieved. It is normally
required that the alloy is able to be elongated by at least 10% per pass. We have
reported in previous reports that Ni and Cr both form very brittle alloys with vanadium
(i.e., elongation of 0%), whereas Al, although reducing elongation also, reduces it by
a much smaller amount.
The ductility of the vanadium alloy can be enhanced by minimising the grain size of
the alloy, and heat-treating the alloy prior to deformation to remove defects. Grain
refiners are small additions made to alloys to reduce the size of grains formed during
casting of an alloy. We have found that addition of a small amount of Ti and B in
amounts less than 0.5 atom% can reduce the grain size in as-cast V95Al5 from several
millimetres to ~ 0.1 mm (Figure 17), without degrading hydrogen permability.

Figure 17. Grain size formed after casting in V95Al5 alloy (left) and V95Al5 with grain refiners (right)

Furthermore, treatment of a cast alloy by hot isostatic pressing (HIPing) reduces grain
size, increases grain uniformity and decreases the incidence of voids (Figure 18).
These effects all combine to improve ductility of the alloy.
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Figure 18. Microstructure in as-cast V95Al5 before (left) and after (right) HIPing

4.6

Potential fabrication routes

Due to the low elongation of V-Ni alloys, fabrication routes based on tensile
deformation, such as drawing tubular products, can’t be used. A machining approach
(drilling, turning and grinding) can be employed to make tubular components. While
suitable for producing small membrane samples, this is not a viable approach for
mass production. Tubular fabrication of V-Ni alloys will not be addressed further
during this project. V-Ni foils, however, can be manufactured via a compressiondeformation method, i.e., cold rolling with intermediate annealing treatments.
The V-Al alloy exhibited the highest elongation among all the alloys studied so far.
With an elongation greater than 10%, it is certainly possible to fabricate the tubular
product via the tensile deformation route. Foil components can also be produced from
the V-Al alloys by rolling and intermediate annealing between rolling passes.

4.6.1 PLANAR MEMBRANE FABRICATION
Planar V-Ni foils were been produced using the following CSIRO-developed procedure:
•

Arc melting cast the alloy into ingots

•

Wire cutting the ingots into 1 mm-thick sheet

•

Cold rolling of the sheet to < 0.5 mm, with intermediate annealing treatments
at ~ 1250°C for 2-3 minutes.

A sample V85Ni15 alloy sheet is shown in Figure 19.
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Figure 19. Planar V85Ni15 alloy membrane formed by cold rolling with intermediate annealing treatments

There are several obstacles for scaling up planar membrane of V based alloys:
•

Low deformation efficiency, therefore, high cost rolling process, as a result of
low ductility.

•

Inability to achieve thinner gauges reliably below 0.4 mm due to cracking
defects (also a result of the low ductility).

4.6.2 TUBULAR MEMBRANE FABRICATION
The tubular configuration offers a significant advantage over the planar configuration
in terms of a greatly reduced sealing area, and simpler construction. Vanadium-based
alloy membranes, when compared to palladium alloy membranes, offer a further
advantage in manufacturing. Pd-based membranes must be very thin to minimise
cost and maximise hydrogen permeance, and this necessities the use of a porous
support structure. The higher permeance of V-based alloys allows for thicker
membranes which can be self-supporting. This greatly reduces the complexity and
cost of the manufacturing process.
The main difference in fabricating tubular membrane, compared to planar membrane
fabrication, is the use of tensile deformation rather than compress deformation. As a
result, there are several implications on material shape dimension and materials
properties for the tensile deformation process:
The pre-form materials for the deformation process have to be cast or sintered in
sufficient size, eg, a cylinder shape of 25-50 mm diameter and 100-300 mm height.
This presents a significant challenge for V based alloys, which have high melting
temperatures (up to 2000°C), requiring very high melting power, and leads to a
tendency to react with refractory containment materials.
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The feed materials should have sufficient ductility. It is considered that the materials
with elongation below 10 % are not suitable for the deformation processes aiming to
produce small tubular membranes such as for this project.
If the materials have sufficient elongation and can be made readily in large
dimensions, the standard production route for manufacturing small size tubular
components can be used, which include rod casting, extrusion, and drawing. This is a
preferred fabrication route as it is low cost, scalable to mass production, and enables
good quality control.
If the materials can be made in large dimensions but do not have sufficient
elongation, the machining and joining method can be used, but it is high cost and not
able to produce wall thickness less than 0.5 mm.
If the materials can’t be made in large dimensions and have low ductility or there are
other reasons that the above deformation or machining approaches are not suitable,
new fabrication methods (eg, cold spray) may be explored.

4.6.3 PROCURED VANADIUM TUBING
Due to time and financial constraints, alloy tubing of the embrittlement-resistant alloy
composition was not produced or procured during the life of this project. Vanadium
(99.9%) tubing was procured from several vendors for use during this project. Four
small batches were procured, with cross-sections of each shown in Figure 20.

Figure 20. Cross-sections of 4 vanadium tube batches, ranging in thickness from 0.18 to 0.25 mm
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5

Surface preparation

5.1

Introduction

Palladium-based membranes are the clear benchmark alloy membrane technology,
having already entered commercial production as well as being the subject of
numerous long-term industrial trials. Pd combines high catalytic activity for hydrogen
dissociation and recombination with reasonable permeability, tolerance to CO and in
the case of some alloys, tolerance to H2S (eg., Pd-Cu [47-49]), Pd-Au [50-52]).
Palladium’s high price (currently USD 28,710 per kg, or USD 350 per m2 per µm
thickness) [53] is its main drawback, and commercial viability can only be achieved by
minimising Pd consumption though minimising membrane thickness and alloying with
less expensive metals (eg, Pd-Cu [54-55], Pd-Ni [56], Pd-Fe [57], Pd-Ag [58-59] and
Pd-Cu-Ni [60-61]).
A competing approach to minimising membrane thickness is to create membranes
from highly permeable but less-expensive metals; this is the approach taken with this
project. The seminal work of Steward [1], presented in graphical form by Buxbaum
and Marker [2], shows that Group IV and V metals such as V, Ti, Zr and Nb exhibit
hydrogen permeabilities several orders of magnitude greater than Pd. Of these
metals, vanadium offers the best combination of performance, cost and formability,
but like the others in this series, it is prone to hydrogen embrittlement [62] through
strong hydrogen absorption [17] and α→β hydride phase transition [63].
Considerable effort has been expended to identify more robust V-based alloys, and
significant advances have been made in improving resistance to hydrogen
embrittlement.
The high reported permeability really only takes into account hydrogen transfer
through the bulk alloy. Without the ability to exchange hydrogen with the feed and
permeate gas streams, however, even the most permeable metals will not function
effectively as a membrane. Vanadium forms a tightly held oxide which is a poor
catalyst for hydrogen dissociation and recombination. Furthermore, the oxide layer
itself acts as a barrier to hydrogen transport such that, even if H2 were dissociated, it
could not penetrate the oxide layer to enter the bulk vanadium metal. Because of
this, vanadium-based membranes can only function if this oxide layer is stripped off
and replaced with a suitably catalytic material. In most reported cases to date, this
applied layer has been palladium [2, 17, 64-65], or an alloy of palladium [66-67]
thereby imparting the favourable properties described above.
The layered configurations of these V-based membranes gives rise to the option of
depositing different catalysts on the feed and permeate surfaces. Whereas the feed
catalyst must exhibit tolerance to CO and H2S, there is no such requirement for the
permeate surface as it is exposed to H2 only during permeation, and possibly an inert
gas during start-up and shut-down. Tolerance to CO and H2S is therefore not
required, leaving high catalytic activity as the main consideration. This gives rise to
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the option of using Pd-free catalysts such as Ni [68-70] and Mo2C [71]. Ni in particular
combines high catalytic activity in the temperature range of interest with low cost and
ease of deposition through an electroless plating or electroplating process. Ni is
known to bind strongly with CO [72-73] and H2S [74-75], rendering it unsuitable for
use as a feed-side catalyst, but its high catalytic activity for H2 dissociation [70] and
low cost (~ USD 15 per kg, or just USD 0.17 per m2 per µm thickness) [76] make it a
leading candidate as a Pd-free permeate-side catalyst.
On the negative side, the permeability of Ni (~2 x 10-11 mol m-1 s-1 Pa-0.5 at 400°C)
[77] meaning a Ni will generate significantly greater transport resistance than Pd.
The depth of the Ni layer will therefore strongly influence the overall permeability of
an asymmetric membrane.
Based on the above review, it is clear that Ni is worthy of investigation as a permeateside catalyst for hydrogen recombination. To evaluate this further, we will evaluate
the permeability of asymmetric Pd/V/Ni alloy membranes under a range of
temperatures, pressures and Ni thicknesses. The observed hydrogen transport will be
correlated with physical observations of the pre- and post-permeation membranes.

5.2

Experimental

5.2.1 MEMBRANE PREPARATION
A drawn vanadium tube, 9.5 mm (3/8”) diameter with a wall thickness of 0.2 mm was
used as the core for all membranes. The outer (feed) and inner (permeate) surfaces
were prepared and electroplated separately. The inner surface was electroplated first,
after which the ends of tube were sealed and the outer surface was then
electroplated.
The inner surface of the tube was abraded using a SiC impregnated nylon brush with
deionised (DI) water as a lubricant. A nylon brush and detergent was then passed
through the tube to remove any remaining grinding debris and grease followed by a
rinse in DI water. The final preparation step was a cathodic etch in 10% HF in DI
water.
The outer surface was prepared by rotating the tube between centres and abrading
the surface with SiC paper and DI water lubricant. This was followed by cleaning with
detergent and cotton wool and DI water rinse. As with the inner surface, the final
step was a cathodic etch in 10% HF in DI water. Figure 21 shows the surface of the
vanadium tube as received with heavy oxide layer, and after mechanical abrasion and
cathodic etching in 10% HF.
Commercial electroplating solutions were chosen for both Pd and Ni deposition. The
Pd solution contained 2 g l-1 Pd and was pH neutral (~7.2). The acidic Ni solution
contained 5 g l-1 and had a pH of 3.9. 5 membranes were prepared for evaluation:
four asymmetric Pd/V/Ni membranes (#1 - 4) were prepared with a 500 nm layer of
Pd on the feed surface and varying thicknesses of Ni deposited on the permeate
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surface. One symmetric Pd/V/Pd membrane (#5) was prepared with a 500 nm layer
of Pd on both surfaces and used as a reference in H2 flux measurements. A flow cell,
shown in Figure 22, was developed for depositing catalyst on the inner surface of
membrane tubes.
Plated tubes were annealed under vacuum at 300°C for 12 hours. Examples of the
post-annealed tubes are shown in Figure 23. 20 mm was then cut from one end of
the tubes for pre-permeation analysis. The remaining 80 mm was used for
permeation testing.

Figure 21. Macrograph of vanadium tube surface as received (top) and after cleaning (bottom)
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Figure 22. Flow cell for electrodeposition of catalyst on the inner surface of membrane tube

Figure 23. Pd-coated vanadium membranes after annealing

5.2.2 MEMBRANE CHARACTERISATION
A cross section of each membrane in the post-annealed state was hot mounted in
conductive resin and polished to a 1 µm finish. The polished samples were examined
in a JOEL JSA 6360A Scanning electron microscope (SEM) using both Secondary (SE)
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and Backscattered (BSE) electron detectors to determine the catalytic layer
thicknesses and overall quality of coating.
The permeate surface of selected membranes were also analysed using a Kratos Axis
ULTRA X-ray Photoelectron Spectrometer (XPS) incorporating a 165 mm
hemispherical electron energy analyser. The incident radiation was Monochromatic Al
Kα X-rays (1486.6 eV) at 225 W (15 kV, 10 mA). Survey (wide) scans were taken at
an analyser pass energy of 160 eV and multiplex (narrow) high resolution scans at 20
eV. Survey scans were carried out over 1200-0 eV binding energy range with 1.0 eV
steps and a dwell time of 100 ms. The analysis area covered a rectangle 300 µm x
700 µm so the sample was orientated to minimise the effect of curvature of the
membrane surface. Base pressure in the analysis chamber was 1.0x10-9 torr and
1.0x10-8 torr during sample analysis.

5.3

Results

5.3.1 MICROSTRUCTURE
Figure 24 shows a representative SEM image of the Pd layer deposited on the feed
(outer) surface of a membrane. The plating conditions create a continuous layers of
Pd with an average thickness of 500 nm.

Figure 24. SEM image of the Pd layer deposited on the outer surface of a V tube

Figure 25 shows a sequence of SEM images at the same magnification comparing the
Ni ( #1 - #4) and Pd (#5) layers on the permeate (inner) surface of the tubular
membranes. When compared
to Figure 24, it is evident that the surface roughness of
Pd
the inner surface of the vanadium tube is higher than the outer surface. This is a
result of a coarser grade of SiC abrasive (P220 - 63 µm) used on the inner surface
compared to the outer surface (P500 – 34 µm). As expected, longer electroplating
times resulted in thicker deposits of Ni, as shown in Table 5. The Ni deposit from 1
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minute of electroplating was not clearly evident at the same comparative
magnification of x5000. This membrane was examined at a higher magnification and
Energy Dispersive Spectroscopy (EDS) was used to confirm the presence of Ni on the
surface, as shown in Figure 26. Whilst EDS analysis showed the presence Ni on the
surface, the layer however does not appear to be continuous. An electroplating time
of 7.5 minutes produced a layer of 400 nm.

Table 5. Summary of permeate surface layers and thicknesses. All membranes had a 500 nm layer of Pd deposited
on the feed surface

Membrane
#

Plating time

1

15

Ni – 2000

2

7.5

Ni – 700

3

2

Ni – 150

4

1

Ni – 70 (not continuous)

5

7.5

Pd – 400

(min)

Permeate surface catalytic
layer thickness (nm)

5.3.2 HYDROGEN PERMEATION
Figure 27 displays the results of hydrogen permeation testing conducted on all 5
membranes at 4 temperatures - 350°C, 375°C, 400°C and 425°C. The effect of
permeate surface layer material and thickness on membrane performance is clearly
evident with the two membranes with thickest Ni layers (#1 and #2) permeating at a
rate one order of magnitude lower than the other membranes. The hydrogen flux
results for membrane #4 (70 nm Ni layer) indicate a decrease in performance
compared to membrane #3 (150 nm Ni layer). This result indicates that even though
a thinner Ni catalytic layer reduces the transport resistance of hydrogen across the
layer, there is less effective surface area because, as observed in SEM analysis, the
permeate surface layer is not completely covered in Ni. At the higher test
temperatures, the performance of membrane #3 was approximately 65% of the
reference Pd-V-Pd membrane (#5).
Figure 28 shows the relative permeability of membranes #3 and #5 over several
hours at 450°C. The performance of both membranes degrades over time. It was
shown by Anastasiadis [78] that at temperatures above 400 °C in the presence of
hydrogen, the formation of Pd3V and Pd2V are favoured. As the thickness of this
interfacial layer increases, the flux through the membrane decreases [79]. The
degradation rate of both membranes are similar, indicating there is no stability
penalty for replacing Pd with Ni at the permeate surface.
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Figure 25. SEM image of the inner surfaces of each membrane
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Figure 26. SEM image and corresponding EDS spectrum of inner surface of membrane #4
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Figure 27. H2 flux with varying feed pressure at several temperatures. The permeate pressure in each case was 0.10
MPa.
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Figure 28. Relative permeability (normalised against the permeability at t = 0) for membranes 3 (Pd/V/Ni) and #5
(Pd/V/Pd) at 450 °C

5.3.3 XPS SURFACE ANALYSIS
The permeate surfaces of membranes #2, #3 and #4 were analysed before and after
hydrogen permeation testing with XPS to qualitatively determine any chemical
changes arising from permeation testing. Figure 29 displays an example of a survey
scan from membrane #4 after testing with the major peaks identified. A small
amount of carbon was detected which is most likely the result of surface
contamination after testing. Oxygen was also detected suggesting the presence of
some vanadium oxide in the analysis area.
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Figure 29. XPS survey scan from the permeate surface of membrane #4 after permeation testing
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Table 6 compares normalised chemical compositions of the permeate surface of
membranes #2, #3, and #4 before and after testing. With membrane #2, there was
no change in the permeate surface while there was a slight decrease in Ni content in
membrane #3 after testing. The results from membrane #4 once again highlight that
the permeate surface was not completely covered by Ni as the Ni content is shown to
be higher after testing indicating the area analysed after testing had a greater
coverage of Ni.

Table 6. Normalised chemical compositions of the permeate surface of selected membranes before and after
permeation testing

Membrane #

Before permeation testing

After permeation testing

Ni (at%)

V (at%)

Ni (at%)

V (at%)

2 (700 nm Ni)

99.1

0.9

99.0

1.0

3 (150 nm Ni)

94.4

5.6

89.1

10.9

4 (70 nm Ni)

70.3

29.7

84.1

15.9

5.4

Discussion

Despite being an effective dissociation catalyst, the performance of Pd/V/Ni
membranes was significantly lower than Pd/V/Pd membranes. This can be attributed
to the slower bulk transport of H across Ni, and this in turn necessitates that the Ni
layer be as thin as possible. This then gives rise to a compromise between Ni
thickness and the coverage provided by the Ni layer. A highly polished surface may
promote more complete coverage than that attained here, but the manufacturing
effort required would significantly add to the membrane cost.
The cost effectiveness of a Pd/V/Ni membrane compared to a Pd/V/Pd membrane is
dependent on two factors:
•

The costs of the metals which comprise the catalyst layers, i.e., the layer
thicknesses and the raw metals costs

•

All other manufacturing costs, i.e., vanadium alloy raw materials,
homogenisation, tube production, surface preparation and catalyst deposition

As the Ni and Pd catalyst layers are deposited with a similar process, the
manufacturing costs will be the same regardless of the catalyst layer type and
thickness. Therefore, the only cost variation originates in the type and thickness of
the catalyst layers. Based on the difference in catalyst costs between Pd/V/Pd and
Pd/V/Ni membranes, and the corresponding differences in permeability, we can
determine the manufacturing cost at which the Ni-coated membrane becomes costeffective.
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Using the 400°C data as a reference, the permeability of the best Pd/V/Ni membrane
(#3) is 65% that of the Pd reference membrane (#5) at a 0.8 MPa feed pressure.
Therefore, in order to be cost effective, the cost of the Pd/V/Ni membrane must be
less than 65% of the cost of the reference membrane (neglecting all other costs
associated with requiring a larger membrane area). As manufacturing costs decrease,
the proportion of the catalyst layer cost to the overall cost becomes more significant,
and the Ni-coated membranes will become more economically favourable.
Conversely, if manufacturing becomes more expensive, the catalyst layers will
constitute a smaller fraction of the overall costs, and replacing the Pd catalyst layer
with the Ni catalyst layer will have a smaller economic impact.
Figures 30 and 31 illustrate this by displaying the manufacturing costs which must be
achieved, or the Pd price which must be attained, for a given Pd catalyst layer
thickness in order for the Ni-coated membrane to achieve economic parity with a Pdcoated membrane. The calculations are based on Pd/V/Pd membranes with
equivalent feed-side and permeate-side thickness, against a Pd/V/Ni membrane with
varying feed-side Pd thickness and 200 nm Ni permeate-side thickness. Using our
reference membrane as an example, which has a Pd coating of 500 nm, the
manufacturing costs must be ≤ $US 147 m-2 in order for the Ni coating to be costeffective. This is not realistic as the vanadium metal costs alone are likely to exceed
this value. Naturally, as the Pd thickness is increased, the break-even manufacturing
costs increase also, up to $US 291 m-2 at 1000 nm and $US 588 m-2 at 2000 nm. Pd
coatings of greater than 500 nm are unnecessarily thick, however, and lead to
unnecessarily high membrane costs.

Figure 30. The effect of Pd layer thickness on the break-even manufacturing cost of a Pd/V/Ni membrane relative to
a Pd/V/Pd membrane
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Figure 31. The effect of Pd price on the break-even manufacturing costs of a Pd/V/Ni membrane relative to a
Pd/V/Pd membrane

5.5

Conclusions

Palladium is a significant cost component of layered vanadium membranes, despite
being deposited in layers considerably less than 1000 nm. Ni shows promise as a Pdreplacement, exhibiting high activity for H2 dissociation at a considerably lower price
than Pd. With the goal of reducing materials costs associated with layered vanadium
membranes, Ni has been trialled as a Pd-replacement on the permeate-surface of
tubular vanadium membranes. A series of membranes was fabricated with Pd feedside catalysts and Ni permeate-side catalysts. Hydrogen permeation was measured
over a wide temperature and pressure range, and showed permeance to be highly
dependent on Ni thickness. The best permeance achieved, with a Ni thickness of 150
nm, was just 65% that of a Pd/V/Pd membrane with a 500 nm catalyst layer at each
surface. A further reduction in Ni thickness yielded inferior permeance due to
incomplete surface coverage. A significant increase in Pd price, or reduction in
manufacturing costs, would be required for an asymmetric Pd/V/Ni membrane to offer
an economic advantage over a Pd/V/Pd membrane.
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Membrane Reactor
Development

62 | Alloy membrane reactor for pre-combustion CO2 capture

6

CFD model of membrane reactor

6.1

Introduction

Integrated Gasification Combined Cycle (IGCC) with pre-combustion CO2 capture
offers a means of reducing the CO2 emissions associated with coal-based power
systems. The commercialisation barrier for IGCC, however, is its high capital cost.
One means of reducing the capital cost is by process intensification, whereby the
water gas-shift (WGS) process and CO2 separation process are combined. In a
conventional system, CO from the syngas is converted into CO2 via two separate WGS
reactors: most of the CO in the syngas is shifted within a high temperature WGS
reactor and the small amount of CO left is shifted in a low temperature WGS reactor
where operating conditions favour higher equilibrium CO conversion. Both WGS
reaction processes and the CO2/H2 separation process can be combined in a single
catalytic membrane reactor (CMR) using a high-temperature WGS catalyst to achieve
CO conversion levels higher than that of the two-step WGS reactor configuration. A
previous study demonstrated that WGS conversions of >99% can be achieved at 400
°C compared to the equilibrium value of ~94% for coal-derived syngas with a 3:1
H2O:C ratio [80]. This is explained by the continuous removal of one of the reaction
products through the selective membrane which drives the equilibrium of the WGS
reaction to the right

CO (g) + H2O (g) ↔ CO2 (g) + H2 (g)

∆H298K = −41.1kJ mol–1

Successful integration of the WGS reaction and the gas separation process into a
single unit requires an understanding of heat and mass transfer processes, catalytic
WGS reaction rates and H2 permeation across the membrane under different
operating conditions to maximise the advantages of the CMR concept. Mathematical
modelling is an effective tool for the design, evaluation and optimisation of any
reactors and reaction processes. In the past two decades, a significant number of
numerical models have been used to investigate the performance of CMRs [81-108].
Among them, most studies focused on the catalytic water-gas-shift reaction inside the
CMRs. Some studies modelled for the partial oxidation and catalytic steam-reforming
of methane [99-100, 102-105, 109]. Some developed their models to study the
performance of the catalytic membrane reactor for the dehydrogenation of
ethylbenzene to styrene [106-108]. Previous models included those with very
simplified assumptions that use one dimensional, isothermal and isobaric conditions at
steady state excluding the kinetics of the WGS reaction rate [81], an extension to
include the pressure drop along the reactor [82-83], and kinetics of the WGS reaction
[84]. Other CMR models were relatively more complex taking into account the effects
of heat and mass transfer, heat loss, and WGS kinetics but still in one-dimensional in
space without considering the radial gradients [85-88]. One-dimensional models can
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provide fast simulation and quick results with reasonable accuracy compared to two
dimensional models [89-90]. Two-dimensional, 2D-axisymmetric or even 3D models,
however, are more suitable for H2 permeation through the membrane in CMRs as this
process is truly two-dimensional. Therefore, recent CMR models and membrane
module models include the effects of mixing and heat/mass transfer in the radial
direction [91-96, 110]. Most of the CMR models were developed to study the reactor
performance at steady state conditions, whereas only a few of the CMR models were
designed to investigate the dynamic behaviour of the CMR [97-98, 105].
Over the last decade, CFD modelling with higher space dimensions (i.e, 2Daxisymmetric, 3D) coupled with a detailed understanding of the mechanism and
kinetics of the catalytic WGS shift reaction together with mechanisms of H2
permeation across the membrane has been one of the key tools in understanding of
insights into the flow field and temperature profiles within the CMRs that will lead to
improving and optimising of its performance. Basile et al. [91] developed a 2D CMR
model to investigate the effect of co-current and counter-current flow configurations
of CMR. Markatos et al. [92] used PHOENICS CFD software to investigate the role of
mass and heat dispersion effects on the performance of a large-scale CMR module.
Chiappetta et al. [93] investigated the sensitivity of their 2D CMR model in order to
define the role of some variables on the performance of a membrane rector for
maximising the system efficiency. Chen et al. [94] used commercial CFD software,
FLUENT, to develop their WGS reactor model to investigate the performance of both
high-temperature and low-temperature WGS reactions. It has to be noted that the H2
separation process was not included in their model. Byron Smith and Muruganandam
[95] also used FLUENT to develop and simulate their 3D CMR model to examine the
effects of sweep gas, operating pressures and steam to carbon ratios. Chein et al.
[96] examined the effects of several operating parameters of CMR using their 2D
model which was developed and simulated using COMOL multi physics software. All of
these studies were focused on theoretical modelling and no experimental data were
used to check the validity of their models except for the work by Chen et al. [94]
which used limited experimental data for comparison to the performance of their
model which did not include the H2 separation. Coroneo et al. [110] used limited
experimental data to compare with their 3-D model of a Pd-Ag membrane module in
which the water gas shift reaction process was not integrated.
Some of the CMR models in the literature focused on CO conversion and H2 yield only,
and remarkably, did not pay much attention to the temperature profile along the
reactor [91, 94-95, 98, 110]. Some simplified 1-D CMR models even assumed the
whole process as isothermal, neglecting heat released from the exothermic WGS
reaction [81-84]. The temperature profile along the CMR is one of the critical factors
when selecting steady-state operating conditions. Alloy membranes can embrittle
when temperatures are too low, or suffer degradation from interactions between
active and support layers when the temperature is too high. Another factor which
limits the upper range of operating temperatures for CMR is the recommended
maximum operating temperature of HT WGS catalysts (470~480°C) [111].
In this study, a 2D-axisymmetric CMR model was developed to achieve better
understanding and optimisation of the CMR performance at elevated pressures. One of
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the main objectives of this reactor-optimization task is to run the CMR within a
targeted range of operating temperatures to achieve the highest possible CO
conversion. The CMR model was developed in three steps: i) a reactor model without
integrating both WGS reaction and H2 separation; ii) WGS reactor model without H2
separation and; iii) the fully developed model that incorporates the WGS and H2
separation. For each step the validity of model was checked using experimental data.

6.2

Reactor Configuration

A schematic diagram of the catalytic membrane reactor used in this study is
presented in Figure 32(a). The system consists of a tubular membrane inside a
tubular shell with diameter D and a length L. Commercial WGS high temperature
catalyst, reduced in size to +500 –850 µm, was mixed with an inert material of the
same size and packed in the annular space between the inner wall of the shell and the
outer wall of the membrane. The reactor geometry was constructed for a 2Daxisymmetric model using ANSYS Designmodeler and meshes of the reactor were
generated using ANSYS Mesher. As shown in Figure 32(b) finer meshes were created
in the near-wall region to achieve accurate local wall shear predictions: the refined
mesh size near to the membrane used in the CMR model was as small as 0.08 mm.
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Figure 32. (a) Schematic diagram of catalytic membrane reactor used in this study (b) Geometry and mesh of CMR
used for 2D-axisymmetric model

6.3

Model formulation

The standard transport equations governing 2D-axisymmetric
2D axisymmetric dimensions
dimension were
derived from the laws of conservation of mass, momentum and energy. Details of
those equations can be found in any heat and mass transfer texts
text (i.e.,
(
Bird et al.
[112]) and they are also outlined
tlined in the ANSYS FLUENT manual [113].
[113] Gas flow and
mixing were modelled by the two equation standard k-epsilon
k epsilon model for closure.
The thermophysical and transport properties of gas species and gas mixtures are
defined using sub-models
models readily available in FLUENT.. The physical and chemical
properties of solids (i.e.,, WGS catalyst, insulation material) were defined using the
figures provided by manufacturers. The physical-chemical
physical chemical properties as well as the
heat and mass transfer
nsfer parameters used in this study are listed in Table 7.
7
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6.3.1 CATALYTIC WGS REACTION SUB-MODEL
An accurate estimation of the catalytic WGS reaction rate is critical in any WGS-CMR
model as it controls the profile of the reactor temperatures and conversion level of
CO. In this study, a power-law reaction rate model proposed by Hla et al. [111] was
used to calculate the rate of the WGS reaction over the high temperature catalyst.
This reaction model has been applied by others, for example, in a 2D CMR model [96],
a transient model of a palladium alloy membrane based catalytic membrane reactor
[98], in a 2D dynamic model for packed-bed WGS reactors [114] and modeling of an
integrated processor for steam reforming of n-heptane [115].

1 PCO2 PH 2 
 − 88,000  0.9 0.31 − 0.156 − 0.05 
R = 100.659 exp
 PCO PH 2 O PCO2 PH 2 1 −

 R′T 
 K PCO PH 2 O 
where R = WGS reaction rate in mol gcat–1 s–1, R´ = 8.3144 J mol–1 K–1 and K is an
equilibrium constant which was calculated using the equation proposed by Twigg
[116].

K = exp[Z {Z (0.63508 − 0.29353Z ) + 4.1778} + 0.31688]
 1000 
Z =
 − 1 , Temperature in Kelvin.
 T 

6.3.2 2.4 H2 PERMEATION SUB-MODEL
An experimental study was conducted to ensure the accuracy of the permeability
values of the Pd/Ag23 wt% membrane. A study was conducted using a 0.1 mm thick x
9.95 mm OD x 250 mm long Pd/Ag23 wt% membrane over the temperature range of
300-500 °C, hydrogen partial pressures of 1-8 barg in the retentate side and
atmospheric conditions on the permeate side of the membrane. The hydrogen flow,
measured using an Aalborg mass flow meter that was calibrated using a Brooks 5850S
hydrogen mass flow meter and a dry-cal volumetric flow meter, was observed
between 18 and 1070 mL.min−1.
The hydrogen permeation flux through the Pd/Ag23 wt% membrane can be expressed
as:

=

,

−

,

where,
JH2 = the hydrogen diffusion flux through the metal membrane (mol m−2 s−1)
δ = thickness of membrane (m)
PH2 = Hydrogen partial pressure (Pa)
Pe = the hydrogen permeability (mol.m m−2 s−1 Pa−0.5)
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The temperature dependence of hydrogen permeability (Pe) is defined by:

=

×

The apparent activation energy (E) and pre-exponential factor (Pe°) of the
temperature dependent permeability relationship are essential information to estimate
the hydrogen permeation rate across the membrane in the CMR model. n is the power
dependency of the hydrogen concentration on its partial pressure. n can have a value
of between 0.5 and 1 and can be calculated from the correlation between hydrogen
pressure and permeation flux [117-118]. If the mass transport of hydrogen is
assumed to be controlled by the diffusion of atomic hydrogen, the process can be
described by the Sieverts-Fick law and the ‘n’ factor is taken as 0.5. Figure 33 shows
the correlation between hydrogen permeation rate and the difference in hydrogen
pressures between the retentate and permeate sides of membrane assuming an n
value of 0.5. The data shows linear relationships for all temperatures tested
confirming the assumption that n is equal to 0.5 and that the diffusion of atomic
hydrogen through Pd-Ag membrane is rate limiting and the Sieverts-Fick law is
followed. From the experimental data, the pre-exponential factor (Pe°) and the
apparent activation energy (E) were determined and the results shown below were
used in CMR model.

Pe° = 7.73E−07 mol.m m−2 s−1 Pa−0.5
E = 22,028 J/mol
for n = 0.50

Next, sub-models for determining the water-gas shift reaction rate and the H2
permeation rate across the Pd-Ag membrane were separately developed in C++
Programming language and exported to FLUENT as user-defined functions. All of the
governing equations considered in the pressure-based axisymmetric CMR model were
then solved simultaneously using ANSYS FLUENT version 14.0.
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Table 7. Heat transfer sub-models, thermophysical data and transport properties for the solid and gas phases

Quantity

Sub-models, Sources

Specific heat (Cp) of individual
gas specie (CO, CO2, H2O, H2, N2)

Temperature dependent (Piecewisepolynomial) properties available in
ANSYS FLUENT 14.0

Thermal conductivity (K) of
individual gas specie

Temperature dependent (polynomial)
properties available in ANSYS FLUENT
14.0

Viscosity of individual gas specie

Kinetic Theory available in ANSYS
FLUENT 14.0

Density of gas mixture

Real-gas-peng-robinson available in
ANSYS FLUENT 14.0

Specific heat of gas mixture

Simple mixing law available in ANSYS
FLUENT 14.0

Thermal conductivity of gas
mixture

Ideal gas mixing law available in
ANSYS FLUENT 14.0

Mass diffusivity of gas mixture

Kinetic Theory available in ANSYS
FLUENT 14.0

Properties of stainless steel shell

Density = 8030 kg/m³
Cp (J/kg/K) = −1.73E−4 T2+0.406 T
+ 365
K (W/m/K) = 1.53E−2 T + 9.02

Properties of HT WGS catalyst

Density = 2100 kg/m³
Cp = 942 J/kg/K
K = 0.21 (W/m/K)

Properties of insulation material

Density = 100 kg/m³
Cp = 840 J/kg/K
K (W/m/K) = 2.36605E−07 T2
−7.17918E−06x + 1.48192E−02
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Figure 33. H2 permeation fluxes through Pd-Ag membrane against hydrogen partial pressure differences between
the retentate and permeate sides at different temperatures

6.4

Experimental CMR system

6.4.1 REACTOR CONFIGURATION
A schematic diagram of the experimental rig used in this study is shown in Figure 34.
The system is able to provide temperatures of 1100°C and pressures up to 15 bar(a).
The feed section consists of four individual gas lines and a steam line. CO, H2, CO2 and
N2 can be provided to the reactor through mass flow controllers at capacities up to
~10 lN/min and a high performance liquid chromatography pump is used to generate a
steady flow of de-ionised water for steam production. The gas stream and water
injected at the top of a three zone electrical furnace is heated within a 6m spiral of ¼″
alloy 600 which increase the residence time and permits the required heat transfer for
effective heating of dry gas flows of 12 lN/min together with steam (usually set for
H2O:C ratio of 3) at 350°C. The syngas stream of desired composition and
temperature is then delivered to the entrance of the CMR. The tubing from the furnace
and the CMR itself has been insulated with 88 mm-thick low thermal conductivity
Rockwool Fibertex insulation.
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Figure 34. Schematic diagram of the experimental rig for CMR testing

6.4.2 MEASUREMENT
The syngas transports heat through the CMR and the furnace set-points are optimised
to deliver a specified gas temperature at TC01, which is the first thermocouple just
prior to the start of the 3/8″ membrane. The temperatures profiles in the CMR are
monitored along the length of the CMR using 14 K-type thermocouples installed every
60 mm along the reactor shell wall (in recesses so they do not interfere significantly
with the loading of the catalyst or the gas flow). Steam from the outlet gas stream is
then removed using a counter current high capacity heat exchanger and the
concentrations of product gases (CO, CO2, H2 and N2) are determined by gas
chromatography with a Varian CP-4900.

6.4.3 TEST PROGRAMS
The first phase of the experimental program focussed only on heat transfer, without
including the WGS and separation processes. The reactor was packed with inert glass
beads only, and a non-permeable 3/8″ OD, closed-end stainless steel tube was used
in place of the membrane. For the second phase of the program, the reactor was
packed with a mixture of WGS catalyst and inert glass beads. The CO conversion level
was tested by varying the length and amount of catalyst loading and total syngas
flow. The third phase of the program incorporated both the WGS and separation
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processes through incorporation of the 150 cm2 Pd-Ag membrane. Syngas was fed at
4L/min with a typical syngas composition with a 3:1 steam to carbon (H2O:C) ratio. A
constant catalyst weight loading was then placed into the annulus along the length of
the 540 mm long, 3/8″ OD membrane.

6.5

Results and Discussion

6.5.1 REACTOR PERFORMANCE WITHOUT WGS AND SEPARATION
The 2D-axisymmetric model was first simulated with a feed of N2 and H2O only, i.e.,
excluding the WGS reaction. The purpose of this exercise was to check the validity of
heat transfer sub-models used in this study as well as the properties influencing
temperature profiles along the reactor, such as the temperature dependent thermal
conductivity of the insulation material. The temperature profile is one of the key
factors in CMR operation as it defines the WGS reaction rate and H2 permeation rate.
The same operating conditions were tested using the experimental reactor with shell
diameters of 1ʺ and ¾ʺ.
Experimental conditions for the first set of tests are listed in Table 8 for both reactors.
Figures 35 and 36 also show the temperature profiles along the 1ʺ-shell reactor and
¾ʺ-shell reactor compared to profiles predicted using the 2D-axisymmetric model. As
expected, significant temperature drops were recorded for smaller flow rates, as the
total amount of heat carried by the inlet gases are directly proportional to total mass
flow rates. Heat losses along the 780mm reactor were calculated and presented in
Table 8. As expected, greater amounts of heat loss were identified along the CMR for
higher inlet flows for both reactors.
Figures 35 and 36 show that predictions derived from the 2D-axisymmetric model
agree very well with experimental data for the wide range of flow rates tested with
both reactors. This indicates that the heat and flow sub-models as well as the thermophysical properties used in this modelling were valid and could be used in the next
step of CMR model development which focuses on simulations that integrate the
catalytic WGS reaction.
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Table 8. Experimental conditions and results using 1″ & ¾″-shell reactor (loaded with inert material)

N2 flow
(L/min)

H2O flow

Tavg (°C)

Tavg (°C)

∆T

Heat loss

at TC01

at TC14*

(°C)

(W)

1ʺShell Reactor
4

6.46

349.3

238.1

111.3

34.1

6

9.69

349.2

267.1

82.1

37.9

8

12.92

349.6

283.1

66.5

41.0

10

16.16

350.8

293.5

57.3

44.2

12

19.39

350.8

302.0

48.8

45.3

¾″ Shell Reactor
3.6

5.82

349.5

224.5

124.9

34.4

4

6.46

349.9

233.2

116.7

35.7

6

9.69

349.9

264.0

85.8

39.6

8

12.92

359.1

283.3

65.7

40.5

10

16.16

351.0

298.3

52.7

40.7
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Figure 35. Experimental data of temperature profiles (inside 1″-shell reactor) compared to predictions using the 2Daxisymmetric model.
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Figure 36. Experimental data of temperature profiles (inside 3/4″-shell reactor) compared to predictions using the
2D-axisymmetric model
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6.5.2 REACTOR PERFORMANCE WITH WGS EXCLUDING SEPARATION
To investigate the CO conversion and temperature profile under catalytic WGS
reaction mode, a closed 780 mm stainless steel 3/8ʺ diameter tube that does not
permeate hydrogen was used as a ‘blank’ in the middle of the tubular CMR. The
annular space around the blank membrane was then filled with the catalyst–inert
mixture, over three different lengths. Then the reactor was tested under different flow
rates of simulated syngas with the other operating parameters (i.e., reactor pressure,
inlet temperature, syngas composition and H2O:C ratio) held constant.
The 2D-axisymmetric model was used to simulate the catalytic WGS reaction where
the inlet gas mixture contains a simulated syngas and steam but the H2 separation
process is not included in this step. Input parameters of the WGS simulation runs
were the same as the experimental conditions listed in Table 9. The performance of
the 2D model with WGS reaction was then compared with experimental data. Figures
37 and 38 show the profiles of CO conversion and temperature along the reactor
respectively, compared with profiles predicted using 2D-axisymmetric model.
In this study, the level of CO conversion is defined as:

!"# $%&!"(%) =

*+,-./(01) +,-./(234) 5
+,-./(01)

× 100

Table 9. Loading parameters for the CMR conversion studies without membrane

Length
of
loading
(mm)
200

Catalyst
(g) &
wt%

3.22, 9.5

Inert
(g)

30.67

Pressure, Inlet

Syngas
flow (L

Gas composition

min–1)

CO (64.5%)
7.25, 9.5

69.07

4, 6, 8, 10

780

12.18, 9.5

116.03

4, 6, 10

Steam:carbon
ratio

4, 6, 8, 10

450

temperature,

H2 (33.0%)
CO2 (2.5%)

Pressure = 15
bar(a)
Temperature =
350°C
Steam: carbon =
3.0
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Figure 37 shows that CO conversion increases with increasing length of catalyst bed
for each of the four flows examined, and the level of CO conversion was less than 10
percent. As expected the level of CO conversion was observed to decrease with
increasing syngas flow. As the amount of catalyst present for all flows was constant
for each reactor loading length tested, the specific catalyst loading (which is defined
as amount of catalyst per amount of inlet CO mol) decreased when the amount of
inlet CO was increased. As a result, a lower level of CO conversion was observed for
higher syngas flows under a constant catalyst loading. Figure 38 shows the increase in
temperature profile along the CMR attributed to the WGS reaction and catalyst loading
due to heat released from the WGS reaction (which is slightly exothermic). The
temperatures inside the reactor, however, did not exceed the inlet temperature by
design, in order to explore the accuracy of the model, as the CO conversion levels
were low for these series of tests and amount of heat loss was greater than heat
produced via WGS reaction.
From Figures 37 and 38, it can be seen that the predictions using 2D-axisymmetric
model agree very well with experimental data for the range of flow rates tested under
different lengths of catalyst loading. It has to be noted that the kinetic parameters
and mechanism used in this study to estimate the WGS reaction rate were originally
derived from low pressure operating conditions [111]. The experimental runs in this
study were performed at the conditions of interest (approximately 15 bar(g) of total
pressure). The agreement observed between the model prediction and the
experimental results at this elevated pressure reveals that a pressure scale-up
correlation is not required to apply the power law rate model (derived at low pressure)
to the high-pressure operating conditions. This finding agrees with an outcome of a
previous study which investigated the effect of total pressure on performance of the
catalytic WGS reaction using simulated syngases [119]. This demonstrates that the
WGS reaction sub-models used in this model are valid and that they can be used to
determine the optimum range of catalyst loading for the next step of the modelling
process where the CMR model incorporates the H2 separation process.
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Figure 37. Comparison between experimental results & model prediction for level of CO conversion under different
lengths of catalyst loading and different syngas flows
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Figure 38. Comparison between experimental results and model prediction for reactor temperatures under
different lengths of catalyst loading and different syngas flow rates
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6.5.3 SIMULATIONS FOR OPTIMUM CATALYST LOADING
One of the main objectives of the numerical model is to achieve the highest possible
CO conversion within a targeted range of operating temperatures. If the operating
temperature is higher than 450°C, it will significantly affect membrane stability and it
can also reduce the performance of the HT WGS catalyst [111]. On the other hand,
operating the reactor below 300°C might lead to damage of the membrane caused by
hydrogen embrittlement [120]. In this study, therefore, the operating range of CMR
temperatures is defined as 350°C–450°C with further allowance of ±25°C. Based on
this limitation, the CMR inlet syngas temperature was selected to be 350°C, as this
allows up to 100°C temperature increases inside the reactor.
The optimum catalyst loading for CMR was investigated by simulating the 2Daxisymmetric model with different catalyst loadings as listed in Table 10. The amount
of catalyst loading used for each simulation was normalised by the molar flow rate of
inlet CO used in the simulation (listed in the last column of the table).

Table 10. Different catalyst loadings for the CMR optimisation test

Specific catalyst

Inert

Catalyst

(wt %)

(wt %)

wt (g)

Run 1

9.5

90.5

12.57

3.27

Run 2

15.7

84.3

20.30

5.29

Run 3

24.4

75.6

30.45

7.94

Run 4

33.5

66.5

40.40

10.53

Run 5

37.4

62.6

44.46

11.59

Run 6

43.5

56.5

50.65

13.20

Run 7

54.5

45.5

60.60

15.79

Simulation no.

Catalyst

loading
[kg/(COmol/s)]

The simulation results for CO conversion and temperature profile along the reactor for
different catalyst loadings are shown in Figures 39 and 40 respectively. Figure 39
shows that level of CO conversion approaches equilibrium when the specific catalyst
loading was 11.6 [kg/(COmol/s)] at Run 5. Additional loading of catalyst does not
increase the level of CO conversion at the end of the reactor (as the equilibrium CO
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conversion level is already achieved), but it does increase the peak temperatures
inside the reactor as shown in Figure 40.
At the lower CO conversion levels (~ 20 %), the temperature inside the reactor did
not exceed the inlet temperature as the amount of heat loss is greater than heat
produced via the WGS reaction. At CO conversion levels of approximately 40 % (Run
3), a slightly higher temperature than the inlet temperature was found along the
reactor. Further loading of catalyst increases the reactor temperatures as the WGS
reaction rate increases exponentially with the increase of temperature and it
effectively contributes to a rapid increase in CO conversion until the attainment of
equilibrium. Beyond that point, as discussed above, a higher catalyst loading is
undesirable as it only produces excessive temperatures inside the reactor and no
further increase in CO conversion. Here, it has to be noted that these simulations for
defining an optimum range of catalyst loading were done only for a single inlet
temperature of syngas with a reactor having a 1ʺ shell diameter. The effect of inlet
temperature and reactor size can significantly change the range of optimum catalyst
required for the CMR.

6.5.4 REACTOR PERFORMANCE IN FULL CMR MODE
In this configuration, the experimental catalytic membrane reactor was tested
incorporating the hydrogen separation process to demonstrate the capability and
concept of the CMR tubular configuration using a Pd-Ag membrane. This experimental
study was conducted with a 4 lN/min syngas flow with the composition mentioned in
Table 11 with a 3:1 steam to carbon ratio. A constant catalyst weight (23.96 g of
catalyst mixed with 180 g of inert) was then placed into the annular space along the
length of the 540 mm-long 3/8ʺ diameter membrane and ¾ʺ diameter shell.
To test the validity of the model and demonstrate the capability and benefits of the
CMR, three inlet temperatures were considered, specifically 413°C, 376°C and 357°C.
This range allowed us to consider a wide range of temperature dependent CO
conversion and membrane hydrogen permeation rates and hence the models validity.
These tests were conducted with the hydrogen permeation to atmospheric pressure, a
vacuum pressure and the path of hydrogen permeation closed (via a valve in the line)
to simulate a WGS reaction with non-permeable mode.
The variance in temperature profile along the length of the membrane module, the
composition of the converted gas stream, and the rate of the hydrogen flux through
the membrane was continuously monitored for each of the temperature set-points and
membrane flow conditions. The purity of the permeate was also observed periodically
during the 24 hour test.
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Figure 39. CO conversion profile for different loadings of WGS catalysts
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Figure 40. Temperature profiles for different loadings of WGS catalysts
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In this study, H2 yield (%) is defined as:

89 :& ;<(%) = E
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× 100

The experimental conditions and results of these CMR tests are listed in Table 11.
Under all three different temperatures tested, integrating the H2 separation process
with WGS reaction promotes CO conversion. At the higher operating temperature, the
CO conversion rate increases and it consequently increases hydrogen yield across the
membrane. With an inlet temperature of 413°C, the CO conversion exceeded the
equilibrium limit when the separation process was integrated. A further increase in
hydrogen yield and CO conversion was observed when a vacuum was applied to the
permeate side of the membrane. During the lower inlet temperature tests, both the
hydrogen yield and CO conversion were found to be significantly lower, in line with
expectations. These experimental results were used to validate the performance of the
CMR model.

Table 11. Experimental results of the CMR test using a tubular Pd-Ag membrane

Operating
mode
Run 1a
Run 1b
Run 1c
Run 2a
Run 2b
Run 2c
Run 3a
Run 3b
Run 3c

w/o separation
CMR w/o
vacuum
CMR with
vacuum
w/o separation
CMR w/o
vacuum
CMR with
vacuum
w/o separation
CMR w/o
vacuum
CMR with
vacuum

Average
H2 flow at
Inlet
H2 yield at
CO
Permeated
Permeated
temperature
conversion
side
side (%)
(°C)
(%)
(L/min)
413

92.2

0

0.0

413

95.2

1.25

34.8

413

95.7

1.55

43.0

376

87.4

0

0.0

376

92.8

0.95

26.9

376

92.4

1.22

34.6

357

25.5

0

0.0

357

26.2

0.34

17.5

357

27.2

0.54

27.4
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As discussed previously, the hydrogen permeation equations and parameters (which
were derived from the permeation experiment described previously) were used to
model the H2 separation process in the CMR model. The 2D-axisymmetric model was
simulated for the same operating conditions used in the experimental tests listed in
Table 11. Simulation results which provide insight into the internal CMR processes
(such as contours of temperatures, WGS reaction rates and hydrogen molar fraction)
are presented in Figures 41-44. Figure 41 shows an increase in reactor temperature
due to the heat released by the mildly exothermic WGS reaction as expected and
Figure 42 indicates a peak in the water gas shift reaction rate occurs 150-250 mm
from the entrance of the CMR.
Figures 43 and 44 show the contours of molar fraction of H2 for Run 2b and Run 2a
which represents the CMR operating with and without H2 separation, respectively.
These two figures clearly show the differences in hydrogen molar fraction along the
retentate and permeate sides of the CMR when the CMR operates with or without a
membrane.
Key model results taking the mass-weighted average values across the retentate and
permeate side of the reactor are shown in Figures 45–48 and compared with
experimental results. The effect of reactor inlet temperature on the reactor
temperature profile, CO conversion profile and hydrogen yield are presented Figures
45 –47 respectively. Figure 45 shows that the reactor temperature was lower than the
inlet temperature when the inlet temperature was 357°C. However, when the inlet
temperature was increased to 376°C, a significant increase in temperature profile was
observed along the reactor, due to the exponential nature of the WGS reaction which
promotes WGS reaction rate rapidly when heat produced via the WGS reaction is
greater than the amount of heat loss. A further increase in the inlet temperature
increases the peak temperatures inside the reactor, but the increase in CO conversion
at the exit of the CMR is small as the level of CO conversion is already close to
equilibrium as shown in Figure 46. At the higher and more representative operating
temperature, the CO conversion rate increased and it consequently increased the
hydrogen pressure on the retentate side. As described, the elevated operating
temperature and higher hydrogen partial pressure on the retentate side of the
membrane increase the permeation rate. As a result, an increase in hydrogen yield
was observed at higher inlet temperatures as shown in Figure 47.
The effect of hydrogen separation on CO conversion and hydrogen yield are presented
in Figure 48. When the reactor was operating without a membrane, the CO conversion
profile was solely controlled by the WGS reaction rate and its maximum possible level
was limited by thermodynamic equilibrium. When the CMR was operated with a
membrane, the continuous removal of hydrogen from the retentate side of the reactor
promotes the forward reaction, and a CO conversion level higher than the equilibrium
value (without integrating separation process) can be achieved, as shown in Figure
48. This shows that further increases in hydrogen yield and CO conversion level can
be achieved by reducing the hydrogen partial pressure on the permeate side of the
membrane.
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Figure 41. Temperature contours of Run 2b (Inlet temperature (Tin) = 376°C)

Figure 42. Contours of water-gas shift reaction rate of Run 2b (Inlet temperature (Tin) = 376°C)

Figure 43. Contours of H2 molar fraction of Run 2b (Inlet temperature (Tin) = 376°C, with membrane)
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Figure 44. Contours of H2 molar fraction of Run 2a (Inlet temperature (Tin) = 376°C, without membrane)
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Figure 45. Effect of inlet temperature (Tin) on reactor temperature profiles comparing experimental results with
model predictions
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Figure 46. Effect of inlet temperature (Tin) on CO conversion comparing experimental results with model predictions
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Figure 47. Effect of inlet temperature (Tin) on H2 yield comparing experimental results with model predictions
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Figure 48. Effect of H2 separation on CO conversion comparing experimental results with model predictions at Tin =
413°C

6.5.5 PARAMETRIC ANALYSIS OF REACTOR PERFORMANCE
The main purpose of the numerical model is to maximise the reactor performance by
finding the optimum range of operating parameters. It is therefore important to
investigate the effect of variation in these parameters upon model performance. A
parametric sensitivity analysis was therefore carried out to explore the effects of
variations in operating and model parameters on the level of CO conversion and H2
yield.
To check the sensitivity of the model, the following operating parameters were
investigated, namely i) amount of catalyst loading, ii) inlet temperature of syngas and
steam mixture, iii) pressure of permeation side and iv) H2O:C ratio – all as a function
of hydrogen permeation rate (through the use of a ‘permeation multiplication factor’).
The parametric studies were conducted by changing the value of one specific
parameter while all the other model parameters were kept constant at the base level
given in Table 12. In this study, a relatively thick state-of-the-art membrane has been
used to validate the CMR model. As it was a 0.1 mm-thick membrane, its resultant
permeation can be lower than more advanced thin membranes. To check the effect of
the greater H2 permeation rates on performance of CMR, the pre-exponential factor
(Pe°) was increased in this parametric analysis up to ten times higher than its baseline
value.

86 | Alloy membrane reactor for pre-combustion CO2 capture

Table 12. Baseline operating parameter values used for sensitivity analysis

Inlet temperature of syngas

375°C

Amount of Catalyst loading

12 kg. s/COmol

Pressure of permeation side

1 atm

Steam to carbon (S:C) ratio

3

Pre-exponential factor (Pe°)

7.73E−07 mol.m m−2 s−1 Pa−0.5

EFFECT OF CATALYST LOADING
The effect of catalyst loading on CO conversion, with a range of hydrogen permeation
rates, is shown in Figure 49(a). As expected the higher catalyst loading increased the
CO conversion levels for all H2 permeation rates. Beyond a certain level of catalyst
loading, however, no significant increase in CO conversion was achieved. For example,
a signification increase in CO conversion was predicted under all H2 separation
conditions when the catalyst loading was increased from 10 kg.s/COmol to 12
kg.s/COmol. Any further addition of WGS catalyst beyond 16 kg.s/COmol did not yield
further significant improvement in CO conversion level. One of the reasons for this is
that beyond a certain level of catalyst loading, the level of CO conversion approaches
the equilibrium CO conversion level which limits further increase when the H2
separation process is excluded. When the permeation multiplication factor is equal to
zero on the X axis in Figure 49-52, it is equivalent to the operating condition of no H2
separation process. It can be seen from Figure 49(a) that H2 separation promotes CO
conversion beyond the equilibrium limit. For the inlet temperature of the base case,
CO conversion in excess of 98% can be attained when the permeation multiplication
factor is greater than 6 (i.e., Pe0 ≥ 4.46E–06 mol.m-1 m-² s-1 Pa-0.5). As expected, H2
yield depends upon the extent of hydrogen separation. In general, the higher rate of
H2 permeation via the membrane increases the H2 yield of the CMR. The increase of H2
yield was found to be more significant when the permeation multiplication factor was
increased from 1 to 6 and further increases in the permeation multiplication factor do
not have much impact on hydrogen yield especially for those cases with higher
catalyst loading.

EFFECT OF INLET TEMPERATURE
The inlet temperature is one of the critical operating parameters which determines the
CO conversion and H2 yield of the CMR. As the effect of inlet temperature upon the
CMR temperature profile has already been discussed, it will not be repeated here.
Figures 50(a) and (b) show the effects of inlet temperature on CO conversion and H2
yield respectively under different H2 separation rates. As the WGS reaction is an
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exothermic reaction which increases exponentially with temperature, a small increase
in inlet temperature can significantly promote the level of CO conversion. As shown in
Figure 50(a), when the inlet temperature was 350°C, CO conversion was found to be
as low as 28%. For the case of 375°C of inlet temperature, CO conversion level
increased to 91%. The effect of changing inlet temperature on CO conversion is
similar to the effect of changing the catalyst loading, as both parameters have the
same effect on CMR operating temperatures. When the CO conversion level
approaches equilibrium (for the operating mode without separation) and CO
conversion level approaches 100% (for the operating mode with separation), a further
increase of inlet temperature does not lead to a higher CO conversion. A CO
conversion close to 98% was achieved by increasing the permeation multiplication
factor by 6 for the case of inlet temperature of 400°C. Compared to the case with a
high amount of catalyst loading (20 kg.s/COmol) (see Figure 50(b)), a similar high
level of hydrogen yield (approximately 83%) was achieved by increasing the inlet
temperature to 400°C and the permeation multiplication factor to 10 (see Figure
50(b)).
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Figure 49. Effects of catalyst loading and H2 separation rate on (a) CO conversion & (b) H2 yield (%)
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Figure 50. Effects of inlet temperature (Tin) of syngas and H2 separation rate on (a) CO conversion & (b) H2 yield (%)

90 | Alloy membrane reactor for pre-combustion CO2 capture

EFFECT OF PERMEATE-SIDE PRESSURE
The effect of permeation-side pressure on CO conversion and H2 yield for different H2
permeation rates was plotted in Figure 51(a) and (b) respectively. Reducing the
permeation pressure was found to be an effective way to achieve a higher hydrogen
yield. The hydrogen partial pressure on the permeate-side is a limiting factor for
hydrogen yield. In the base case of this sensitivity analysis, the permeate-side
pressure was set at 1 atm. At this pressure, a hydrogen yield of approximately 83%
was achieved by increasing catalyst loading and by increasing inlet temperatures at
the maximum permeation multiplication factor (=10), as shown in Figures 49(b) and
50(b). A reduction in the permeation side gas pressure to 0.5 bar(g) and 0.2 bar(g)
resulted in significant increase in H2 yield to 90% and 96% (at Pe° = 10) respectively,
as shown in Figure 51(b). The rate of H2 removal by the membrane is the only factor
that determines the extent of CO conversion beyond the equilibrium limit. A very high
H2 yield and a CO conversion over 99% were achieved by reducing the permeation
side pressure to 0.2 bar(g) and increasing the permeation multiplication factor beyond
6. This analysis shows that permeation side pressure is the one of the key parameters
for achieving high levels of H2 yield and CO conversion for a given H2 membrane. This
can be achieved practically through the use of a sweep gas like nitrogen when a
turbine is going to be used to generate electricity or a vacuum where a pure hydrogen
stream is still required.

EFFECT OF H2O:C RATIO
A lower H2O:C ratio in the WGS process is favourable as it means the energy penalty
associated with steam generation is reduced. A large excess of steam (H2O:C ratios of
3-5), however, is usually recommended to avoid carbon formation caused by the disproportionation of CO via the Boudouard reaction [121]. In this study, therefore, both
experimental tests and model simulations reported to this point were undertaken with
a constant S:C ratio of 3:1 in order to avoid any possible carbon formation. Sensitivity
of S:C ratio was analysed by varying it from 1.5 to 3. For syngas with a typical
composition, a higher equilibrium CO conversion is achieved by increasing H2O:C
ratio, as expected. This explains why the highest CO conversion is obtained for the
highest H2O:C ratio simulated in this analysis when the H2 separation process is
excluded (i.e., permeation multiplication factor = 0) in Figure 52(a). However, when
the H2 separation process was integrated to the system, the CO conversion levels
increased more significantly for those simulations using the lower S:C ratios as shown
in Figure 52(a), due to their higher H2 permeation rates. A higher H2 permeation rate
can be achieved by either increasing H2 partial pressure in the retentate side or
decreasing H2 partial pressure in permeate side (for a given pre-exponential factor
and the apparent activation energy). At the lower H2O:C ratio for a given total system
pressure (i.e., 15 bar(g) in this study), the partial pressure of steam is reduced,
consequently the partial pressures of syngas gases species including H2 increase. As a
result, H2 permeation rates are promoted by lowering H2O:C ratios and, higher
hydrogen yields were achieved for smaller S:C ratios as shown in Figure 52(b). It has
to be noted here that carbon formation is a serious issue usually found in operating
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condition at lower S:C ratio and, this impact has to be considered alongside the goals
of achieving high H2 yield and CO conversion.

Figure 51. Effects of pressure of permeation side and H2 separation rate on (a) CO conversion & (b) H2 yield (%)
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Figure 52. Effects of H2O:C ratio and H2 separation rate on (a) CO conversion & (b) H2 yield (%)
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IDENTIFICATION OF OPTIMUM OPERATING CONDITIONS
The sensitivity analysis revealed the key operating parameters for maximising CO
conversion and H2 yield, namely reducing permeation side pressure and promoting H2
permeation across membrane. These two parameters have no upper limits, i.e., the
smaller the permeation side pressure and the higher the H2 permeation rate across
membrane, the better the performance of CMR, and their effect on temperature
profiles of reactor are minor. Conversely, inlet temperature and catalyst loading are
sensitive operating parameters which significantly influence the profile of reactor
temperature, particularly the peak temperature, which can destroy performance and
durability of H2 selective membrane. For the particular geometry of reactor
configuration investigated in this study, the optimum inlet temperature and catalyst
loading are found to be 375°C and 12 kg s/COmol respectively. Given the parameters
are different for every reactor configuration, it really isn’t possible to establish a
universal set of optimal parameters. The formulation, development methods and submodels used in this study, however, can be directly applied to guide the future design
and operation of larger membrane separators and membrane reactors. This is
illustrated in Section 6.6.

6.6

3-D model of H2 separation module

Above we have described the development of a 2-D, axis-symmetric model of a
single-tube CMR. While suitable as a proof-of-concept device, a single-tube
membrane reactor is impractical with respect to scaling up to the many thousands of
square metres of membrane required for GW-scale pre-combustion capture power
plants. Such membrane densities are only realistically achievable using bundled
membrane modules, in which membranes are bundled together as closely as possible
inside a single containment vessel.
This significantly increases the complexity of an accompanying CFD model and as the
model is no longer axis-symmetric (i.e., the cross-section of the module changes as
the angle of the cross-section changes). Therefore, a 3-D model is necessary.
We have expanded our existing 2D model to describe heat and mass transfer within a
3-D, 1 m2 module. This module accommodates 37 × 1 m-long Pd-coated V tubes (total
surface area 11,070 cm2) with the permeance described previously (4.0 x 10-4 mol m-2
s-1 Pa-0.5 at 400 °C). At the present stage of development the model incorporates the
separation process only, i.e., no WGS reaction.
The selected configuration, with a 14 mm pitch (shortest distance between adjacent
membrane centres), is illustrated in Figure 53. This array can be divided into 6
symmetrical wedges, as shown, and modelling heat and mass transfer within each
wedge, then combining the models, enables the required computing power to be
minimised. The reactor was also assumed to be adiabatic, and future iterations of the
model will also incorporate heat losses from the system.
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Figure 54 shows flow fields within the 3-D reactor, with red indicating a high H2
concentration at the inlet, and blue indicating a reduced H2 concentration at the
outlet. The effect of syngas feed rate on H2 yield and flux, and the effect of baffles,
was examined. Varying the feed rate from 0.01 to 0.50 molH2 s-1 increased flux and
yield from 0.002 to 0.190 mol m-2 s-1, and decreased the H2 yield from 88 to 42%.

2

Figure 53. Arrangement of membranes inside 1.1 m module
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2

Figure 54. Flowfield and hydrogen concentration on the feed-side of a 1.1 m membrane module, with and without
baffles

6.7

Summary

A CFD model of a high-temperature water-gas-shift catalytic membrane reactor
(HTWGS-CMR) has been developed and simulated using the commercial software
package FLUENT. In order to validate this model, a prototype HTWGS-CMR has been
constructed and tested in three modes of operation (no WGS and separation, WGS
only and WGS + separation). There was close agreement between the model and the
experimental results, confirming that the heat transfer and fluid flow sub-models,
mechanism and kinetic parameters used to estimate catalytic WGS reaction rates and
H2 permeation rates used in this study were valid.
The results demonstrate that the thermodynamically limited equilibrium CO
conversion level can be overcome by incorporating a hydrogen-selective membrane
into a catalytic HT-WGS reactor. This model now provides a basis for evaluating
reactors under varying operating conditions and H2 separation rates, thereby reducing
the experimental burden associated with optimisation of CMR development. In
general, higher CO conversion levels and H2 yields can be achieved by increasing inlet
temperatures, loading more catalyst, increasing the H2 permeation rate, reducing
pressure in permeate side of the reactor and reducing the S:C ratio. However,
increasing the inlet temperatures and loading more catalyst beyond a particular level
would lead to temperatures that are beyond the recommended operating
temperatures for long term operation of membrane and HTWGS catalysts. Promoting
performance of membrane significantly increases H2 yields which also raise the CO
conversion levels. However, the permeation pressure of the CMR defines the
maximum possible limit of H2 yield. Reducing the pressure at the permeation side of
the CMR is one of the effective ways to increase the CO conversion levels close to 100
percent. Reducing the S:C ratio can also improve the performance of the CMR but this
is only valid down to a certain level as low S:C ratios can lead to carbon formation.
The model has now been expanded to 3 dimensions to determine mass flow and
separation performance in a 1.1 m2 hydrogen separation module. This model now
provides a basis for evaluating reactors under varying operating conditions and H2
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separation rates, thereby reducing the experimental burden associated with CMR
development.
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7

Catalytic Membrane Reactor Fabrication and
Demonstration

7.1

The packed-bed CMR

The overall aim of this project is the demonstration of a catalytic membrane reactor, a
device which can perform CO shift (via a catalyst) and H2 extraction (via a membrane)
in a single device. The previous report described validation experiments which
incorporated a commercial Pd-Ag-based tubular membrane, surrounded by a packed
bed of granular catalyst and inert material.
Our previous milestone report, and associated article in the journal Separation and
Purification Technology [122], described the difficulties in correctly assembling and
operating a WGS-CMR. The main issues are as follows:
•

Heat management: Alloy membranes have a narrowly-defined operating
window with respect to temperature. In a packed WGS catalyst bed, runaway
temperatures can rapidly occur with very minor changes in inlet temperature
and catalyst activity. An increase in temperature or activity increases the rate
of reaction, which in turn increase the rate of heat release. The cascading ratetemperature effect can cause rapid spikes in bed temperature, and in a packedbed WGS-CMR, membrane temperatures can rapidly exceed the maximum
tolerable temperature.

•

Expansion: Uptake of H by V during permeation causes a significant volume
expansion of V, by up to 10% under the range of conditions which may be
encountered by a vanadium membrane. These membranes therefore expand
radially and longitudinally, and we have shown that physical restriction
imparted by a packed catalyst bed can result in fracture of these membranes.

Previously we identified three configurations, illustrated in Figure 55, which may be
employed to overcome these limitations, by eliminating direct contact between the
membrane and the catalyst. These are i) sequential, ii) co-axial and iii) layered
The layered configuration, which features a layer of catalyst on the inner wall of the
shell, is perhaps the most elegant as it removes the physical restriction of the packed
bed, and provides a heat conduction pathway to minimise temperature excursions,
while still providing a true membrane reactor configuration by virtue of the close
proximity between the membrane and catalyst. The shortcoming of the layered
configuration is that every individual membrane must have a unique shell, and this
becomes less reasonable as the total plant size increases. Unique shells for each
membrane will greatly increase the cost and the size of a CMR-based plant.
The sequential and co-axial configurations are not true membrane reactors as the
conversion and separation stages are independent, even though they may occur
within the same vessel. Membrane reactor-type performance can be achieved,
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however, by integrating multiple conversion and separation stages in series. This
concept is depicted in Figure 56, in which the ‘sequential’ configuration is repeated
several times inside a single vessel. Syngas is first passed over a catalyst bed which
will result in equilibrium or sub-equilibrium conversion, after which the H2 is depleted
through a membrane stage. The resulting syngas has a higher equilibrium
composition which can be achieved or approached in the subsequent catalyst bed.
Figure 57 illustrates how this configuration can be employed to achieve high
conversion by employing multiple stages. Based on a representative syngas
composition (14.30% H2 + 15.07% CO + 6.35% CO2 + 64.28% H2O [123]), and
nominal values for i) CO conversion attained in a single pass through the catalyst bed,
and ii) recovery of available H through a single membrane stage, the figure shows
that, even with sub-equilibrium CO shift and sub-optimal H2 recovery per stage, the
overall shift and yield after multiple stages can significantly exceed equilibrium.

Alloy membrane reactor for pre-combustion CO2 capture | 99

Figure 55. Alternative CMR configurations: sequential (top), coaxial (middle) and layered (bottom)
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Figure 56. Schematic diagram of multi-stage CMR with separate conversion and separation zones
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Figure 57. Modelled CO conversion and H2 separation which can be achieved in a multi-stage membrane reactor,
based on nominal values for CO shift and H2 recovery per stage (shown in the figure). The equilibrium conversion at
400°C is shown.

In order to prove this concept, and to illustrate that vanadium membranes can
operate in such an environment without fracture, a 3-stage CMR was constructed and
tested. Each stage featured a 30 cm-long vanadium membrane, prepared as per our
standard method, housed in a 1” OD shell. A 10 cm-long catalyst bed was situated in
the headspace upstream of each membrane. The catalyst bed comprised a
commercial high-temperature shift catalyst (~150 µm) blended with quartz sand in a
1:5 g/g ratio. The three stages were joined in series, with the H2 ports joined to a
common manifold. The assembled reactor is shown in Figure 58.
The prototype reactor was mounted in a tube furnace and heated to an external
temperature of 400°C. Syngas of the above composition was fed to the reactor at a
feed rate of 1.00 lN/min and a pressure of 10.0 bar(a). H2 permeated from the system
at 1.0 bar(a).
Figure 59 shows the measured CO conversion and H2 yield (the total H2 permeation
rate relative to the feed rate of H2 and CO) after 1, 2 and 3 stages of conversion and
separation. Despite the CO conversion of just 50% after the first stage, the
cumulative effect of subsequent shift and separation stages results in greater-thanequilibrium CO conversion, and an overall H2 yield of 79%. Furthermore, the
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sequential configuration allowed the membrane to expand freely as required,
eliminating the issues with fracturing which were observed in the packed bed
configuration.
Scaling up a multi-stage membrane reactor of this type would present little additional
complexity to that already associated with a multi-membrane module. Catalyst and
membrane zones could readily be accommodated within a single cylindrical
containment vessel, and by tailoring the depth of the catalyst regions, could be
operated isothermally to maximise membrane lifetime and performance.
This configuration will be investigated further in a series of slipstream trials to
commence in mid-2015.

Figure 58. Prototype 3-stage membrane reactor
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Figure 59. Measured CO conversion and H2 yield for prototype 3-stage membrane reactor, operating at 400°C and
10 bar(a)

Alloy membrane reactor for pre-combustion CO2 capture | 103

8

Membrane separator scale-up

A key objective of this project is to demonstrate that alloy membrane is scalable. With
many thousands of square metres of membrane area required for a single precombustion CO2 capture power plant, the technology must be scaled through many
orders of magnitude before it can be deployed. In this section the development of
several membrane modules up to 1000 cm2 are described.

8.1

500 cm2 module

A membrane surface area of 500 cm2 was achieved by operating 7 membranes, each
240 mm long, in parallel via an internal manifold. An image of the assembled module
is shown in Figure 60. The membranes are contained inside an Inconel vessel with an
inner diameter of 80 mm and depth of 360 mm. The top flange incorporates a feed
gas inlet, thermocouple, H2 outlet and raffinate outlet.
Figure 61 shows the seven membrane tubes sealed into a manifold which combines
the parallel H2 flows into a single tube. Each membrane is sealed using commercial
compression fittings and graphite ferrules. Each tube is internally supported at the
seal by a steel insert, and wire meshes are incorporated to prevent particles moving
though the test rig in the event of a breakage. These components are shown in Figure
62.
The module was mounted vertically in a tube furnace, as shown in Figure 63, with the
membranes suspended from the manifold.
Figure 64 shows the performance of the 500 cm2 module at several feed pressures. In
a pure H2 feed, a total H2 throughput of 19 lN/min was achieved with a feed pressure
of 7 bar(a). The maximum flow rate available with this system is 20 lN/min.
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2

Figure 60. Assembled 500 cm membrane module

2

Figure 61. Internal configuration of 500 cm module showing 7 membranes in parallel, joined to a central manifold
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2

Figure 62. All membranes and other components used in the assembly of the 500 cm module

2

Figure 63. 500 cm module mounted vertically in tube furnace
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Figure 64. Total H2 throughput (lN/min) and specific H2 flux (mol m s ) for 7-tube module at
400°C.

8.2

1000 cm2 module

A 1000 cm2 module was designed and assembled using a similar approach to the 500
cm2 module described above. Figure 65 shows the internal configuration of the
reactor, with 6 x 30 cm-long membranes attached to two manifolds by compression
fittings. This internally manifolded assembly then inserts into a cylindrical
containment vessel as shown in Figure 66.
During testing the vessel was externally heated using a vertical tube furnace. To
maximise temperature uniformity, the feed inlet was at the flanged end, and raffinate
outlet at the non-flanged end. H2 was collected at the flanged end.
The 1000 cm2 module was heated externally using a vertical tube furnace. The feed
line was also heated using heating tape to assist in steam generation and to minimise
temperature gradients along the module. Module temperature was measured
adjacent to each of the two internal manifolds and these values agreed to within
10°C.
A syngas composition reported previously [123] (14.3% H2 + 15.07% CO + 6.35%
CO2 + 64.28% H2O) was used as the basis of this test, however, as this module
operates in separation-mode only (i.e., no WGS), the syngas was converted to a 95%
shifted composition (28.62% H2 + 0.75% CO + 20.67% CO2 + 49.69% H2O) for the
purpose of this test. Unlike the 500 cm2 test, however, the module was operated to
maximise H2 yield, not flux, so the overall H2 flux was far lower than that measured
for the 500 cm2 module.
Figure 67 shows the measured H2 permeation rate (in lN/min) and H2 yield (as a
percentage of the H2 feed rate), based on several feed pressures and module
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temperatures. At a total flow rate of 14 lN/min of syngas, a H2 yield of > 80% was
achieved at several temperatures and pressures. As expected, yield increases with
decreasing flow rate, and H2 flux increases with increasing flow rate.

2

Figure 65. Internal configuration of 1000 cm module, showing 2 manifolds, each with 6 membranes
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2

Figure 66. The 1000 cm membrane module being lowered into the tube furnace
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Figure 67. Measured H2 permeation rate and yield from 1000 cm module at several temperatures and feed
pressures
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Economics
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9

Economic analysis of vanadium membranes

9.1

Introduction

Previous research in CSIRO into the economics of CMR-based H2 production has
provided a clear understanding of the relationship between membrane flux and plant
costs. Studies published in the early 2000s [124-125] have shown that the shift and
separation costs of a 300 tonne per day H2-from-coal plant are around USD 55 million
(at 2009), comprising high and low-temperature shift stages, a TSA-based CO2removal stage, and a PSA-based H2 purification stage). Using the chemical plant
indices, this value can be extrapolated to a current value of USD 62 million. This value
provides a benchmark against which CMR technology can be compared.
A 2010 CSIRO publication [126] showed that a 300 tpd CMR stage, incorporating 40
micron-thick Pd75Ag25 alloy membranes, would cost around USD 180 million (far
greater than conventional technology), whereas a membrane that meets the 2015
DOE cost and flux targets would cost around USD 50 million. Further decreases in
cost to that predicted for the CSIRO-developed V-based membrane (at USD 500 m-2)
would reduce costs to around USD 40 million (USD 46 million in 2015, around 28 %
less than conventional technology).
Achieving this cost reduction hinges on the development of a reliable, high-volume
manufacturing process which allows the V-based alloy membranes to be
manufactured for less than USD 500 m-2. The trialling of three low-cost, high-volume
fabrication techniques, each of which are well established in CSIRO, will maximize the
chances of meeting this cost target.

9.2

Pd-based membranes

Given their pre-commercial status, determining the costs of membrane technology is
a difficult assignment. Raw material costs can be readily assessed, but this forms just
a part of the overall costs, as support and manufacturing costs must be
accommodated. At its current price, Pd costs $US 340 m-2 per µm thickness, meaning
the 10 µm-thick supported membranes described in Helmi’s assessment [127]would
consume $US 3400 m-2 in Pd consumption alone, before any costs are factored in. A
recent report by Pall Corp [128], as part of a DOE-funded program, put the cost of
supported Pd membranes, in modules, at $US 2000/ft2 ($US 22,200/m2). A similar
module cost of $1795 ft-2 ($19,950 m-2) was calculated by Koc et al [123]. These
costs account for Pd metal consumption, manufacturing and module costs.

112 | Alloy membrane reactor for pre-combustion CO2 capture

9.2.1 PD SCARCITY
One of the biggest issues with Pd-based membranes is the scarcity of Pd. World
palladium between 2006 and 2011 was between 6 and 7 million ounces [129], 80% of
which is confined to the Russian Federation and South Africa. During the recent
decade, the Pd price has fluctuated wildly [130], peaking at $US 908 oz-1 in mid 2014,
and falling as low as $US 415 oz-1 in March 2010. The current price is $US 803 oz-1,
equivalent to $US 340 m-2 per µm thickness. The cost of Pd membranes is therefore
highly dependent on the Pd thickness.
Helmi et al undertook a recent economic analysis of Pre-CC power plants incorporating
Pd membrane technology. Using a conceptual 1 GWe power plant as a basis, they
found that a single plant of this size incorporating 10 µm-thick Pd membranes would
consume 0.45 % of current global Pd supply. Transition of the current 14.5 TWh of
global fossil fuel-based electricity production [131] to membrane-based precombustion capture technology would therefore demand a drastic increase in Pd
production, and/or a drastic decrease in Pd consumption per unit of power produced.
Reducing Pd layer thickness brings added manufacturing challenges which manifest as
increased manufacturing costs; for example, in the form of higher quality support
materials, and clean-room manufacturing environments. Furthermore, decreasing
thickness increases the incidence of manufacturing defects which decrease H2 purity
and membrane lifetime.

9.2.2 PD MEMBRANE SUPPORT MATERIALS
The thin Pd membranes (< 10 µm) described in Helmi’s study are insufficiently strong
to be self-supporting. Pd is therefore deposited on a porous substrate manufactured
from ceramic (alumina or zirconia), metal, or metal with a ceramic barrier layer.
Manufacturing processes for ceramic tubes are well established, and the immiscibility
of the ceramic with Pd means there is no degradation associated with interdiffusion.
The main limitation of ceramic is that it is brittle, and this can lead to difficulties with
sealing and shock-resistance. Metal tubes are not brittle, but interaction between the
metal support and Pd can occur at temperatures above 400°C, leading to a
degradation in performance. Furthermore, metal tubes are rougher and have larger
pore sizes, meaning the required Pd thickness to achieve a leak-free membrane is
much greater than that required for a ceramic tube. The multi-layer support tubes,
with a porous metal support tube, overlayed by a high-grade ceramic coating, offer
then best properties: the strength and sealability of a metal substrate, with the fine
pore size and diffusion resistance of a ceramic layer.

9.3

V-based membranes

The vanadium membranes developed in the course of this project are self-supporting,
i.e., the vanadium tube acts as both the membrane and the support structure, being
able to tolerate significant pressure gradients without need for additional mechanical
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support. This simplifies the manufacturing process, allowing dense, thin walled metal
tubes to be used as the membrane core, and these can be manufactured using
conventional drawing or extrusion techniques. The amount of vanadium consumed,
however, will be considerable, and must be considered in the context of global V
production.

9.3.1 GLOBAL V PRODUCTION
The prototype membranes produced in this project are 0.25 mm thick, with an outside
diameter of 9.5 mm. Based on the vanadium density of 6.1 g cm-3, each square metre
of membrane will consume 1527 g of vanadium metal. Increasing the thickness to
0.50 mm for pressure tolerance beyond 50 bar will increase the consumption to 3055
g m-2.
Vanadium is traded typically as ferrovanadium (vanadium + iron) or vanadium
pentoxide (V2O5), currently priced at USD 24 and 11 kg-1 respectively [132]. Some
varied pricing on vanadium metal is available, however, for tonnage quantities of V
flakes at $US 150 kg-1 [133]. Alibaba presents perhaps the most accessible market
information, with a large number of suppliers also offering V in dendritic or ingot form
for as low as $US 150 kg-1 for bulk orders.
Helmi’s paper raises an interesting question not just about Pd membranes, but about
V membranes also. Although V membranes are less expensive per unit area than
leading Pd-based membranes, the hydrogen permeance is lower, meaning a larger
surface area is required. The permeance of 5 x 10-4 mol m-2 s-1 Pa-0.5 reported by this
group [134] and a competitor [135] are a third of that used by Koc et al. [123] in
their economic assessment of a 13,000 m2, 550 MW plant. As a consequence of the
reduced permeability, the total area of V-based membranes required would be three
times that of a Pd-based membrane (~40,000 m2), which would consume 122,000 kg
of V, based on a requirement for 3.05 kg of V per m2 of membrane. Normalised to 1
GWe for ready comparison with Helmi’s work, the total consumption would be 222,000
kg of V.
In 2013 the global V reserves were put at 63 million metric tonnes [136], and global
annual production is estimated to be 110,000 tonnes In 2017 [137]. The abovementioned 1 GWe plant would therefore consume 0.2% of global V production, a
similar value to Helmi’s Pd-based plant. Unlike Pd, global production of V is growing
rapidly (from 75,000 tonnes in 2012), driven both by its traditional use in highstrength steelmaking and emerging application to grid-scale energy storage.
Therefore, by the time V-based membranes are proven for large-scale pre-combustion
capture, the required consumption relative to global production will be reduced
significantly. Furthermore, the relatively simple recycling of spent vanadium
membranes will offset supply and cost issues somewhat.
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9.4

The required membrane surface area

In determining the cost of a membrane-based plant, one must consider the total
surface area of membrane required, the unit cost of the membranes themselves, the
vessel in which they are housed, and the catalyst required. Vessel and catalyst costs
are widely available, but membrane costs remain the significant variable, and are
informed by raw materials costs, manufacturing costs and capital requirements.
The amount of membrane area required, either as a stand-alone separator or as part
of a membrane reactor, depends on the desired H2 recovery. When operated to
maximise H2 yield, the partial pressure of hydrogen along the length of the reactor
decreases until it matches the partial pressure of hydrogen in the permeate stream.
This reduced driving force means the H2 flux at the start of the membrane will be
significantly higher than at the end of the membrane, with the average flux lying
somewhere between these extremes. For example, Dolan et al [134] showed that, in
a planar CMR operating at 85% H2 yield, the overall H2 flux was just 24% of the
theoretical maximum. Koc’s [123] benchmark of 95% H2 yield is even more stringent,
decreasing H2 flux even further. Based on a membrane permeance of 0.0015 mol m-2
s-1 Pa-0.5 for a supported, 10 µm-thick Pd membrane, the average H2 flux is just
17.5% of the maximum value. Interestingly, s study undertaken by Pall Corp found
that, for an ethanol reforming plant producing 1,500 kg day-1 of H2, the membranes
only account for around 10% of the total plant cost; leading to the conclusion that H2
recovery, not flux, is more important in determining plant economics [128], with Ku
suggesting a yield of at least 90% is required [138].
The following equation can be used to determine the total cost of membranes (not
including containment vessels):

J!KL; M!%K =

(%

M&N&M M!%K)(J!KL; 89 $!<OMK&!" $LK )
(P PQ$L"
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Specific cost is the cost per unit area for the membrane ($ m-2); the total H2
production rate is 300 tonnes per day (1736 mol s-1); permeance is the measure of
membrane performance (mol m-2 s-1 Pa-0.5); P1 and P2 are the H2 partial pressures
in the feed and permeate streams respectively; the yield scaling factor is 0.20 for
90% H2 yield. Additional costs such as containment vessels, catalyst, etc., are
additional.
Figure 68 illustrates the effect that operating conditions have on the required
membrane area, assuming membrane the membrane properties listed in Table 13.
The assumption is made that required H2 yield of 90% results in a H2 flux which is
20% of the maximum. The required membrane area is strongly dependent on the
reactor feed pressure, and also on the permeate pressure. Reduced permeate
pressure can be achieved by use of a sweep gas (N2 or steam).
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Figure 69 illustrates the effect that membrane permeance has on the required surface
area, assuming a feed pressure of 20 bar. The membrane permeance reported here is
less than half the theoretical maximum for V, and any future manufacturing
optimisation which advance permeance towards this theoretical limit will result in a
significant reduction in required membrane area.

Table 13. Membrane properties and total production rate for 300 tpd H2 plant
Membrane permeance

5.0 x 10-4 mol m-2 s-1 Pa-0.5 [122, 135]

H2 yield

90%

Yield scaling factor

0.2

Membrane permeance (with 90% yield)

5.0 x 10-4 mol m-2 s-1 Pa-0.5

%H2 in shifted syngas

35

Total H2 production

300 tonnes day-1
1736 mol s-1
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9.5

Vanadium tube manufacturing costs

Vanadium tube is not currently a commercial product, with small batches made upon
request to support R&D activities such as the present project. As such, it is difficult to
accurately gauge the likely costs of vanadium alloy tubing if manufacturing is scaled
up to support membrane production. Two approaches can be taken to address this
question. The first is to undertake a first-principles costing exercise, and the second is
to look for analogies in current alloy production.

9.5.1 FIRST-PRINCIPLES
Two manufacturing routes are typically used to produce alloy tube, and the difference
lies in the method by which the rough tube is manufactured. The first involves
machining a rough tube from an ingot, while the second involves welding a sheet into
the shape of a tube.
Other key operational parameters are:
•

Total production volume: what length of tubing is being produced per run?
Larger production runs decrease the cost significantly.

•

A hot or cold drawing process: hot drawing allows greater deformation of the
tube per pass, allowing the desired thickness to be achieved in fewer passes
without need for annealing

•

Raw materials costs: reduced wall thickness reduces vanadium alloy
consumption

•

Recycling rate: The two-stage manufacturing (raw tube and drawn tube)
creates waste V which can be recycled back to the initial stage. Here w=we
have assumed a recycling rate of 75%, meaning 75% of rejected alloy is
returned to the manufacturing process.

•

CapEx costs: for rough tube and finished tube production can be considered
separately. Rough tube production requires a cold-crucible (USD 300,000) and
induction power supply (USD 150,000), plus other parts and safety equipment
(USD 300,000).

With respect to finished tube production, as mentioned above, the primary
consideration is whether to employ cold or hot drawing. Cold drawing is a simpler
technique, but the reduced ductility of the vanadium alloy at ambient temperature
means the allowable deformation per pass is reduced. Furthermore, the alloy must be
annealed between passes in a vacuum furnace which significantly adds to the capital
costs. Here we calculate the CapEx requirements for hot and cold drawing to be USD
480,000 and USD 1,380,000 respectively.
The figures below illustrate the effect of several key operational variables on the cost
of manufacturing vanadium alloy tubes using the hot drawing process.

118 | Alloy membrane reactor for pre-combustion CO2 capture

Figure 70 shows the effect of production volume on overall cost, with economy of
scale being a key factor in reducing manufacturing costs. Route 2 is also clearly less
expensive than Route 1, and will be used for the subsequent analyses. Based on a raw
material cost of USD 150 kg-1 for V, and tube dimensions of 10 mm OD and 0.5 mm
wall thickness, increasing the production volume from 15 m2 to beyond 30,000 m2
decreases the cost per area from USD 6618 m-2 to USD 2203 m-2.

Figure 70. Effect of manufacturing volume on tube cost using manufacturing route 1 (top) and 2 (bottom)
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A pure V tube with outer diameter of 10 mm and wall thickness of 0.50 mm contains a
vanadium volume of 15.7 cm3 per linear metre, or 500 cm3 per m2 of surface area.
For the base case of a 10 mm x 0.50 mm tube, the vanadium will cost as little as USD
570 m-2 assuming a the lowest reported vanadium price of USD 150 kg-1, and
including material lost during manufacturing. Figure 71 illustrates the effect of the
vanadium price on overall tube costs for a production run of 1000 m2.
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Figure 71. Effect of vanadium price on tube cost, assuming tube dimensions of 10 mm OD and 0.5 mm wall
thickness
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Figure 72 illustrates the effect of outer tube diameter on overall tube costs. With the
membrane area being proportional to diameter, raw material costs are independent of
diameter, but manufacturing costs decrease significantly with increasing outer
diameter, as the area produced increases for the same manufacturing effort.
Increasing the diameter from the present 3/8” (9.52 mm) to ½” or higher affords
significant decreases in cost per unit area, but this is at the expense of the packing
density which can be achieved in the finished modules.
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Figure 72. Effect of outer tube diameter on overall tube costs, assuming a vanadium price of USD 150 kg and wall
thickness of 0.50 mm
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Increasing the wall thickness of the vanadium alloy tubes imparts greater strength,
thereby increasing the feed pressure at which these modules can operate. Although
fewer drawing passes are required to achieve the desired thickness, Figure 73 shows
that manufacturing costs increase due to the larger number of raw tubes which must
be fabricated to achieve a desired surface area. Raw material costs also increase
linearly with wall thickness.
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Figure 73. Effect of wall thickness on overall tube costs, assuming a vanadium price of USD 150 kg , and outer
diameter of 10 mm

The lowest manufacturing costs which can reasonably be achieved are USD 1600 m-2
for 0.25 mm-thick tubes (as per the tube procured during this project), at the lowest
reported V price of USD 150 kg-1, and a production run of > 30,000 m. 0.50 mm is a
more practical thickness, offering equivalent hydrogen permeance to the 0.25 mm
tube but with pressure tolerance beyond 20 bar, would cost USD 2100 m-2.

9.5.2 ANALOGY WITH TI TUBING
Ti tubing is used extensively in a range of applications, and its similarity to V with
respect to physical properties makes it an ideal analog when determining
manufacturing costs. Titanium metal is cheaper than V (~USD 20 kg-1 [139]), but has
similar ductility (20-40% elongation [140] for Ti, 12% for V [141]), density (4.51 kg
m-3for Ti, 6.11 kg m-3 for V) and melting point (1668°C for Ti, 1910°C for V).
Ti tubing is widely available for medical, heat exchanger, aerospace and mechanical
applications, especially from China, and Alibaba lists a number of suppliers for Ti
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tubing with wall thicknesses down to 0.3 mm. This tubing is typically in the range
USD 15-80 kg-1.
Using standard dimensions of 10 mm OD × 0.5 mm wall thickness, 1 m2 of Ti tubing
would weigh 2.25 kg, which, at USD 80 kg-1, would cost USD 180, significantly lower
than the calculated first principles price for V tubing. Excluding the raw metal price,
manufacturing costs would amount to USD 135 m-2. Doubling the costs to allow for
the reduced elongation of V relative to Ti gives a manufacturing cost of USD 270 m-2.
Factoring a vanadium metal price of USD 150 kg-1, vanadium tube would cost USD
730 m-2.
True manufacturing costs for V are likely to be higher than for Ti due its reduced
elongation, but the analogy suggests our first-principles calculation may over-estimate
the cost of V tube production by some margin. As CSIRO commissions its tube
production pilot plant in the near future, we will be in a position to further refine this
cost analysis.

9.6

Surface finishing

Costing for the electroplating process are based upon coating 1 metre lengths of 3/8”
vanadium tube with a 0.25 µm layer of Pd on both the outer and inner surfaces.
Approximately 33 linear meters of coated vanadium tube are required per square
meter of membrane.
The costs are determined by considering the material costs, labour, and equipment.
Material costs include the cost of consumables used to prepare the tubes for plating
and for the volume of plating solution depleted during plating. Labour costs are
determined by an estimation of hourly wages and time required to prepare and
electroplate each tube. Similarly, equipment costs are based upon an hourly cost of
the equipment.

9.6.1 MATERIAL COSTS
The largest material costs are the abrasives used for preparing the vanadium surface
for plating and the Pd metal used in the plating process. Other consumables such as
degreasing solutions and electro-cleaning solutions are reused for multiple tubes the
cost per length is minor in comparison to other consumables. Similarly, it is assumed
that the rinse water required is provided from an onsite Reverse Osmosis (RO)
filtration system.

9.6.2 ABRASIVES
Specialised SiC impregnated tube cleaning brushes are required to prepare the inner
surface of the tube. The outer surface can be prepared using standard SiC paper. The
cost of the SiC-impregnated brushes and paper are estimated at USD 100 per m2 of
tube.
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9.6.3 PLATING PRECURSORS
Plating costs are largely determined by the surface area to be plated. Based upon an
outside diameter of 10 mm and an internal diameter of 9.0 mm the total (outer and
inner) surface area per linear meter of tube is 0.03 m2. Based upon a uniform
thickness of 0.25 µm layer on both surfaces the total weight of Pd would be 6.01
g/m2. As Pd is deposited from solution during electroplating, the price of the Pd salt
precursor becomes critical. For example, a commercial Pd plating solution costs USD
125 per gram which equates to USD 690 m-2. Alternatively, Pd electroplating
solutions can also be made from Palladium (II) chloride which costs USD 46 g-1 of Pd,
equating to USD 280 m-2, plus USD 50 m-2 for other bath components. Plating
solutions containing Palladium (II) chloride are highly acidic (pH < 0.5), however,
which would increase the complexity of the plating process and increase equipment
and waste disposal costs. Commercial Pd solutions are pH neutral and are therefore
favourable with respect to safety of the operators and the environment.

9.6.4 LABOUR COSTS
Labour costs are determined by considering the hourly wages and time employed in
preparation, electroplating and post plating operations. The time employed is
dependent on the level of automation used and the electroplating time. The level of
automation used would be dictated by production volumes.
In the CSIRO-developed procedure, 7.5 minutes of electroplating time is required to
deposit 0.5µm Pd on each surface, with higher current density and reduced plating
time decreases the quality of the deposited layer. The total electroplating time per
tube is 15 minutes. Preparation of the V tube prior to plating requires careful abrading
to remove the tenacious oxide, layer followed by electrochemical cleaning. The
estimated times required for pre- and post- plating operations are as follows:
•

abrading tube surface with SiC brushes: 10 minutes;

•

electrochemical cleaning: 4 minutes;

•

post plating rinse: 1 minute

The time required for preparation and post plating operations are estimated to be
similar to the total electroplating time. Assuming that the electroplating process is
automated, the total time required to prepare and electroplate a length of tube is 15
minutes. Including overheads, the hourly wage for a manufacturing worker is
estimated at USD 20 per hour. The labour cost is therefore estimated to be USD 165
m-2.

9.6.5 EQUIPMENT COSTS
The estimate for equipment costs is similar to labour costs. In this case, one has to
consider an hourly cost of the equipment which can be empirically estimated to be
approximately USD 10 per hour. The cost of equipment is therefore estimated to be
USD 85 m-2.
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9.6.6 TOTAL COST
The total cost to deposit 0.25 µm of Pd on both the inner and outer surfaces of V tube
is estimated to be USD 680 m-2 using a PdCl2-based plating bath, using our current
approach. Preparation of longer, larger diameter tubes would reduce the handling per
unit area, thereby allowing a greater surface area to be coated in a given period of
time. We estimate that the manufacturing cost component of USD 525 m-2 could be
halved in mass production through automation and economies of scale, resulting in an
overall cost of USD 423 m-2.

9.7

Modulisation

A key consideration is the technique used to join individual membrane tubes into a
module. When using a bundled module, with a large number of membranes in parallel
within a single vessel, the membranes must be joined to a tubesheet. The prototype
1000 cm2 module developed during this project employed commercial compression
fittings, with the standard alloy ferrules replaced by graphite ferrules, welded to a
common manifold. Compression fittings are a reliable sealing solution, but they limit
the packing density which can be achieved. For example, the 500 and 1000 cm2
modules could accommodate no more than 7 parallel tubes inside a 90 mm diameter
containment vessel, due to the physical space required to accommodate the nut on
each fitting. This equates to a density of 44 m2 per m3.
By replacing compression fittings with welded fittings, much greater packing densities
can be achieved. For example, the 1.1 m2 module described earlier contained 37
membrane tubes in a 10 cm diameter vessel, giving a packing density of 150 m2 per
m3.
The delicate nature of the membranes precludes the use of standard TIG or oxyacetylene welding techniques, as the high heat flux will likely damage the thin-walled
tube, and will certainly damage the catalytic coating. Laser welding, in which the heat
input is highly localised, can overcome this issue, allowing membrane to be welded
into tube sheets with high packing density. CSIRO has invested in a laser welding
system, shown in Figure 74, to support future R&D in this area. This system can
create continuous welds as small as 0.1 mm, and can be automated to ensure high
reproducibility and to minimise labour costs. The capital cost of a system suitable for
mass production of membranes is USD 200,000, and ongoing costs are minimal.
Figure 75 shows a laser welded join between a vanadium membrane and a stainless
steel tube of the same diameter.
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Figure 74. Laser welding system for assembly of multi-membrane modules

Figure 75. Laser welded join between a V membrane tube and a stainless steel tube
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9.8

Containment vessels

The containment vessels in which the membranes are housed represent a significant
proportion of the overall module costs. Economies of scale apply, and the vessel size
must be balanced against the size of the membranes which can be manufactured. As
economic studies have addressed conceptual plants only, there is no ‘standard’
module, so size selection is somewhat arbitrary, but guided by membrane
manufacturing capabilities. For example, Koc’s [123] economic analysis considered 5
cm OD x 9.5 m membranes (1.5 m2 each), in the form of 8 parallel bundles, each with
1073 membranes. Dolan’s [134] study assumed vessels which were 2 metres in
length, each housing 2479 membranes in a bundle, with 29 parallel bundles.
In the present study, based on an area requirement of 40,000 m2, and packing
density of 150 m2 per m3, a total shell volume of 270 m3 would be required for a 300
tonne H2 per day plant. Assuming the vessel is constructed from SS304, with a
maximum allowable stress of 89 N/mm2, operation at 20 bar will require a shell
thickness of approximately 40 mm [142].
With length equal to twice the diameter, a single vessel of 270 m2 would be 11 m long
and 5.5 m in diameter. It would be more practical, however, to operate a series of
smaller vessels in parallel as it allows maintenance while maintaining operation.
Assuming 10 vessels, each of 27 m3 and with length equal to twice the diameter, the
dimensions would be 2.6 m in diameter and 5.2 m in length . Based on a density of
8000 kg m-3, the mass of each shell would be 13,600 kg, and the cost equal to $US
220,000 in 2010. With heat exchanger and tanks Plant Cost Indices for 2010 and
2015 equal to 554.2 [143] and 642.5 [144] respectively, and the Australian location
factor amongst the world’s highest at 1.21, the cost per vessel equals $US 308,000.

9.9

Catalyst

Recent studies listed high-temperature water-gas-shift catalyst at USD 7.0 [134] and
USD 6.80 [145] per kg and a total catalyst requirement of approximately 200 tonnes
[145]. This catalyst cost requirement would therefore be in the vicinity of USD 1.4
million, which is small in comparison with the membranes, and given the assumptions
already made with respect to membrane manufacturing, is negligible.

9.10 Totals
Figure 76 summarises the costs arising from tube production, plating and containment
vessels as a total per m2 of membrane. The largest single cost is for tube production,
and with the calculated value being around 10x greater than that for Ti tubing, this
suggests there is considerable scope to reduce these costs when mass production
commences. Furthermore, increasing the membrane diameter and length would also
reduce costs through reduced operational costs per unit area. The presented cost
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should therefore be considered an upper limit, and there are favourable prospects for
reducing this cost when the technology is ready for full-scale implementation.
This total value of USD 2703 m-2 can now be fed into the area analysis, giving the
total plant cost as a function of feed and permeate pressures, as shown in Figure 77.
At the current calculated membrane cost of USD 2703 m-2, the plant achieves cost
parity with ‘conventional’ technology with a feed pressure of approximately 30 bar.

Total

500

Containment vessel
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Pd metal

1500

Plating process

USD/m

2
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Vanadium metal

2500

Tube production
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0

2

Figure 76. Total cost of modulised 9.52 mm diam x 0.25 mm thick membranes per m of membrane area
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Figure 77. Total cost of CMR stage for 300 tpd H2-from-coal plant

9.11 Summary
At the current state of development, there are many variables which are not well
enough understood to provide a definitive economic analysis of vanadium membrane
technology. Aside from estimating manufacturing costs for what is a completely new
product (albeit made from established techniques) to uncertainty about the vanadium
price, and most importantly, membrane performance in ‘real’ operating environments
(with temperature and pressure fluctuations, and the presence of impurities), this
analysis does suggest that vanadium-based membrane technology may provide an
economically viable means to achieving pre-combustion CO2 capture.
This is despite the membrane costs and performance not meeting the flux, and cost
targets established by the US Department of Energy, but it must be said, neither do
the leading Pd-based technologies. Certainly, compared to leading Pd-based
alternatives, the layered vanadium alloy membranes offer lower H2 permeance at
much lower cost, and are basically immune from concerns about Pd price volatility and
supply. This economic assessment of the technology does, however, confirm the
feasibility of the technology for pre-combustion CO2 capture at its current state of
development, and future improvements in membrane performance, along with
performance data from industrial slipstream trials, will refine the economic argument
in the near future.
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10 Future work
The further development of vanadium membrane and membrane reactor technology is
dependent on continued development of the membrane materials, and assessment of
these materials in industrial conditions. Progressing this technology towards
commercialisation can only be achieved by addressing the following:
Fabrication of tubes from embrittlement-resistant alloy: Although a patent-applied-for,
embrittlement-resistant alloy was developed during this project, membrane tubes
were not fabricated from this alloy due to time and cost constraints, and concerns
about IP exposure. CSIRO has purchased a pilot plant for alloy tube production,
shown in Figure 78. Alloy tubes of the optimised composition will be produced, and
the stability of the alloy will be assessed under a range of operating conditions,
especially during thermal cycling.
Increase tube thickness: The economic assessment clearly showed that the economic
case for membrane reactor technology, at the current membrane permeance level, is
strengthened when the reactor feed pressure is increased to 50 bar. Vanadium tubing
procured during this project was between 0.18 and 0.25 mm thick, with pressure
tolerances up to 20 bar. Increasing the tube thickness is necessary to increase the
operating pressure of this technology. Future tube batches will 0.50 mm thick to
enable operation at higher pressures. This will have a significant impact on gasifier
operation, and future process modelling must provide an assessment of the viability of
higher gasification pressures.
Maximising packing density: the compression fittings used in the present study
provide a simple, reliable means of sealing tubular vanadium membranes, the physical
space occupied by the fittings severely limits the achievable proximity of the
membranes. By using a welded seal, membrane packing densities can be increased by
a factor of four, decreasing overall costs and improving reactor performance.
Industrial trials: During the course of this project, membranes have been tested under
controlled conditions using ‘clean’ syngas, blended from high purity gases. Coalderived syngas is relatively ‘dirty’, even after clean-up, and a true measure of
membrane performance can only be obtained in the presence of these impurities. A
‘slipstream’ testing program, whereby membranes and membrane reactors are
operated in a slipstream of syngas from industrial gasifiers and natural gas reformers
is planned for 2015 onwards.
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Figure 78. Hot tube drawing pilot plant
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11 Project summary
Relative to conventional pressure-swing and temperature-swing gas separation
technologies which have been proven in the natural gas industries for many decades,
alloy membranes are a relatively embryonic technology. With the key advantage of
high-temperature operation which gives rise to process intensification via the watergas-shift membrane reactor, the potential benefits of alloy membranes in precombustion CO2 capture are potentially vast, but only if certain performance and cost
criteria can be achieved.
The main limitation of vanadium as a low-cost membrane material has been its severe
susceptibility to hydrogen embrittlement. We have developed a patent-applied-for
alloy with improved embrittlement resistance, and appropriate mechanical properties
for manufacture by conventional tube drawing.
A key consideration is whether the technology can be scaled to a level demanded by
GW-scale power production. During this project we have increased the scale of
vanadium-based technology by a factor of 500×, and in doing so have demonstrated
that vanadium membrane technology can indeed be scaled as required using proven
industrial manufacturing techniques.
The preliminary economic assessment suggests this technology can achieve or
surpass parity with conventional technology. The economics are very dependent on
the pressure of the syngas entering the reactor, and a more detailed analysis of the
implications of gasifier operating pressure is required.
The technology is still several orders of magnitude away from commercial
deployment, and intermediate industrial evaluations are required to prove the
technology at a smaller scale and to refine the economic analysis.
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Glossary

Al

Aluminium

Alconox

An anionic detergent used to remove oil and grease from alloy
surfaces prior to plating

B

Boron

CMR

Catalytic membrane reactor

Cr

Chromium

Electroplating

A process whereby a metal is deposited from solution onto a
conductive surface by establishing an electrolytic cell in which the
surface to be coated is the cathode

Feed-side

The surface of the membrane exposed to the gas feed stream,
where hydrogen enters the alloy at high pressure

Flux

Flow of hydrogen per unit area per time (usually ml/cm2/min or
mol/m2/s)

HF

Hydrofluoric acid

Hydride

An alloy between a metal and hydrogen, in which atomic hydrogen
occupies interstitial vacancies between the metal atoms

Ni

Nickel

Pd

Palladium

Permeability

A measure of the intrinsic rate at which hydrogen migrates through
a material. Constant for a given material at a given
temperature(usually mol m-1 s-1 Pa-0.5), and independent of
membrane thickness and pressure

Permeance

Flux divided by the difference in the square roots of the feed-side
and permeate-side pressures (mol m-2 s-1 Pa-0.5). Will be constant or
a given membrane at a given temperature, regardless of pressure
conditions.

Permeate-side

The surface of the membrane where hydrogen exits the membrane
at low pressure

Raffinate

The gas stream at the outlet of a membrane reactor which is
depleted with respect to H2. Also referred to as ’retentate’.

SiC

Silicon carbide
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SS316

Stainless steel 316

Ti

Titanium

USD

United States dollar

V

Vanadium

WGS

Water-gas-shift reaction (CO + H2O ⇌ CO2 + H2)

XRD

X-ray diffraction
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