CSIRO Energy

Final Report for the Project
‘Development of an Aqueous Ammonia-Based PCC Technology for
Australian Conditions’

Hai Yu, Leigh Wardhaugh, Paul Feron, Qi Yang
CSIRO Energy
PO Box 330, Newcastle, NSW 2300, Australia
Kangkang Li, Moses Tade
Department of Chemical Engineering, Curtin University of Technology
GPO Box U1987, Perth, WA 6845, Australia
Lichun Li, Marcel Maeder
Department of Chemistry
The University of Newcastle, Callghan, NSW 2308
Project Number:

3-0911-0142

Project Start Date:

15/06/2012

Project End Date:

15/04/2016

Report Period:

15/06/2012 – 30/04/2016

1

Copyright and disclaimer
© 2016 CSIRO To the extent permitted by law, all rights are reserved and no part of this publication
covered by copyright may be reproduced or copied in any form or by any means except with the
written permission of CSIRO.

Important disclaimer
CSIRO advises that the information contained in this publication comprises general statements
based on scientific research. The reader is advised and needs to be aware that such information may
be incomplete or unable to be used in any specific situation. No reliance or actions must therefore
be made on that information without seeking prior expert professional, scientific and technical
advice. To the extent permitted by law, CSIRO (including its employees and consultants) excludes all
liability to any person for any consequences, including but not limited to all losses, damages, costs,
expenses and any other compensation, arising directly or indirectly from using this publication (in
part or in whole) and any information or material contained in it.

2

Acknowledgment
The authors wish to acknowledge financial assistance provided through both CSIRO Energy and
Australian National Low Emissions Coal Research and Development (ANLEC R&D). ANLEC R&D is
supported by Australian Coal Association Low Emissions Technology Limited and the Australian
Government through the Clean Energy Initiative. The authors are also grateful to Mr Allen Lowe and
Mr Barry Hooper for review of this report and providing comments and suggestions.

3

Table of Contents
1 Executive Summary

7

2 Recent Advancement of Solvent Development for Post-Combustion Capture

10

3 Introduction

15

4 Approaches and Methodologies

19

5 Results and Discussion

29

6 Conclusions and Recommendations

48

7 Appendix – Status of Milestones

59

List of Figures
Figure 1 (a) Levelised cost of electricity (LCOE) for a new plant with and without carbon capture and
storage (CCS); (b) incremental LCOE with amine-based CCS (results derived from [a]). The estimated
incremental LCOE with the advanced ammonia-based CCS is also included in (b) to demonstrate the
potential benefits of using ammonia-based CCS. The estimation is made in this work and based on the
assumption that the expected advancements for ammonia-based CCS can be achieved ................... 15
Figure 2 Comparison of predicted CO2 partial pressure with the experimental data from Ermatchkov
et al. (2006) in the PZ—CO2—H2O system ............................................................................................ 21
Figure 3 Comparison of predicted (a) CO2 and (b) NH3 partial pressures with the experimental data
from Van Krevelen (1949) as a function of CO2 molality in the NH3—CO2—H2O system ..................... 22
Figure 4 Comparison of predicted NH3 partial pressures with experimental results from Liu et al. (2011)
in the NH3—PZ—H2O system. ............................................................................................................... 23
Figure 5 The schematic diagram of experimental system .................................................................... 24
Figure 6 Parity plot of CO2 removal efficiency obtained experimentally and from the rate-based model
under conditions listed in Table 2 ......................................................................................................... 26
Figure 7 Parity plot of NH3 concentration in the outlet gas obtained experimentally and from the ratebased model under conditions listed in Table 2 ................................................................................... 26
Figure 8 Parity plot of NH3 concentration in the rich solution obtained experimentally and from the
rate-based model under conditions listed in Table 2 ........................................................................... 27
Figure 9 Parity plot of temperature profile obtained experimentally and from the rate-based model
under conditions listed in Table 2 ......................................................................................................... 27
Figure 10 (a) CO2 removal efficiency and (b) NH3 concentration in the outlet gas as a function of the
concentration of PZ (NH3) in the lean solution. Detailed conditions are listed as case No. 1, 2, 3 and 4
in Table 2 ............................................................................................................................................... 30
4

Figure 11 The temperature profile along the column under different concentration of PZ in the
solution. Detailed conditions are listed as case No. 1, 2, 3 and 4 in Table 2 ........................................ 31
Figure 12 The CO2 removal efficiency and NH3 concentration in the outlet gas as a function of the
concentration of NH3 in the lean solution. Detailed conditions are listed as case No. 1, 3, 5, 6, 7, 14, 15
and 16 in Table 2 ................................................................................................................................... 32
Figure 13 CO2 removal efficiency and NH3 concentration in the outlet gas as a function of the flow rate
of the lean solution. Detailed conditions are listed as case No. 3, 8, 9 and 10 in Table 2 .................... 33
Figure 14 The CO2 removal efficiency and NH3 concentration in the outlet gas as a function of
temperature of the lean solution. Detailed conditions are listed as case No. 3, 11,12 and 13 in Table 2
.............................................................................................................................................................. 34
Figure 15 Material balance of the advanced NH3-based CO2 capture process (Case No. 2 In Table 3) 37
Figure 16 (a) SO2 capture efficiency and SO2 emission level and (b) (NH4)2SO3 and NH4HSO3
concentrations as a function of number of cycles ................................................................................ 38
Figure 17 Material balance of the PZ promoted advanced NH3-based CO2 capture process (Case No. 3
In Table 3) ............................................................................................................................................. 40
Figure 18 Flow sheet of the existing pilot plant at Vales Point Power Station ..................................... 41
Figure 19 Flow sheet for case 1 in Table 5 ........................................................................................... 44
Figure 20 Flow sheet for case 2 in Table 5 ........................................................................................... 44
Figure 21 Flow sheet for case 3 in Table 5 ............................................................................................ 45
Figure 22 Flow sheet for case 4 in Table 5 ............................................................................................ 45
Figure 23 Flow sheet for case 5 in Table 5 ............................................................................................ 46
Figure 24 Mass transfer coefficient of CO2 in the mixture of ammonia with amino acid salts as a
function of CO2 loading at the temperature of 288 K (Yu, 2013) ......................................................... 49
Figure 25 Mass transfer coefficient of CO2 in the mixture of ammonia with piperazine and its
derivatives as a function of CO2 loading at the temperature of 288 K (Yu,2013) ................................ 50
Figure 26 Figure 26 Combined SO2 removal and NH3 recycle process for CO2 capture by aqueous
ammonia ............................................................................................................................................... 53
Figure 27 Process flow diagram of rich-split process with split 1 fed to stage 2 and spilt 2 to stage 5 54
Figure 28 Process flow diagram of inter-heated stripper with inter-heated solvent in and out at stage
5 (Condenser is at stage 1 and reboiler at stage 15) ............................................................................ 54

5

List of Tables
Table 1 An update on recent development of the near term post combustion CO2 capture technologies
.............................................................................................................................................................. 11
Table 2 Summary of experimental conditions for 16 cases. Gas flow rate = 19.2 l/min; Gas inlet T =
25oC; CO2 concentration at the inlet = 10%; CO2 loading (mol/CO2/mol NH3) =0.20 ........................... 25
Table 3 Summary of key operational conditions and results from the techno-economic assessment of
the advanced aqueous ammonia processes ......................................................................................... 35
Table 4 Columns diameter, packing heights and packing materials ..................................................... 42
Table 5 Design conditions and predicted results .................................................................................. 43
Table 6 Effect of flue gas pressurisation on economic performance of the baseline ammonia-based
post-combustion capture (PCC) process ............................................................................................... 52
Table 7 Comparison of techno-economic performance of ammonia and monoethanolamine (MEA)
post-combustion capture (PCC) processes integrated with the power station ................................... 56

6

1

Executive Summary

This research project focuses on the development of the advanced aqueous ammonia (NH3)-based
post-combustion capture (PCC) technology for significant reduction of CO2 emissions from coal-fired
power stations in Australia.
Currently, commercially available PCC technology is mainly based on alkanol/alkyl amine solutions.
This technology will reduce power plant efficiency by 25–30% and involve significant
capital/investment costs, including expensive flue gas desulfurisation (FGD), which is not installed in
Australian power plants. As a promising solvent, aqueous NH3 has many advantages over aminebased capture technologies, including no degradation in the presence of O2, a higher CO2 absorption
capacity than monoethanolamine (MEA), and a low regeneration energy. It also has the potential to
capture oxides of nitrogen (NOx) and sulfur dioxide (SO2) from the flue gas of coal-fired power plants,
and to produce value-added chemicals, such as ammonium sulfate and ammonium nitrate, which
are commonly used as fertilisers.
This research project is based on CSIRO PCC pilot-plant trials with an aqueous NH3-based liquid
absorbent under real flue gas conditions in an $A7 million pilot plant at Delta Electricity’s Munmorah
power station and ongoing work in this area. The pilot-plant trials confirmed the technical feasibility
of the process and confirmed some of the expected benefits. They also highlighted some of the
issues when using aqueous NH3 in a PCC process. These included a relatively low CO2 absorption rate
and high NH3 loss. These issues currently limit the economic feasibility of the aqueous NH3-based
PCC process. The objectives of the research project is to extend a number of novel approaches
developed previously by CSIRO to address the issues identified and make the process economically
favourable.
To support process assessment, optimisation and scale up, a rigorous rate-based model for the
SO2—NH3—CO2—H2O system was developed in Aspen Plus®. The model was validated by the
experimental results from open literature and pilot plant trials at Munmorah Power Station. The
models satisfactorily predicted the experimental results.
The project led to the development of an advanced, aqueous NH3 based capture process which
incorporated the following innovative features.
(1) Integrated flue gas cooling, SO2 removal and NH3 recovery
The integrated process can cool flue gas, remove SO2 and recover NH3 simultaneously. It consists of
a wash column, in which the vaporised NH3 is recovered by wash water; a pretreatment column, in
which the heat contained in the high-temperature flue gas is used to regenerate NH3 in the wash
water and recycle it to the CO2 absorber via the flue gas; and a water separation unit for maintaining
water balance. SO2 is removed in the pretreatment column and its presence in the wash water helps
to recover NH3 from the wash column, producing ammonium sulfite.
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The rigorous rate-based process modelling and bench-scale experimental work showed that the
integrated process can recycle >99% NH3 and remove >99% SO2 with very low energy consumption.
This new process can eliminate conventional FGD and produce value-added products.
(2) Two-staged absorption: the lean solvent, rich in free NH3, is introduced to the middle of the
absorber to achieve fast CO2 absorption (Stage 1 absorption), and then enters the top of the column
for recovery of NH3 from the gas (Stage 2 absorption). This configuration can significantly reduce NH3
slip in the absorption process by more than 50% compared to single-stage absorption .
(3) Elevating CO2 absorption temperature to ambient conditions (20–30 C) and using relatively high
NH3 concentrations (6–10 wt%). This can avoid both solid precipitation and the substantial energy
input for solvent chilling, as well as improve the CO2 absorption rate. NH3 loss can be resolved by the
NH3 recycle unit and staged absorption introduced above.
(4) Two new stripper configurations:
(a) Stripper rich split involves splitting one portion of the cold rich solvent and pumping it to the
top of the stripper, while the rest of the rich solvent is heated and introduced to the middle of the
stripper. This configuration uses the cold, CO2-rich solution to cool the uprising hot gas vapour and
recover the NH3 from the vapour. No external stream is involved in the modification. The process can
help eliminate solid precipitation in the stripper overhead condenser and reduce reboiler duty and
cooling water consumption.
(b) The inter-heating process exchanges heat between the hot lean stream leaving the bottom of
the stripper and the semi-lean solvent extracted from the middle of the stripper, before the hot lean
stream goes to the main cross-exchanger. The process makes better use of the heat in the hot lean
stream, and simultaneously reduces reboiler and condenser duty.
To evaluate benefits of the process improvements, the project carried out a techno-economic
assessment of a MEA-based PCC process and the advanced aqueous NH3-based PCC process. The
PCC processes were integrated with a 650-MW coal-fired power station. A combined experimental
and modelling approach was adopted in the analysis. The rigorous rate-based models were
employed to evaluate the technical performance of capture processes. A cost model based on the
Aspen Capital Cost Estimator was used to calculate the capital cost and evaluate the economic
performance. The results obtained for the MEA-based PCC process were consistent with the values
reported in the literature, suggesting that the approach and methodology used was sound.
With the integration of a MEA-based PCC process, the output of the power station dropped from
650 to 473 MW, and the net efficiency decreased from 38.9 to 28.3% – a 27.3 % (relative term) and
10.6% (absolute term) decrease. The Levelised Cost of Electricity (LCOE) increased from US$66.1 to
US$131.3 per MWh, and the CO2 avoided cost was US$96.4/tonne CO2. In comparison, the net
efficiency of the power station with the integration of the advanced aqueous NH3 process dropped
to 31.3% – a 19.4 % (relative term) and 7.6% (absolute term) decrease and the CO2-avoided cost was
US$63.6/tonne CO2, which is 34% lower than that in the MEA-based process.
The project also investigated technical and economic feasibility of pressurised CO2 absorption. Using
a wetted-wall column facility, we investigated the effect of absorption pressure on CO2 absorption
rate, mass transfer coefficient and NH3 loss rate. CO2 absorption at elevated pressure can
simultaneously enhance CO2 absorption rate and reduce NH3 loss rate in aqueous NH3 solutions.
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With an increase in absorption pressure, the extent of reduction in NH3 loss is much higher than that
of increase in CO2 absorption rate. We also carried out a preliminary work to understand the mass
transfer characteristics of CO2 absorption in aqueous NH3 and MEA solutions at elevated pressure.
The overall mass transfer coefficients of CO2 in both solutions obtained at elevated pressure were
lower than those under atmospheric pressure. This could be due to the decrease of the gas side
mass transfer coefficients with an increase in pressure. An economic assessment of flue gas
pressurisation showed that an increase in flue gas pressure led to a moderate decrease in capital
cost, but a substantial increase in energy consumption, resulting in a significant increase in CO2avoided cost. This suggests that pressurisation of flue gas may not be economically viable for CO2
separation from low-pressure flue gas.
To address the slow CO2 absorption rate in aqueous NH3, 6 promoters including piperazine, 1 methyl
piperazine, 2 methyl piperazine, and potassium salts of proline, taurine and sarcosine were studied
in this project. Introduction of these 6 promoters except potassium salt of taurine significantly
enhanced CO2 mass transfer in the solvent, but at the expense of greater NH3 vapour losses. The
mass transfer coefficients of CO2 in amino acid salts and NH3 mixtures are close to those in MEA but
generally lower under the conditions studied. In comparison, NH3 mixed with piperazine or 2-methyl
piperazine can achieve mass transfer coefficients higher than those in MEA.
Stopped-flow spectrophotometry was used to elucidate the mechanism involved in the reaction of
CO2(aq) with NH3/promoter mixture and understand the role of promoters in the reaction. Piperazine
and proline salt (potassium prolinate) were selected as the representative promoters in the study.
Global analysis of the kinetic measurements using a chemical model which incorporated the complete
reaction sets of the individual amines with CO2 (NH3—CO2—H2O and Piperazine—CO2—H2O or
Prolinate—CO2—H2O resulted in good agreement with experimental data. This confirmed the simple
combination of those reactions involved in NH3-CO2-H2O and Piperazine—CO2—H2O or Prolinate—
CO2—H2O can explain the reaction mechanism between CO2 and blended NH3/piperazine or
NH3/Prolinate solutions. Piperazine and prolinate had no catalytic effect on the absorption of CO2. The
enhancement by addition of piperazine or prolinate was due to the fast reaction of CO2 with piperazine
and piperazine carbamate or CO2 with prolinate.
To further assess the effect of promoters on the technical and economic performance of the NH3
based process, a rate-based process model for the system of Piperazine—NH3—CO2—H2O was
developed and validated by the experimental results from open literature and a lab—scale packed
column. A techno— economic analysis of the advanced NH3 process with addition of piperazine
showed that the presence of piperazine in the solution significantly reduced packing height in the
absorber and saved capital costs, but more energy was required in the NH3 recovery unit and for
solvent regeneration. Overall, the capital saving offset increase of energy consumption resulting a
slight decrease in CO2 avoided cost from USD$ 63.6/tonne CO2 without piperazine to USD $
62.1/tonne CO2 with piperazine under the conditions studied.
Finally, based on an existing pilot plant configuration at Vales Point Power Station and the ratebased process model we identified a series of optimal conditions which can guide future pilot plant
demonstration of the advanced aqueous NH3 based process developed in this project.
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2

Recent Advancement of Solvent
Development for Post-Combustion Capture

Post combustion capture (PCC) is a process that uses an aqueous absorption liquid incorporating
compounds such as NH3 or amine to capture CO2 from power station flue gases and many other
industrial sources. It is the leading capture technology as a result of the potential benefits, such as,
-

It can be retrofitted to existing power plants or integrated with new infrastructure to
achieve a range of CO2 reductions, from partial retrofit to full capture capacity;

-

It has a lower technology risk compared with other competing technologies;

-

Renewable technologies can be integrated with PCC, for example, low cost solar thermal
collectors can provide the heat required to separate CO2 from solvents;

-

PCC can be used to capture CO2 from a range of sources – smelters, kilns and steel works, as
well as coal- and gas-fired power stations.

Currently, the commercially available PCC technology is mainly based on alkanol/alkyl amine
solutions. A study by Dave et al. shows that retrofitting a monoethanolamine (MEA) based PCC plant
to the existing/new mechanical draft water cooled black coal fired plants will reduce the power plant
efficiency by 10 absolute percentage points and involves significant capital investment costs (Dave et
al., 2011). The research work has been intensified in recent years to improve the existing solvents or
developed novel solvents to reduce the capital and running costs of the PCC technologies. The
report from Global CCS institute summaries the status of near term PCC technologies up to Jan 2012
(Global CCS Institute 2012). This report provides an update on the recent development of these near
term technologies, as shown in Table 1.

In addition to further development of the near term technologies, intensive research work has been
carried out to develop novel solvents. The focus of these researchers is primarily on increase in
absorption capacity and reduction of energy consumption of the solvents. These novel solvents
include ionic liquids, enzyme catalysed solvents, and phase change solvents. The novel solvents
mentioned above are still at the early stage development and have not been tested in the pilot plant
under the real flue gas conditions.
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Table 1 An update on recent development of the near term post combustion CO2 capture technologies
Technology
provider
Shell Cansolv

Solvent

Comments

Cansolv chemical
solvents

The first commercial post combustion capture plant in a coal fired power station came into operation in the SaskPower Boundary Dam Power
Station in October 2014. The project uses Cansolv’s amine-based SO2 and CO2 capture technology with a capture capacity of ~1 million tonne/year
(IEA, 2015).
The total capital investment for the project was more than CAD$ 1.4 billion (IEA, 2015; MIT, 2016). The CO2 capture plant costed more than
CAD$800 million which was about US$ 780 million in 2013 prices and the remaining was for retrofit costs. The cost for the capture plant is
significantly higher than that predicted for a MEA-based plant (Yu, 2015). As the project is the first of its kind, SaskPower claims that the total
capital cost of future plants could be reduced by 20–30% (MIT, 2015).

MHI

KS-1 sterically
hindered amine
solvent

NRG Energy and JX Nippon Oil & Gas Exploration are jointly carrying out Petra Nova Carbon Capture Project at W.A. Parish Power Plant at
Thompsons, near Houston, Texas. The WA Parish project will utilize the KM-CDR Process and uses a proprietary KS-1 high-performance solvent for
the CO2 absorption and desorption. The CO2 capture capacity is 1.4 million tonnes per annum. The plant is expected to be operational in 2016 and
will be the largest CCS project from a coal fired power station (Global CCS Institute, 2016).
MHI claims that KM-CDR circulation rate is 60% of that for (unspecified) MEA, regeneration energy is 68% of MEA, and solvent loss and
degradation are 10% of MEA. MHI is working on process improvements that are said to have potential to reduce the regeneration heat
requirement to 1860 kJ/kg CO2 from 2790 kJ/kg CO2 (Global CCS Institute, 2012).

Fluor

Econamine FG
Plus

Fluor’s Econamine FG PlusSM technology is claimed to reduce steam consumption by over 30% compared to ‘generic’ MEA technology and has
been used in more than 25 commercial plants for the recovery of CO2 from flue gas at rates from 6 to 1000 metric tonnes per day.
Fluor’s Econamine FG PlusSM technology has been applied to demonstrate removal of CO2 from flue gas at E.ON’s Wilhelmshaven coal-fired power
plant. The Wilhelmshaven carbon capture pilot plant can capture 70 tonnes per day when operating at full capacity (Reddy et al., 2013).

Alstom Power

Aqueous
ammonia

Alstom conducted field tests of the Chilled Ammonia Process (CAP) and completed a demonstration project at American Electric Power’s
Mountaineer Plant in 2011. The technology was also demonstrated successfully at Technology Centre Mongstad (Lombardo et al., 2014), the world’s
largest facility for evaluating carbon capture technologies (Lombardo G., 2014). The results from CAP operation at TCM include: CO2 capture rates
from 80% to 87%, CO2 purity of greater than 99.9%, and Low NH3 emissions.

Alstom Power

Advanced amine
solvent

Dow Oil & Gas and Alstom are jointly developing advanced amine process (AAP) technology that utilizes UCARSOL™ FGC 3000, an advanced amine
solvent from Dow, in combination with advanced flow schemes to provide a cost-effective post-combustion, carbon capture technology for
application in power plants worldwide. The carbon capture demonstration plant was located at the EDF thermal power plant in Le Havre, France,
and captured its first tonne of CO2 in July 2013. The test programme was completed in March 2014.
The technology has successfully been demonstrated in the field at > 99.9% pure CO2 product quality at 90% capture rates. The AAP design has
been optimized for emissions mitigation and control and has less solvent degradation as compared to Monoethanolamine (MEA) solvent
(Baburao, 2014).
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Babcock & Wilcox

OptiCapTM

Babcock & Wilcox Power Generation Group, Inc. (B&W PGG) completed a three months test campaign from September 2011 to December 2011
using OptiCap solvent. The test run spanned approximately 2,000 hours.
The OptiCap solvent has many benefits including low corrosivity, low regeneration energy, and an expected high resistance to solvent
degradation. The lowest regeneration energy measured was 2.55 MJ/Kg CO2. In addition, it offers the ability to operate the capture process at
elevated pressures due to its thermal stability, which will have a significant favourable impact on mechanical compression energy (Gayheart,
2013).

Aker Clean
carbon (ACC)

ACC proprietary
solvents

ACC tested its solvent on the CO2 technology Centre Mongstad in 2012. The test campaigns showed that ACC advanced solvents S21 and S26 show
good energy performance and are superior to 30 wt% MEA with respect to solvent degradation, ammonia emission and nitrosamine formation.
For example, the reboiler duty for solvents S21 and S26 was found to be approximately 10% lower than that for MEA. Solvent amine losses have
been quantified to approximately 2.6 kg amine/tonne CO2 captured for MEA, 0.5-0.6 kg amine/tonne CO2 captured for the advanced solvent S21,
and 0.2-0.3 kg amine/ton CO2 captured for the advanced solvent S26 (Gorset, 2014).

Siemens

PostcapTM

The technology is based on amino acid salt which is environmentally friendly and biodegradable. The amino acid salt has a very low vapour pressure
and practically no solvent vapour is emitted to the environment. The solvent has a high selectivity to CO2 and a good absorption property which
leads to high purity of CO2 product and use of less solvent. The specific heat required in the PostCapTM process amounts to a proximately 2.7 GJ per
tonne of CO2 separated. The technology was verified in a pilot plant at the E.ON coal-fired power plant Staudinger near Frankfurt, Germany
(Siemens, 2014).

BASF

OASE® blue

According to BASF, OASE® blue (an amine based technology) was developed specifically as an optimized large-scale post-combustion capture (PCC)
technology. With low energy consumption, low solvent losses and an exceptionally flexible operating range OASE® blue is the paramount technology
for use in flue gas carbon capture from sources such as fossil power generation plants or steam turbines. Testing using a 0.45-MWe pilot plant
utilizing lignite-fired power plant flue gas has shown that the OASE blue solvent was stable and little degradation was observed ove 5,000 hours,
whereas the reference MEA solvent started to degrade appreciably under same conditions (NTEL, 2013).
Linde is refining a post-combustion capture technology incorporating BASF’s OASE® blue based process to reduce regeneration energy requirements
by designing, building, and operating a 1-MWe equivalent slipstream pilot plant at the National Carbon Capture Center (NTEL, 2013).

University of
Texas at Austin

Piperazine based
solvent

Compared to MEA based solvents, the piperazine based solvents are more stable, have a faster CO2 absorption rate and higher capture capacities
and allow high pressure generation. Pilot plant trials at University of Texas at Austin has showed that with advanced flash stripper, the capture
process based on 5 M PZ (mole/kg water) can achieve regeneration energies of 2.1-2.5 GJ/tonne CO2. (Chen, 2015).

China Huaneng
Group

Amine based
solvents

China Huaneng Group has been operating an amine based PCC demonstration plant at Shanghai Shidongkou No. 2 Power Plant since 2009.. The
CO2 capture capacity is 100,000 -120,000 tonnes/per annum. The technology was claimed to have a capture cost of US$30–35 per tonne of CO2,
including the further expense of purifying the captured gas for use in the food and beverage industry. The chemical composition of the solvent is
not reported in open literature (Tollefson, 2011).

12

References
Baburao, B., Bedell, S., Restrepo, P., Schmidt, D., Schubert, C., DeBolt, B., Haji, I., Chopin, F., 2014.
Advanced amine process technology operations and results from demonstration facility at EDF Le
Havre, Energy Procedia, 63, 6173-6187.
Chen, E., , Zhang, Y., , Sachde, D., , Lin, Y.J., Rochelle, G.T., 2015. Evaluated pilot plant results for 5 m
piperazine with the advanced flash stripper,
http://ieaghg.org/docs/General_Docs/PCCC3_PDF/5_PCCC3_6_Chen.pdf. Access in February 2016.
Tollefson, J., 2011, Low-cost carbon-capture project sparks interest, Nature, 469, 276-277.
Dave, N., Do, T., Palfreyman, D., and Feron, P. H. M., 2011. Impact of liquid absorption process
development on the costs of post-combustion capture in Australian coal-fired power stations,
Chemical Engineering Research & Design, 89, 1625-1638.
Gayheart, J. W., Moorman, S. A., Parsons, T. R., and Poling, C. W. ,2013. Babcock & Wilcox Power
Generation Group, Inc.’s RSAT™ process and field demonstration of the OptiCap™ advanced solvent
at the US-DOE's National Carbon Capture Center, Energy Procedia, 37, 1951-1967.
Global CCS Institute, 2012. CO2 capture technologies - post combustion capture (PCC),
http://www.globalccsinstitute.com/publications/co2-capture-technologies-post-combustioncapture-pcc. Access in February 2016.
Gorset, O., et al., 2014. Results from testing of Aker Solutions advanced amine solvents at CO2
Technology Centre Mongstad, to be presented in the 12nd International Conference on Greenhouse
Gas Control Technologies (GHGT 12).
IEA, 2015. Integrated carbon capture and storage project at Saskpower’s Boundary Dam Power
Station, http://www.ieaghg.org/docs/General_Docs/Reports/2015-06.pdf. Access in February 2016.
Global CCS Institute , 2016. Petra Nova Carbon Capture Project,
https://www.globalccsinstitute.com/projects/petra-nova-carbon-capture-project. Access in Feburary
2016.
Lombardo G., Agarwal R., Askander J.,2014. Chilled ammonia process at Technology Center
Mongstad-first results, Energy Procedia, 51, 31-39.
MIT, 2016, Boundary Dam Fact Sheet: Carbon Dioxide Capture and Storage Project.
https://sequestration.mit.edu/tools/projects/boundary_dam.html. Access in February 2016.
NETL, 2013. Post-combustion solvents,
http://www.netl.doe.gov/File%20Library/Research/Coal/carbon%20capture/handbook/CO2Capture-Tech-Update-2013-Post-Combustion-Solvents.pdf. Access in February, 2016.
Reddy, S., Scherffius, J. R., Yonkoski, J., Radgen, P., and Rode, H.,2013. Initial results from Fluor's CO2
capture demonstration plant using Econamine FG PlusSM technology at E.ON Kraftwerke's
Wilhelmshaven power plant, Energy Procedia, 37, 6216-6225.
Siemens, 2014., Frequently asked questions for Siemens PostcapTM CO2 capture technology,
http://www.energy.siemens.com/mx/pool/hq/power-generation/power-plants/carbon-capturesolutions/FAQ-summary%202014_07_24-revOR.pdf. Access in February 2016.

13

Yu, H., Wardhaugh, L., Li, K. and Tade, M., 2015. Techno-economic assessment of an aqueous
ammonia-based CO2 capture technology with process improvements, Technical Report No. 6 for the
Project to Australian National Low Emissions Coal Research and Development (ANLEC R&D).

14

3

Introduction

Post-combustion capture (PCC) is one of the leading capture technologies for significant reduction of
CO2 emissions from coal-fired power stations. Currently, the state-of-the-art PCC technology is based
on amine solutions: monoethanolamine (MEA) in particular. A report by the United States
Department of Energy (DOE) (Ramezan, 2007) shows that the advanced amine technology will
reduce power plant efficiency by 30%, and involve significant capital investment costs for retrofitting
an existing coal-fired power station (Conesville unit 5 in Ohio, subcritical, 90% capture). The
incremental levelised cost of electricity (LCOE) is estimated to be US$69/MWh. Recent studies of low
CO2 emission technologies for power generation in the Australian context (EPRI, 2010) show that the
addition of an advanced amine PCC process (state of the art) and CO2 transport and storage to a new
coal-fired power station (pulverised black coal, supercritical, 750 MW sent out) will lead to a
decrease in plant efficiency from 38 to 28.4 % (25.3% decrease) and an increase in LCOE from A$77
to A$167/MWh (Figure 1a). As shown in Figure 1b, this significant increase is due to increase in
capital (plant cost), fuel, operating and maintenance (O&M) and CO2 transport and storage. The
capital cost increase accounts for almost 60% of the total incremental LCOE. High capital costs are
due to the fact that the new plants have to process more than 33% extra coal to have the same
power output, and need to remove a large amount of CO2 from an even larger amount of flue gas
and compress it. This involves an increase in the size of the existing equipment and introduction of
flue gas desulfurisation (FGD) unit and CO2 capture and compression facilities.
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Figure 1 (a) Levelised cost of electricity (LCOE) for a new plant with and without carbon capture and
storage (CCS); (b) incremental LCOE with amine-based CCS (results derived from [a]). The estimated
incremental LCOE with the advanced ammonia-based CCS is also included in (b) to demonstrate the
potential benefits of using ammonia-based CCS. The estimation is made in this work and based on
the assumption that the expected advancements for ammonia-based CCS can be achieved
The advanced amine solvent has poor SOX tolerance, which requires a deep cut in SO2 content to
levels below 10 ppm. The cost of building a FGD unit is substantial. According to the EPRI report, in a
new plant in Australia, the bare erected capital cost increase due to CO2 removal and compression is
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A$888 million, while capital increase due to clean up costs (installation of FGD) is A$90 million (EPRI,
2010). FGD alone will count for more than 9% of the increased capital costs.
It is clear that to make carbon capture and storage (CCS) technologies, and in particular PCC,
economically more feasible, research must focus on the reduction of capital costs by using more
efficient, smaller and cheaper units, and the development of solvents that require low parasitic
energy consumption. The low energy consumption means the use of less coal and treatment of less
gas, which results in a smaller facility, and has fewer environmental and health effects.
Advantages of aqueous ammonia-based PCC
Aqueous ammonia is a promising emerging solvent for CO2 capture. Compared with other amines,
ammonia, as one of the most widely produced chemicals in the world, is a low-cost solvent, does not
degrade in the presence of O2 and other species present in the flue gas, and is less corrosive. The
environmental and health effects of ammonia are well studied and are more benign than amines.
Ammonia has a high CO2 removal capacity and a low regeneration energy. It also has the potential of
capturing multiple components (NOx, SOx, CO2 and Hg) (Ciferno, 2005) and producing value-added
products such as ammonium sulfate and ammonium nitrate, which are widely used as fertilisers.
This potential is of particular interest to Australian power stations, since desulfurisation and DeNOx
are not implemented in Australia. It has been estimated by Powerspan (McLarnon, 2009) that the
power plant efficiency loss is below 20% for an ammonia-based capture process. A scoping study by
the DOE (Ciferno, 2005) suggested that the incremental cost of electricity using ammonia is less than
half of that using traditional amines. It has to be pointed out that these reports assumed the
availability of low-temperature cooling water for solvent and flue gas cooling and recovery of
ammonia. In Australia, where the ambient temperature is generally high, the energy consumption
for production of low-temperature cooling water is expected to be high, thus partially offsetting the
energy saving from the solvent regeneration.
CSIRO has identified aqueous ammonia-based technology as a promising low-cost technology for
significant reduction of multiple components of emissions from coal-fired power stations in
Australia. CSIRO and Delta Electricity completed pilot-plant trials of aqueous ammonia-based
capture technology under real flue gas conditions in an A$7 million pilot-plant scale research facility
at Delta’s Munmorah Power Station in 2010. The pilot-plant trials confirmed the benefits and
technical feasibility of the process and its potential for application in the Australian power sector.
The benefits include high CO2 removal efficiency (more than 85%), production of high purity of CO2
(99–100 vol%), effective combined SO2 removal (more than 95%) and ammonia recovery, high
stability of ammonia solvent and low regeneration energy. Part of the results were published in a
number of conferences and journal papers (Yu, 2011a and 2011b). This was the first time that results
from an aqueous ammonia plant operating on real flue gases were published.

Areas for improvement
The pilot-plant trials have identified a number of research opportunities to further develop aqueous
ammonia-based capture technologies:
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 Relatively low CO2 absorption rate compared with amine-based solvent, which results in 2–3
times the number of absorbers compared with MEA (the benchmark solvent), and thus
higher capital costs.
 Relatively high ammonia loss at high CO2 absorption rate. The consumption of wash water is
high.
 Operating the desorption process in a similar pattern to regular amine processes will result
in the formation of ammonium bicarbonate solids in the condenser, resulting in blockage.
 The available process simulation models were insufficient to support the process
optimisation and scale-up.
These factors limit the economical feasibility of the aqueous ammonia-based PCC process. In this
research project, CSIRO collaborated with the University of Newcastle and Curtin University of
Technology to explore and evaluate novel approaches and concepts to address the above challenges
and further advance the aqueous ammonia-based PCC process in the Australian context.
In the last report (Yu, 2015), we presented a techno-economic assessment of an advanced aqueous
ammonia-based PCC process, which was developed in this project. The advanced process
incorporated a number of process improvements including two-stage absorption, stripper rich-split
and stripper inter-heating . In this final report, we extended the developed model for the NH3-CO2H2O system to include piperazine (PZ) as a promoter, and validated the rate-based model for the PZNH3-CO2-H2O system. The effect of PZ addition on the techno-economic performance of the
advanced aqueous ammonia-based PCC process was studie. To conclude the project, we provided a
summary of the outcomes of the project, gave some specific comments about applicability of the
technology to Australian conditions and made some recommendations for the future work.
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4

Approaches and Methodologies

This section describes the approaches and methodologies used in the development of a rate-based
model for the NH3—PZ—CO2—H2O system.
4.1 Development of a rate-based model for NH3/PZ mixture based capture process
Development of a rate- based model for the NH3—PZ—CO2—H2O system is an extension of our
previous work on the development of a rate-based model for the NH3—CO2—H2O and NH3—SO2—
CO2—H2O systems (Yu, 2014). Approaches and methodologies used were similar to those adopted
for the NH3—CO2—H2O and NH3—SO2—CO2—H2O systems and were described briefly in this report.
The rigorous rate-based process model was built within the RateFrac module in Aspen plus. The
process model consisted of a thermodynamic model, a transport model and a rate- based model.
For the vapor liquid equilibrium of the non-ideal CO2 loaded aqueous ammonia and PZ blended
solution, the electrolyte NRTL model was applied to calculate liquid phase properties and the
Redlich-Kwong equation of state for calculation of fugacity coefficients in the vapor phase (Aspen
Technology, 2010). The CO2, NH3 and N2 were declared as the Henry’ law components. All other
vapour phase properties were assumed to follow ideal gas law (Aspen Technology, 2010).
The following reactions occurring in the NH3—PZ—CO2—H2O system were considered in the
chemistry model:
Keq ,1

2H2 O  H3O  OH 
Keq ,2

NH3  H2 O  NH4  OH
Keq ,3

CO2  2H2 O  H3O  HCO3

3

(1)
(2)
(3)

Keq,4

(4)

Keq ,5

(5)

NH3  HCO  H 2 O  NH 2 COO

HCO3  H2 O  H3O  CO32
eq,6
NH4 HCO3 
 NH4  HCO3

(6)

eq,7
PZ+ HCO3- 
 PZCOO- + H2O

K

(7)

eq,8
PZH+ +H2O 
 PZ+H3O+

(8)

eq,9
HPZCOO+H2O 
 PZCOO- +H3O+

(9)

eq,10
PZCOO- +HCO3- 
 PZ(COO- )2 +H2O

(10)

K

K

K

K
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The reactions of CO2 with NH3, PZ and OH– (reactions 11–18) were kinetically controlled and also
included in the chemistry model.
r,1
CO2 +OH- 
HCO3-

(11)

r,2
HCO3- 
CO2 +OH-

(12)

r,3
NH3 +H2O+CO2 
NH2COO- +H3O+

(13)

r,4
NH2COO- +H3O+ 
NH3 +H2O+CO2

(14)

r,5
PZ+H2O+CO2 
PZCOO- +H3O+

(15)

r,6
PZCOO- +H3O+ 
PZ+H2O+CO2

(16)

r,7
PZCOO- +CO2 +H2O 
PZ(COO- )2 +H3O+

(17)

r,8
PZ(COO- )2 +H3O+ 
PZCOO- +CO2 +H2O

(18)

K

K

K

K

K

K

K

K

Transport properties are required when describing mass and heat transfer in the rate-based model.
In this study, the Clarke model was used to calculate the liquid density of the electrolyte solutions.
Liquid viscosity was computed by the Andrade and DIPPR (Design Institute for Physical Properties)
models, and an electrolyte correction for the presence of the NH3—CO2—H2O system was applied
using the Jones-Dole model. Thermal conductivity was calculated with the Sato-Riedel and DIPPR
models and adjusted using the Riedel model. The Nernst-Hartley model was applied to determine
the diffusivity of each species. The surface tension was calculated by the Hakim-Steinberg-Stiel and
DIPPR models, and corrected with the Onsager-Samaras model (Aspen Technology, 2010).
4.2 Model validation
In order to evaluate the accuracy of this model in predicting the performance of CO2 absorption with
NH3/PZ blended solution, the model was at first adopted to predict the thermodynamic properties of
the NH3—PZ—CO2—H2O system and validated against experimental data in the open publications.
Then, the absorption process of CO2 with NH3/PZ blended solution was carried out on a lab-scale
facility and the key parameters obtained from experiments were compared with the predicted
values.
4.2.1 Thermodynamic performance
Figure 2 shows good agreement between predicted CO2 partial pressure and the experimental data
from Ermatchkov et al. (2006) in the PZ—CO2—H2O system.
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Figure 2 Comparison of predicted CO2 partial pressure with the experimental data from
Ermatchkov et al. (2006) in the PZ—CO2—H2O system
Figure 3 shows comparison of predicted (a) CO2 and (b) NH3 partial pressures with the experimental
data from Van Krevelen (1949) as a function of CO2 molality in the NH3—CO2—H2O system. An
excellent agreement for CO2 partial pressure was obtained. The experimental NH3 partial pressures
were slightly higher than the predicted values
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(a)

(b)

Figure 3 Comparison of predicted (a) CO2 and (b) NH3 partial pressures with the experimental data
from Van Krevelen (1949) as a function of CO2 molality in the NH3—CO2—H2O system
.
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Figure 4 Comparison of predicted NH3 partial pressures with experimental results from Liu et al.
(2011) in the NH3—PZ—H2O system.
Comparison of predicted NH3 partial pressures with experimental results from Liu et al. (2011) in the
NH3—PZ—H2O system is presented in Figure 4. The predicted values agreed well with the
experimental results.
4.2.2 Absorption process
Since there is a lack of experimental results for absorption of CO2 in NH3/PZ blended solution in a
packed column in the open publication, we utilised a lab-scale facility to obtain data for the
validation of the developed model.
Description of experiment
Figure 5 shows the schematic diagram of the experimental system. The CO2 in the simulated flue gas
was absorbed into the PZ/NH3 blended solution along the column. The column was packed with 3
mm Dixon ring with the diameter of 0.06 m and the height of 1 m. The temperature distribution
along the column was measured with thermocouples. The column was covered with heat shielding
materials to minimize the heat transfer between the column and the environment. A FTIR analyzer
was used for the on-line measurement of the concentration of CO2 and NH3 in the outlet gas. An
automatic titrator was used to determine the composition of the reaction solutions.
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Figure 5 The schematic diagram of experimental system
In total 16 cases of experiments were conducted. Table 2 lists the detailed operating conditions of
each case. The concentration of PZ and NH3 in the solution, the flow rate and temperature of the
solution were varied.
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Table 2 Summary of experimental conditions for 16 cases. Gas flow rate = 19.2 l/min; Gas inlet T =
25oC; CO2 concentration at the inlet = 10%; CO2 loading (mol/CO2/mol NH3) =0.20
Case No.
1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16

NH3 con.
wt%
4.78
4.82
4.9
4.85
2.87
7.02
8.76
4.90
4.90
4.90
4.90
4.90
4.90
7.02
2.87
8.76

PZ con.
wt% (mol/l)
0
2.94 (0.34)
4.97 (0.58)
6.96 (0.81)
5.08 (0.59)
4.97 (0.57)
4.86 (0.56)
4.97 (0.57)
4.97 (0.57)
4.97 (0.57)
4.97 (0.57)
4.97 (0.57)
4.97 (0.57)
0
0
0

Flow rate of liquid
L/h
4.0
4.0
4.0
4.0
4.0
4.0
4.0
3.0
2.0
4.4
4.0
4.0
4.0
4.0
4.0
4.0

liquid T
o
C
14.5
14.5
14.5
14.5
14.5
14.5
14.5
14.3
14.7
14.7
10.2
19.7
24.8
14.5
14.5
14.5

Model validation
The CO2 removal efficiency, the NH3 concentration in the outlet gas, the temperature along the
column and the composition of rich solution were compared with experimental values to evaluate
the performance of this model in predicting the absorption process. The results are presented in
Figures 6- 9. The dash lines stands for the boundaries with the relative deviation of 15%. The relative
deviation of predicted values were less than 15% in most of the cases.
For the temperature profiles shown in Figure 9, it was observed that the model overestimated the
temperature when the temperature was higher than 25 oC and underestimated it when the
temperature was lower than 25 oC. The detailed layout of thermocouples in the experiment facility
was shown in Figure 4. The thermocouples measured the temperature in the jacket instead of the
solution in the packing material. The temperature in the jacket was between the temperature in the
column and the room temperature, which was about 25 oC during the experiment.
In conclusion, this model can satisfactorily predict the performance of absorption process in a
packed column.

25

Figure 6 Parity plot of CO2 removal efficiency obtained experimentally and from the ratebased model under conditions listed in Table 2

Figure 7 Parity plot of NH3 concentration in the outlet gas obtained experimentally and from
the rate-based model under conditions listed in Table 2
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Figure 8 Parity plot of NH3 concentration in the rich solution obtained experimentally and
from the rate-based model under conditions listed in Table 2

Figure 9 Parity plot of temperature profile obtained experimentally and from the rate-based model
under conditions listed in Table 2
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5

Results and Discussion

5.1 Further analysis of role of piperazine in the capture process
Further analysis was conducted to understand the effects of various parameters on the performance
of CO2 capture process using the NH3 and PZ mixture. The concentrations of NH3 and PZ in the
solution, the flow rate of the solution and the temperature of lean solution were considered. The
CO2 removal efficiencies were compared with a MEA based CO2 capture process, which was
simulated with the model proposed by Li et al. (2014).
5.1.1 Effect of the PZ concentration
Figure 10 shows the CO2 removal efficiency and NH3 concentration in the outlet gas as a function of
the concentration of PZ in the lean solution at the fixed CO2 content in the solution. The dash line
shows the predicted CO2 removal efficiency of MEA based capture process. The lean solution was 30
wt% aqueous MEA with a CO2 loading of 0.2. Other conditions were the same as those for case No.
12 listed in Table 2.
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Figure 10 (a) CO2 removal efficiency and (b) NH3 concentration in the outlet gas as a function of the
concentration of PZ (NH3) in the lean solution. Detailed conditions are listed as case No. 1, 2, 3 and
4 in Table 2
The CO2 removal efficiency increased significantly with an increase in PZ concentration. For
comparison, Figure 10 also includes the predicted results as a function of the concentration of added
NH3. With an increase in concentration of additional NH3 in the solution (replacement of PZ with
NH3), the CO2 removal efficiency increased only slightly. This indicates that the introduction of PZ can
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significantly enhance CO2 absorption. The lean solution containing 5 wt% NH3 and 7 wt% (0.81
mol/L) PZ can achieve the CO2 removal efficiency comparable with 30% MEA using the same column.
However, the NH3 loss from the absorber increased significantly with an increase in PZ
concentration. This is mainly due to two reasons. PZ reacted with CO2 at a much higher rate than
NH3, which enhanced CO2 absorption in the mixture and also resulted in more free NH3 left in the
solution compared to the unpromoted case. The enhanced CO2 absorption released more heat to
the solution resulting in higher liquid temperature (shown in Figure 11). Both high free NH3
concentration and high solvent temperature contributed to a high NH3 evaporation to the gas.

Figure 11 The temperature profile along the column under different concentration of PZ in the
solution. Detailed conditions are listed as case No. 1, 2, 3 and 4 in Table 2
5.1.2 Effect of the NH3 concentration
Figure 12 shows the CO2 removal efficiency and NH3 concentration in the outlet gas as a function of
the concentration of NH3 in the lean solution at the PZ concentrations of 0 and 5 wt%. Both the CO2
removal efficiency and NH3 concentration in the outlet gas increased as the concentration of NH3 in
the lean solution increases with or without PZ in the solution. In the presence of PZ, the extent of
increase in CO2 removal efficiency was smaller and the extent of increase in NH3 loss was larger.
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Figure 12 The CO2 removal efficiency and NH3 concentration in the outlet gas as a function of the
concentration of NH3 in the lean solution. Detailed conditions are listed as case No. 1, 3, 5, 6, 7, 14,
15 and 16 in Table 2
5.1.3 Effect of the flow rate
Figure 13 shows the effect of the gas-liquid ratio on the absorption process. As the flow rate of lean
solution increased, the CO2 removal efficiency and NH3 loss increased as well. Liquid flooding was
observed when the flow rate of solution was higher than 4.4 L/h in this work. A CO2 removal
efficiency comparable to MEA process was observed under high liquid flow rate.
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Figure 13 CO2 removal efficiency and NH3 concentration in the outlet gas as a function of the flow
rate of the lean solution. Detailed conditions are listed as case No. 3, 8, 9 and 10 in Table 2
5.1.4 Effect of temperature
The absorption temperature had two different effects on the CO2 absorption process. On one hand,
increasing temperature increased the reaction rate and favoured absorption process. However, on
the other hand, considering the absorption of CO2 is an exothermic reaction, increasing absorption
temperature affected the reaction equilibrium and inhibited the absorption of CO2 into the
absorbent. With the addition of PZ into the aqueous ammonia solution, the reaction of CO2 with the
absorbent was promoted. As shown in Figure 14, the CO2 removal efficiency decreased as the
temperature of lean solution increased. What’s more, an increase in temperature led to a higher NH3
loss from the absorber. Therefore, low temperature is in favour of the absorption process of NH3/PZ
blended solution for CO2 capture.
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Figure 14 The CO2 removal efficiency and NH3 concentration in the outlet gas as a function of
temperature of the lean solution. Detailed conditions are listed as case No. 3, 11,12 and 13 in Table
2
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5.2 Techno-economic performance of the advanced aqueous ammonia based capture process with
process modifications and piperazine promoter
In the previous reports, we presented a techno-economic assessment of an advanced aqueous
ammonia based process with process improvements including rich split and inter-heating stripper
modifications (Yu, 2015a, 2015b). The mass balances of CO2, NH3 and H2O for the process were
analysed.
Using the rate-based model for the PZ—NH3—CO2—H2O, we assessed the effect of PZ addition on
the techno-economic performance of the advanced aqueous ammonia based process. The
approaches and methodologies and assumptions were the same as those used in the previous
analysis except that PZ was added to the solvent as a rate promoter.
Table 3 Summary of key operational conditions and results from the techno-economic assessment
of the advanced aqueous ammonia processes
Case No.

NH3 concentration of solvent
(wt%.)
PZ concentration of solvent (wt%.)
CO2 loading (mol CO2/mol
alkalinity)*
Flow rate of Gas (cum/sec)
Flow rate of Lean solvent
(cum/min)
T of Gas inlet (℃)
T of Lean solvent inlet (℃)
CO2 concentration in flue gas (V%)
Packing height of ABS1 (m)
Packing height of ABS2 (m)
Total packing height (m)
CO2 flow rate inlet (tonne/h)
CO2 capture rate (tonne/h)
CO2 removal efficiency (%)
NH3 concentration in outlet gas (%)
Stripper/Reboiler T (℃)
Stripper Pressure (bar)
Heat duty (MJ/kg CO2)
Total energy consumption, MW
Total capital cost, million USD$
LCOE, USD$/MWh
CO2 avoided cost
USD$/tonne CO2
Net efficiency of Power station +
PCC plant

1
Advanced NH3
process

3
PZ promoted NH3
process

6.8

2
NH3 process with SO2
removal and deep
water purification
6.8

0
0.25

0
0.25

3.45
0.25

200
67

200
67

200
67

44.2
25
11.6
15
5
20
139.5
118.1
84.7
1.17
145.5
10
2.47
125.3
777.4
108.5
63.3

44.2
25
11.6
10
5
15
139.5
118.1
84.7
1.17
145.5
10
2.47
126.4
777.4
109.2
63.6

44.2
25
11.6
10
5
15
139.5
119.1
85.4
1.55
141.1
10
2.50
127.5
740
108.1
62.1

31.4%

31.3%

31.3%

6.8

*: mol alkalinity = mol NH3+ 2 *mol PZ.
Table 3 lists the key operational conditions and results of the techno-economic assessment. Three
cases were considered. Case 1 was presented in the previous report in which SO2 was not considered
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in the analysis and NH3 concentration in the discharged water was relatively high (Yu, 2015b). In this
report, we included SO2 removal and provided an updated techno-economic assessment of an
advanced aqueous ammonia based capture process (case 2). The SO2 concentration in the flue gas
was assumed to be 200 ppm, an average concentration for the flue gas in the black coal fired power
station in NSW. We also adjusted the operation conditions for the water separation unit to reduce
the NH3 concentration in the discharge water below sewer disposal pollution limit in NSW (AMPC,
2004) so that the water could be sent to local sewer disposal sites and did not need to be treated in
power stations.
The mass balances of NH3, CO2 and H2O for case 2 are showed in Figure 15. NH3 concentration in the
gas leaving wash column was 19 ppm and in the discharged water was 38 ppm (mg/L). The material
balances of CO2, NH3, and H2O in each unit of the entire CO2 capture system were maintained.
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H2O makeup
(25 oC, 15.0 t/h):
CO2 0.19 kg/h
H2O 15.0 t/h
NH3 0.57 kg/h

Vent gas (14.5 oC, 632.9 t/h):
CO2 21.4 t/h
H2O 6.7 t/h
NH3 7.5 kg/h (19 ppmv)

NH3 recycle unit

Ammonia makeup
(25 oC, 379.2 kg/h):
H2O 185 kg/h
NH3 194.2 kg/h

Chiller
Wash

To wash column
(25.1 oC, 644.1 t/h):
CO2 22.6 t/h
H2O 12.6 t/h
NH3 4.6 t/h

CO2 capture unit
Mixer

Cooler 3
Blower 1

Pump 2

Stage 2

Pretreatment

Flue gas

Cooler 2
To absorber
(20 oC, 762.6 t/hr):
CO2 139.1 t/hr
H2O 6.6 t/hr
NH3 3.3 t/hr

CO2
absorber
Stage 1

Condenser
Heat
Exchanger 2
CO2
Stripper
Steam

CO2 compression unit

Heater Heat
Exchanger 1
Flue gas:
(120 oC, 781.6 t/h):
CO2 139.5 t/h
SO2 0.34 t/h (200 ppmv)
H2O 28.6 t/h
NH3 0 t/h

CO2 Product
(10 bar,45 oC, 118.7 t/h):
CO2 118.2 t/h
H2O 485 kg/h
NH3 4.5 kg/h (96ppmv)

Blower 2

Cooler 1

Decant
(40 oC, 436 kg/h):
CO2 2.0 kg/h
H2O 429.4 kg/h
NH3 4.5 kg/h

Pump 4

Heat
Exchanger 3

SO2 solution:
(46.3 oC, 350 t/h):
H2O 347 t/h
CO2 2.8 t/h
SO2 build-up
NH3 build-up

Fertiliser
production

Pump 1
To cooling tower:
(48 oC, 808.3 t/h):
CO2 140.7 t/h
SO2 0.34 kg/h (1.8 ppbv)
H2O 49.5 t/h
NH3 4.4 t/h

Pump 5

Pump 3

Water separation unit
Condenser 2

To capture system
(95.2 oC, 9.1 t/h, gas):
CO2 1.7 t/h
H2O 6.3 t/h
NH3 1.1 t/h

Reboiler

To storage
(110 bar, 40oC, 118.2 t/h):
CO2 118.2 t/h
H2O 55.6 kg/h
NH3 0.5 g/h (4ppbv)

Cooling tower
(NH4)2SO4

Heat
Exchanger 4

Condensate
(46.3 oC, 45.6 t/h, liquid):
CO2 1.6 t/h
H2O 42.9 t/h
NH3 1.1 t/h

NH3/CO2
Stripper

Steam
Cooler 4

Pump 6

Pump 7

Reboiler 2

Separated water
(25 oC, 36.5/h, liquid):
CO2 0.46 kg/h
H2O 36.6 t/h
NH3 1.38 kg/h

Discharged water
(25 oC, 21.5 t/h, liquid):
CO2 0.27 kg/h
H2O 21.5 t/h
NH3 0.81 kg/h (38 ppm)

Figure 15 Material balance of the advanced NH3-based CO2 capture process (Case No. 2 In Table 3)
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The presence of SO2 in the flue gas affected the capture process and its technical and economic
performance. As shown in Figure 16, the predicted SO2 removal efficiency was more than 99%. This
was due to high solubility of SO2 and strong interaction between NH3 and SO2 in the solution. With
the increasing cycles (operation time), the captured SO2 was accumulated in the solution as forms of
(NH4)2SO3 and NH4HSO3 with the (NH4)2SO3 being the dominant SO2 containing species, as shown
Figure 16b. The formation of (NH4)2SO3 and NH4HSO3 led to consumption of additional NH3 and the
NH3 make up increased by 161 kg/h compared to Case 1. The concentrated sulfur-containing
solution needed further treatment before these chemicals reached saturation in wash water. The
sulfur treatment process was not covered in this project. There are commercial processes available
for the production of (NH4)2SO4 fertilizer using sulfur-containing solutions generated from the
aqueous ammonia based SO2 removal process (Kohl, 1997). In this report, we assume that the
concentrations of sulfur-containing species in the solution can be kept low and the additional
treatment step was self-sustained. In other words, the benefits from selling the product ammonium
sulfate can cover the costs of its production.
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Figure 16 (a) SO2 capture efficiency and SO2 emission level and (b) (NH4)2SO3 and NH4HSO3
concentrations as a function of number of cycles
We also adjusted the operation conditions for the stripper in the water separation unit and changed
the stripping pressure from 1 to 1.1 bar and the reboiler temperature from 100 to 102.3°C. The change
resulted in an increase of reboiler duty by 265 kW for one process which is equivalent to an increase
of 0.06 MJ/kg CO2 (from 0.13 MJ/kg CO2 in Case 1 to 0.19 MJ/kg CO2 in case 2). Economically, the
increase of NH3 makeup and energy consumption resulted in the increase of CO2 avoided cost from
US$ 63.3/tonne CO2 to US$ 63.6/tonne CO2.
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Case 3 in Table 3 is the same as case 2 except that PZ was added to show effect of PZ addition on the
technical and economic performance of the advanced aqueous NH3 process with process
configurations. In the assessment, the concentration of PZ was selected to be 3.5 wt% (0.4 mol/kg
water) for 6.8% NH3 (4 mol/kg water). The selection of a low PZ concentration was based on
consideration that high PZ concentrations can enhance CO2 absorption but increase ammonia loss to
a larger extent, as shown in Figure 10. In addition, the solvent degradation will increase with an
increase in PZ concentrations. Low PZ concentration could be a comprised option which allows
benefit from use of PZ while minimises its adverse impact.
As shown in Case 3 in Table 3, the addition of PZ into the aqueous NH3 solution improved the CO2
absorption rate, reducing the absorber height from 20 to 15 m at the similar CO2 removal efficiency
(85%). This saved $9.4 million capital cost for absorber column and associated packing materials. On
the other hand, the NH3 concentration in the gas leaving absorber (entering wash column) increased
from 11000 ppmv to 155000 ppmv. The water circulation had to increase from 350 to 465 t/h to
recover the vaporised NH3 and limit NH3 emission concentration in the gas below 25 ppm. As a
result, the energy consumption for the NH3 recycle unit increased by 335 kWh for one process train.
Addition of a small amount of PZ only slightly increased the energy consumption for solvent
regeneration from 2.47 to 2.50 MJ/kg CO2. This increased the energy consumption by 280 kWh for
one process train.
Overall, the capital saving offset increase of energy consumption resulting a slight decrease in CO2
avoided cost from $ 63.6/tonne CO2 to $ 62.1/tonne CO2. Please note the cost did not consider the
increase of O&M cost with the PZ introduction because the PZ make up rate was unknown and the
cost was not available.
The mass balances of NH3, CO2 and H2O for case 3 are showed in Figure 17. NH3 concentration in the
gas leaving wash column was 24 ppm and in the discharged water was 37 ppm (mg/L), which is
similar to that in case 2, respectively. The material balance of CO2, NH3, and H2O in each unit of the
entire CO2 capture system was maintained.
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H2O makeup
(25 oC, 6.8 t/h):
CO2 0.1 kg/h
H2O 6.8 t/h
NH3 0.25 kg/h

Vent gas (5 oC, 632.6 t/h):
CO2 20.4 t/h
H2O 4.9 t/h
NH3 8.9 kg/h (24 ppmv)

NH3 recycle unit

Ammonia makeup
(25 oC, 680 kg/h):
H2O 485 kg/h
NH3 195 kg/h

Chiller
Wash

To wash column
(24.5 oC, 645.7 t/h):
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H2O 11.7 t/h
NH3 6.1 t/h
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Exchanger 2
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Stripper
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CO2 compression unit

Heater Heat
Exchanger 1
Flue gas:
(120 oC, 781.6 t/h):
CO2 139.5 t/h
SO2 0.34 t/h (200 ppmv)
H2O 28.6 t/h
NH3 0 t/h

CO2 Product
(10 bar,42.9 oC, 119.5 t/h):
CO2 119.1 t/h
H2O 418 kg/h
NH3 3.3 kg/h (96ppmv)

Blower 2

Cooler 1

Decant
(40 oC, 330.3 kg/h):
CO2 26 kg/h
H2O 301 kg/h
NH3 3.3 kg/h

Pump 4

Heat
Exchanger 3

SO2 solution:
(46.3 oC, 465 t/h):
H2O 465 t/h
CO2 3.2 t/h
SO2 build-up
NH3 build-up
Fertiliser
production

Pump 1
To cooling tower:
(48 oC, 802.4 t/h):
CO2 140.8 t/h
SO2 0.3 kg/h (1.5 ppbv)
H2O 42.2 t/h
NH3 5.9 t/h

Pump 5

Pump 3

Water separation unit
Condenser 2

Reboiler

To capture system
(92.2 oC, 10.2 t/h, gas):
CO2 2.5 t/h
H2O 5.9 t/h
NH3 1.7 t/h

To storage
(150 bar, 40oC, 119.1 t/h):
CO2 119.1 t/h
H2O 117 kg/h
NH3 5 g/h (7ppbv)

Cooling tower

Heat
Exchanger 4

(NH4)2SO4
Condensate
(44 oC, 40.8 t/h, liquid):
CO2 2.5 t/h
H2O 36.6 t/h
NH3 1.7 t/h

NH3/CO2
Stripper

Steam
Cooler 4

Pump 6

Pump 7

Reboiler 2

Separated water
(25 oC, 30.6/h, liquid):
CO2 0.4 kg/h
H2O 30.6 t/h
NH3 1.1 kg/h

Discharged water
(25 oC, 23.8 t/h, liquid):
CO2 0.3 kg/h
H2O 23.8 t/h
NH3 0.9 kg/h (37 ppm)

Figure 17 Material balance of the PZ promoted advanced NH3-based CO2 capture process (Case No. 3 In Table 3)
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5.3 Design conditions for Pilot plant demonstration of the advanced aqueous ammonia based
capture process
Previous pilot plant trials at Munmorah Power Station confirmed the technical feasibility of using
aqueous ammonia for removal of CO2 and SO2 in the flue gas and provided high quality field results
which were used for the validation of a rate-based process model (Yu, 2011). Using the validated
model, this project assessed a number of new ideas to improve the economic feasibility of the
process and led to development of an advanced process which incorporated a number of new
features. The techno-economic assessment based on the rate-based model and economic model
indicated the advanced technology can reduce CO2 capture costs significantly compared to the MEA
based capture technologies. To confirm the benefits of the advanced process, it is necessary to
demonstrate the advanced process at pilot plant scale under the real flue gas conditions. The
existing pilot plant at Munmorah Power station (now relocated to Vales Point Power Station) would
be an ideal platform to achieve that.
Figure 18 shows the flow sheet of the existing pilot plant. Table 4 lists the columns diameter, packing
heights and packing materials in the existing pilot plant. More details of the pilot plant can be found
in the previous publication (Yu, 2011).

Flue gas

Flue gas

Lean
solvent

CO2

Rich NH3
solvent

Steam

Washing
Water

Heat
exchanger

CO2

Wash column

Blower
Water
tank

Pump

Condensor

Absorber 1

Absorber 2

Water or
solvent
tank

Stripper
Steam

Rebolier

Flue gas
P-3

Pretreatment
column

Solvent
tank

NH3 makeup

Figure 18 Flow sheet of the existing pilot plant at Vales Point Power Station
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Table 4 Columns diameter, packing heights and packing materials
Columns

Inner diameter , m

Packing height, m

Pretreatment column

0.5

Absorber

0.6

Wash column
Stripper

0.5
0.4

3
3.9 (one column alone)
7.8 (two columns in series)
1.7
3.5

Packing
materials
25 mm Pall ring
25 mm Pall ring
25 mm Pall ring
16 mm Pall rings

Based on the existing pilot plant configuration and the rate-based process model we identified a
series of optimal conditions to achieve the following major objectives:
o

Be designed for an average flue gas composition of 75.5% N2, 10.8% O2, 10.7% CO2, 6.0%
H2O and 200 ppm SO2 on a volume basis, flue gas temperature of 120oC and pressure of 1
bar

o

Capacity of 100 kg CO2/hr

o

Capture of more than 80% of CO2 and 95% of SO2 in the incoming flue gas stream

o

More than 90% of NH3 lost in the absorber is recovered and NH3 concentration in the gas
leaving wash column is reduced to an acceptable level (below 50 ppmv)

o

CO2 purity in the CO2 product stream is 99% or above

o

Benefits of new process configurations can be demonstrated. The new configurations
include (1) Integrated flue gas cooling, SO2 removal and NH3 recovery; (2) Two-staged
absorption; (3) Rich split and inter-heating stripper configurations.

Table 5 lists five design conditions and predicted results. The flow sheets for each design case is
shown in Figures 19-23. Please note that the rate promoter piperazine was not considered in the
pilot plant design since the use of piperazine is subject to special permission in the power station
and it is unsure if the chemical can be used.
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Table 5 Design conditions and predicted results
Design conditions
1
2
Base case
Absorber-1
5.6 m a

3
Rich
splitb

4
Inter-heating

5
Combined

c

d

Total flue gas, kg/h
CO2 flow rate, kg/h
NH3 conc. wt%
CO2 loading in the lean solvent
Absorber 1 packing height, m
Absorber 2 packing height, m
Solvent rate, m3/h
Solvent inlet T, °C
T approach, K
Stripper pressure, bar
Wash water circulation solvent,
kg/h
Wash water T. at wash column inlet
, °C
Wash water T at pretreatment
column inlet, °C

760
121
6.8
0.25
3.9
3.9
4.0
25
10
10
800

760
121
6.8
0.25
5.6
3.9
4.0
25
10
10
800

760
121
6.8
0.25
5.6
3.9
4.0
25
10
10
800

760
121
6.8
0.25
5.6
3.9
4.0
25
10
10
800

760
121
6.8
0.25
5.6
3.9
4.0
25
10
10
800

10

10

10

10

10

80

80

80

80

80

CO2 capture rate, kg/h
CO2 removal efficiency,%
CO2 loading in rich solvent
Outlet NH3 content, ppmv
NH3 removal efficiency, %
SO2 outlet content, ppmb
SO2 removal efficiency, %
CO2 product purity, vol%
H2O in the CO2 product, vol%
NH3 in the CO2 product, ppmv
Stripper condenser temperature, °C
Condenser duty MJ/kg CO2
Reboiler temperature, °C
Reboiler duty, MJ/kg CO2

96
80
0.4
35
>99.9
9.1
>99.9
99
0.9
92
44.7
1.25
142.8
3.94

Case No.

Simulation Results
101.5
84
0.405
33
>99.9
9.1
>99.9
99
0.9
92
44.7
1.25
142.8
3.92

96
80
0.4
35
>99.9
9.1
>99.9
99
0.9
92
44.7
0.22
142.8
3.32

96
80
0.4
35
>99.9
9.1
>99.9
99
0.9
92
44.7
0.27
142.8
2.7

101.5
84
0.405
35
>99.9
9.1
>99.9
99
0.9
92
44.7
0.25
142.8
2.68

Note: a Increasing absorber-1 from 3.9 m to 5.6m (taking the 1.7 m NH3 wash column as part of
CO2 absorber);
b
Rich split ratio 0.05 while fixing surface area of main cross heat exchanger;
c
Inter-heating with fixed surface area of main cross heat exhcanger;
d
Integrating the above three
Case 1 in Figure 19 is based on the existing configuration of the pilot plant. The main modifications in
case 1 are: (1) combined flue gas cooling and SO2 removal in the pre-treatment and pre-cooling flue
gas is not required; (2) staged absorption; (3) the wash water needed to be heated before it enters
the pre-treatment column to facilitate NH3 recovery. Case 2 is the same as case 1 except in case 2,
wash column at the top of absorber 1 is used for CO2 absorption. In other words, the packing height
in absorber is increased from 3.9 to 5.6 m. Case 3 adopts the rich split approach. Case 4 adopts interheating stripper configuration. Case 5 combines rich split, inter-heating and staged absorption.
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Figure 19 Flow sheet for case 1 in Table 5
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Figure 20 Flow sheet for case 2 in Table 5
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Figure 21 Flow sheet for case 3 in Table 5
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Figure 22 Flow sheet for case 4 in Table 5
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Figure 23 Flow sheet for case 5 in Table 5
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6

Conclusions and Recommendations

6.1 Conclusions for work since the last report period
The rate –based model for the NH3—CO2—H2O system which was developed in this project was
extended to include piperazine as a rate promoter. The new model for the Piperazine—NH3—CO2—
H2O system was validated against the experimental results available in the literature and from
separate absorption experiments on a lab-scale facility. The absorption experiments showed that the
addition of PZ into the aqueous ammonia enhanced the CO2 absorption remarkably but increased
the free NH3 concentration and the temperature of the solvent, leading to an increase in NH3 loss
rate from the absorber.
A techno- economic analysis of the advanced ammonia process with addition of piperazine showed
that the presence of piperazine in the solution significantly reduced packing height in the absorber
and saved capital costs, but more energy was required in the ammonia recovery unit and for solvent
regeneration. Overall, the capital saving offset increase of energy consumption resulting a slight
decrease in CO2 avoided cost from USD$ 63.6/tonne CO2 without piperazine to USD $ 62.1/tonne
CO2 with piperazine under the conditions studied.
The presence of SO2 in the flue gas was also included in the technical and economic assessment. The
predicted SO2 removal efficiency was more than 99%. The captured SO2 was accumulated in the
solution as forms of (NH4)2SO3 and NH4HSO3 with the (NH4)2SO3 being the dominant SO2 containing
species. The concentrated sulfur-containing solution needed further treatment before these
chemicals reached saturation. The formation of (NH4)2SO3 and NH4HSO3 consumed NH3 requiring
additional NH3 make up.
A series of test conditions and the expected results were obtained using the developed rate-based
model and an existing pilot plant at Vales Point Power Station. These design conditions can be used
to guide the future pilot plant trials under the real flue gas conditions to demonstrate benefits of
the advanced process developed in this project.
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6.2 Summary of the research outcomes from the overall project
The project has led to the following research outcomes:
(1) Development of rigorous rate-based model development for the SO2—NH3—CO2—H2O system and the
Piperazine—NH3—CO2—H2O system in Aspen Plus®.
The rate-based model can completely characterise the material and energy balance, chemical kinetics,
mass and heat transfer, hydrodynamics and column properties of the whole absorption and desorption
system. The model for the system of NH3—CO2—SO2—H2O was validated by the experimental results from
open literature and pilot plant trials at Munmorah Power Station. The detailed information can be found
in our previous technical report (Yu, 2014). The model for the system of Piperazine—NH3—CO2—H2O was
validated by the experimental results from open literature and a lab-scale packed column. The models
satisfactorily predicted the experimental results. The detailed information for the model development and
validation is presented in this report. The availability of the rigious rate-based models for the SO2—NH3—
CO2—H2O system and the Piperazine—NH3—CO2—H2O system can guide the process assessment,
optimisation, and scale up, as presented in the reports of this project.
(2) Understanding of the role of rate promoters in the absorption chemistry
6 promoters including piperazine, 1 methyl piperazine, 2 methyl piperazine, and potassium salts of
proline, taurine and sarcosine were studied in this project. Introduction of these 6 promoters except
potassium salt of taurine significantly enhanced CO2 mass transfer in the solvent, but at the expense of
greater NH3 vapour losses. As shown in Figures 24 and 25, the mass transfer coefficients of CO2 in amino
acid salts and ammonia mixtures are close to those in MEA but generally lower under the conditions
studied. In comparison, ammonia mixed with piperazine or 2-methyl piperazine can achieve mass transfer
coefficients matching those in MEA.

Overall gas phase mass transfer coefficient
KG(mmol/m2 s kPa)

3.0
2M Proline+3M NH3

2.5

2M Taurine+3M NH3
3M Sarcosine+3M NH3
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2.0

1.5

1.0

0.5

0.0
0.0

0.1

0.2

0.3

0.4

0.5

0.6

CO2 loading (mol CO2/mol(NH3+amino acid salts))

Figure 24 Mass transfer coefficient of CO2 in the mixture of ammonia with amino acid salts as a function
of CO2 loading at the temperature of 288 K (Yu, 2013)
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Figure 25 Mass transfer coefficient of CO2 in the mixture of ammonia with piperazine and its derivatives
as a function of CO2 loading at the temperature of 288 K (Yu, 2013)

Stopped-flow spectrophotometry was used to elucidate the mechanism involved in the reaction of CO2(aq)
with ammonia/promoter mixture and understand the role of promoters in the reaction (Yu, 2014).
Piperazine (PZ) and proline salt (potassium prolinate) were selected as the representative promoters in the
study. A detailed reaction scheme including all the reactions in the proline—CO2—water system has been
developed and all unknown rate and equilibrium constants were reported at 15 and 25oC. Global analysis
of the kinetic measurements using a chemical model which incorporated the complete reaction sets of the
individual amines with CO2 (NH3—CO2—H2O and PZ—CO2—H2O or Prolinate—CO2—H2O) resulted in good
agreement with experimental data. This confirmed the simple combination of those reactions involved in
NH3—CO2—H2O and PZ— CO2—H2O or Prolinate—CO2—H2O can explain the reaction mechanism between
CO2 and blended NH3/PZ or NH3/Prolinate solutions. PZ and Prolinate had no catalytic effect on the
absorption of CO2. The enhancement by addition of PZ or prolinate is due to the fast reaction of CO2 with
PZ and PZ carbamate or CO2 with prolinate.
Potassium salt of sarcosine (K-SAR) was selected as a typical amino acid salt to understand the role of amino
acids in increasing CO2 mass transfer and NH3 vapour loss in particular (Yu, 2015a). Based on the reaction
scheme of the SAR–-NH3-CO2-H2O system and equilibrium constants from previous work, we developed a
chemical equilibrium model and used it to predict speciation distribution in the SAR–-NH3-CO2-H2O system
and explain our experimental phenomenon. The factors affecting NH3 vapour loss in NH3/K-SAR blended
solution were discussed. The improvement in mass transfer coefficient upon addition of K-SAR is due to the
faster reaction of CO2 with K-SAR than with NH3. The blended solution has a higher KG of CO2 absorption
than NH3 solution and K-SAR solution at low CO2 loadings, but greater CO2 loadings will reduce the mass
transfer coefficient of CO2 in the blended solution to a larger extent than in NH3 solution and K-SAR solution.
This study concludes that the factors that increase NH3 vapour loses in the blended solutions are the
increase of free NH3 and decrease in CO2 and NH3 solubility in the liquid phase due to adding K-SAR to NH3
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solution. We expect that the same could be true in case of NH3 solutions blended with K-TAU or K-PRO
considering the chemical similarity of these amino acid salts.
The results obtained from the absorption using a packed column in this report show the NH3 loss from the
absorber increased significantly with an increase in PZ concentration. This is mainly due to two reasons. PZ
reacted with CO2 at a much higher rate than NH3, which enhanced CO2 absorption in the mixture and
resulted in more free NH3 left in the solution compared to the unpromoted case. The enhanced CO 2
absorption released more heat to the solution resulting in higher liquid temperature. Both high free NH3
concentration and high solvent temperature contributed to a high NH3 evaporation to the gas.
(3) Understanding of effect of high pressure on absorption process
Using a wetted-wall column facility, we investigated the effect of absorption pressure on CO2 absorption
rate, mass transfer coefficient and ammonia loss rate (Yu, 2015a). It was found that CO2 absorption at
elevated pressure simultaneously enhanced CO2 absorption rate and reduced ammonia loss rate in
aqueous ammonia solutions with and without promoters. With an increase in absorption pressure, the
extent of reduction in ammonia loss was much higher than that of increase in CO2 absorption rate. We
also carried out a preliminary work to understand the mass transfer characteristics of CO2 absorption in
aqueous ammonia and MEA solutions at elevated pressure and obtained some interesting results. The
overall mass transfer coefficients of CO2 in both solutions obtained at elevated pressure were lower than
those under atmospheric pressure. We think this is due to the decrease of the gas side mass transfer
coefficients with an increase in pressure.
An economic assessment of flue gas pressurisation showed that an increase in flue gas pressure led to a
moderate decrease in capital cost, but a substantial increase in energy consumption, resulting in a
significant increase in CO2-avoided cost (Yu, 2015b).
Table 6 shows the economic performance of a baseline ammonia-based PCC process as a function of flue
gas pressure. With an increase in flue gas pressure, both the column diameter and packing height
decreased, leading to an reduction in capital cost. The high pressure also reduced ammonia loss in the
absorber, and consequently, the energy for capture and regeneration of ammonia in the ammonia recycle
unit was reduced. However, the energy for flue gas pressurisation was substantial, and increased by
19 MW as the flue gas pressure increased from 1 to 2 bar. As a result, the CO2-avoided costs increased
significantly with an increase in pressure. This suggests that pressurisation of flue gas may not be
economically viable.
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Table 6 Effect of flue gas pressurisation on economic performance of the baseline ammonia-based postcombustion capture (PCC) process
Item

1.0 bar

1.5 bar

2 bar

Absorber diameter, m

11.2

10.4

10

Absorber packing height, m

20

8.3

6.3

Absorber height in total, m

26.5

11.1

8.7

Wash column diameter, m

9.5

8.6

8.2

Wash column packing height, m

15

10

8

Wash column height in total, m

20.5

13.3

11.8

Pretreatment column diameter, m

10.1

9.3

8.8

Pretreatment column packing height, m

10

7

6

Pretreatment column height in total, m

13.3

9.5

8.3

0

16.0

23.0

Electricity of chilling duty, kW

4,571

3,553

3,268

Electricity of heat duty, kW

2,743

2,132

1,960

Electricity of compression duty, kW

0

11,904

21,174

Energy increase, kW

0

10,275

19,088

Levelised cost of electricity (LCOE) of power station,
US$/kW

66.1

66.1

66.1

LCOE of power station + PCC plant, US$/kW

119.5

123.4

131.2

CO2 avoided cost, US$/tonne CO2

77.8

86.1

99.6

Column size

Capital cost
Capital saving, US$ million
Energy consumption

Cost performance

(4) Development of a novel and effective process for the combined SO2 removal and ammonia recycle
We developed an effective process for the combined SO2 removal and ammonia recycle which can be
integrated with the aqueous ammonia based CO2 capture process to achieve flue gas cooling, SO2 and CO2
removal and ammonia recycle simultaneously in one process (Yu, 2014b).
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Figure 26 Figure 26 Combined SO2 removal and NH3 recycle process for CO2 capture by aqueous ammonia
Figure 26 shows the process flow-sheet diagram of the combined removal and NH3 recycling system
integrated with an aqueous ammonia based CO2 capture unit (stripper is not shown). The whole system
consists of a pretreatment column, an NH3 wash column and a CO2 absorber. Briefly, the vaporized NH3
from CO2 absorber was absorbed in the wash column. The NH3-rich solution was collected at the bottom
of the wash column and sent to the pretreatment column. In the pretreatment column, the hot flue gas
directly contacted with the NH3-rich solution. SO2 was absorbed by the NH3-rich solution and the captured
NH3 was desorbed by waste heat contained in the high temperature flue gas. The released NH3 was
recycled back to the CO2 absorber as the make-up NH3. The NH3 lean solution was pumped to the top of
the wash column for re-capturing the slipped NH3. The major species in the solution was (NH4)2SO3 and its
concentrations increaseed with circulation times. When the (NH4)2SO3 concentration reached the
saturation point, part of the solution will be transferred to the ammonium sulfate production unit.
The process simulation using the rated-based model showed that under the typical flue gas conditions,
the proposed process had a SO2 removal efficiency of over 99.9% and an ammonia reuse efficiency of
99.9%. The novel process can not only simplify the flue gas desulfurization, but also resolve the problems
of ammonia loss and SO2 removal, thus having the potential of cutting the CO2 capture costs significantly.
The separate experiments on SO2 and ammonia absorption using a bubble column were carried out to
further evaluate the technical feasibility of the combined process. The experimental results qualitatively
confirmed the simulated results and the technical feasibility of the process.
(5) Integration of ammonia process with process improvements
The advanced ammonia process incorporated the following process improvements (Yu,2015a).


Two-staged absorption: the lean solvent, rich in free NH3, is introduced to the middle of the
absorber to achieve fast CO2 absorption (Stage 1 absorption), and then enters the top of the
column for recovery of NH3 from the gas (Stage 2 absorption). This configuration can significantly
reduce NH3 slip in the absorption process by more than 50% compared to single-stage absorption.



Elevating CO2 absorption temperature to ambient conditions (20–30 C) and using relatively high
NH3 concentrations (6–10 wt%). This can avoid both solid precipitation and the substantial energy
input for solvent chilling, as well as improve the CO2 absorption rate. NH3 loss can be resolved by
the NH3 recycle unit and staged absorption introduced above.
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Stripper rich split involves splitting one portion of the cold rich solvent and pumping it to the top
of the stripper, while the rest of the rich solvent is heated and introduced to the middle of the
stripper. This configuration uses the cold, CO2-rich solution to cool the uprising hot gas vapour and
recover the NH3 from the vapour. No external stream is involved in the modification. The process
can help eliminate solid precipitation in the stripper overhead condenser and reduce reboiler duty
and cooling water consumption.
CO2 product
Condenser
CO2 Lean
to absorber
Split 1

CO2
Stripper

Split 2
CO2 Rich
from absorber

Steam
Heat
Exchanger 2

Reboiler
Pump 3

Figure 27 Process flow diagram of rich-split process with split 1 fed to stage 2 and spilt 2 to stage 5



The inter-heating process exchanges heat between the hot lean stream leaving the bottom of the
stripper and the semi-lean solvent extracted from the middle of the stripper, before the hot lean
stream goes to the main cross-exchanger. The process makes better use of the heat in the hot
lean stream, and simultaneously reduces reboiler and condenser duty.

CO2 product
To CO2 absorber
Heat
Exchanger 2
CO2 rich
from absorber

Condenser

Stripper
Inter-heating

Steam

Heat
Exchanger 4
CO2 lean

Reboiler

Figure 28 Process flow diagram of inter-heated stripper with inter-heated solvent in and out at stage 5
(Condenser is at stage 1 and reboiler at stage 15)
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(6) Techno-economic assessment of the advanced aqueous ammonia process
This project presents a techno-economic assessment of a MEA-based PCC process and an aqueous
ammonia-based PCC process with and without process improvements and promoter-piperazine (Yu,
2015b).. The present study assumed the technical design and capital cost estimation of an advanced
pulverised coal (APC) power station as described in the 2013 report by the United States Energy
Information Administration. The power station was based on a supercritical Rankine power cycle with a
designed electricity output of 650 MWe and a net efficiency of 38.9%.
A combined experimental and modelling approach was adopted in the analysis. The rigorous rate-based
models developed in Aspen Plus® were employed to evaluate the technical performance of capture
processes. The rate-based models were validated using results from the pilot-plant trials and published
literature to ensure that the models were able to realistically describe the capture process and accurately
calculate the energy consumption and equipment sizes. A cost model based on the Aspen Capital Cost
Estimator was used to calculate the capital cost and evaluate the economic performance. The results
obtained for the MEA-based PCC process were consistent with the values reported in the literature,
suggesting that the approach and methdology used was sound.
Table 7 shows the comparison of techno-economic performance of ammonia and monoethanolamine
(MEA) post-combustion capture (PCC) processes integrated with the power station. With the integration
of a MEA-based PCC process, the output of the power station dropped from 650 to 473 MW, and the net
efficiency decreased from 38.9 to 28.3% – a 27.3 % (relative term) and 10.6% (absolute term) decrease.
The Levelised Cost of Electricity (LCOE) increased from US$66.1 to US$131.3 per MWh, and the CO2
avoided cost was US$96.4/tonne CO2. In comparison, the net efficiency of the power station with the
integration of the advanced aqueous NH3 process dropped to 31.3% – a 19.4 % (relative term) and 7.6%
(absolute term) decrease and the CO2-avoided cost was US$63.6/tonne CO2, which is 34% lower than that
in the MEA-based process. It shoud be pointed out that the cooling duties are not considered in the
analysis.
A techno- economic analysis of the advanced NH3 process with addition of piperazine showed that the
presence of piperazine in the solution significantly reduced packing height in the absorber and saved
capital costs, but more energy was required in the NH3 recovery unit and for solvent regeneration. Overall,
the capital saving offset increase of energy consumption resulting a slight decrease in CO2 avoided cost
from USD$ 63.6/tonne CO2 without piperazine to USD $ 62.1/tonne CO2 with piperazine under the
conditions studied.
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Table 7 Comparison of techno-economic performance of ammonia and monoethanolamine (MEA) postcombustion capture (PCC) processes integrated with the power station
Parameter

Power
planta
only

MEA-based
PCC power
planta

Baseline NH3based PCC
power plant

Advanced NH3based PCC
power plant

Advanced PZ
promoted NH3based PCC
power plant

Solvent

n.a.

30% wt MEA

6.8 wt% NH3

6.8 wt% NH3

6.8wt% NH3 +
3.45wt% PZ

4.0

3.3

2.5

2.5

Reboiler duty,
GJ/tonne
Power output, MW

650

472

493

525

525

CO2 capture
efficiency, %

0

85

85

85

85

Net efficiency,%

38.9

28.3

29.5

31.3

31.3

Net efficiency loss,
%

0

10.6

9.4

7.6

7.6

Capital cost of PCC

0

890

832.8

800.6

740

CO2 emission,
tonne/h

558

84

84

84

85.4

Levelised cost of
electricity (LCOE) of
power station+ PCC
plant, $/MWh

66.1

131.3

119.7

109.7

108.1

CO2-avoided cost,
$/tonne CO2

0

96.8

78.1

63.6

62.1

(7) Experimental design for demonstration of the advanced aqueous ammonia based technology in a
pilot plant at Vales Point Power Station
Based on an existing pilot plant configuration at Vales Point Power Station and the rate-based process
model we identified a series of optimal conditions which can guide future pilot plant demonstration of the
advanced aqueous NH3 based process developed in this project.
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6.3 Application of the technology for Australia conditions
The advanced aqueous ammonia based capture process is developed specifically for Australian conditions.
The technology has the following features that suit Australian conditions
NH3 is produced locally (by Orica) and is the cheapest and most stable solvent.
NH3 is used to clean boiler tubes in coal fired power stations in Australia and use of NH3 is familiar to plant
operation and maintenance staff.
Flue gas desulfurization is not implemented in Australia. The process developed in this project can achieve
combined SO2 and CO2 removal and produce ammonium sulphate fertiliser for use in Australia and
overseas.
The process adopts staged absorption and integrated flue gas cooling, combined SO2 removal and NH3
recovery. These process improvements allow the CO2 capture process to take place at ambient
temperature instead of chilled conditions which are used in Alstom’s Chilled Ammonia Process and reduce
chilling duties significantly. Australian power stations use different cooling systems including once-through
system which uses water from nearby lake or sea, closed cycle-wet cooling system (natural draft or
mechanical drat cooling tower) and dry cooling (Smart, 2009). The developed ammonia process can be
applied to the power stations which use the once-through system or closed cycle-wet cooling system. In
these power stations, the cooling duty could be completely or partially provided by the existing cooling
system. For the power stations which applies dry cooling, the extra electricity may be required to do the
cooling and the plant efficiency will be reduced significantly. Table 20 shows the comparison of
cooling/chilling demand between reference MEA process, a baseline ammonia process and advanced
ammonia process which are integrated with a 650 MW power station. The details of the processes have
been provided in the previous reports (Yu, 2015a and b).
Table 20 Comparison of cooling/chilling demand between reference MEA and ammonia PCC plants
integrated with 650 MW power station
Temperature of cooling water available, °C
Temperature of chilling water, °C
Cooling duty for solvent cooling, GJ/tonne CO2
Cooling duty for condenser, GJ/tonne CO2
Cooling duty for compressor, GJ/tonne CO2
Cooling duty for inter-cooling, GJ/tonne CO2
Cooling duty in water separation, GJ/tonne CO2
Cooling duty for flue gas, GJ/tonne CO2
Cooling duty for others, GJ/tonne CO2
Total cooling duty, GJ/tonne CO2
Cooling duty, MW
Chilling duty, MW

MEA process
25
N/A
0.48
1.2
0.55
1.2
3.43
90
N/A

Baseline NH3
18
1
0.91
1.45
0.25
0.87
0.14
3.62
108
13.5

Advanced NH3
18
5
1.45
0.24
0.25
2.02
0.87
0.14
4.99
130.8
5.5

All processes require a significant amount of energy for cooling or chilling. The total cooling and chilling
duty in ammonia processes are higher than that in the MEA based process. The advanced ammonia
process can significantly reduce chilling duty but require more cooling. If the cooling can not be provided
by the cooling water available in the plant. Electricity would be consumed for cooling water and a
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subsequent net efficiency penalty would be placed on the power system which makes the ammonia
process less attractive. The exact efficiency loss due to cooling will be dependent on the specific power
station.

6.4 Recommendations for future research
Future research should be carried out in the following areas:
(1) Pilot plant trials of the advanced NH3 process to confirm the benefits
(2) Integration of the capture process with an Australian Power Station including heat integration to
reduce cooling duty
(3) Integration of SO2 removal, ammonium sulphate fertiliser production and CO2 capture
(4) Environmental impact of the capture process including proper dispersion through the stack
(5) Economic assessment of the capture process under Australian conditions
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7

Appendix – Status of Milestones

Date due

Description

ANLEC
funding ($)

Status

15/06/2012
30/03/2013

Contract signing
Completion of recruitment of PhD students and
research project officer
Delivery of a progress report approved by ANLEC R&D
that shows the following:
(1) Results have been generated from wetted-wall
column screening experiments and promoters for
stopped-flow reactor experiments have been identified
(2) The framework for the rate-based model has been
established and the comparison between the
modelling work and pilot-plant results has been made
(3) Analytic methods for gas and liquid analysis have
been established
Completion of experiments for screening promoters
and optimisation of solvent formulation on wetted-wall
column
Delivery of a progress and technical report approved by
ANLEC R&D that includes:
(1) Status of the research activities and milestones
(2) Approaches and methodologies used in the
screening experiments
(3) Results obtained
(4) Evidence that the following has been achieved:
a. The new aqueous ammonia-based solvent can
absorb CO2 as least two times as fast as the
solvent based on aqueous ammonia alone
Delivery of an industry report approved by ANLEC R&D
that includes a description of:
(1) Recent advancement of solvent development for
PCC, including aqueous ammonia, around the world
(2)Results from this research project
(3) The impact of research achievements from this
project on the advancement of aqueous ammoniabased PCC processes for application in Australia
Completion of experiments on stopped-flow reactor
Delivery of a progress and technical report approved by
ANLEC R&D that includes:
(1) Status of the research activities and milestones
(2) Approaches and methodologies used in the
stopped-flow reactor experiments
(3) Results from stopped-flow reactor experiments and
discussion
Completion of process modelling for elucidation of
promotion mechanism and completion of SO2 and NH3
absorption experiments
Delivery of a progress and technical report approved by
ANLEC R&D that includes:
(1) Status of the research activities and milestones

$ 212,630
$ 68,042

Complete
Complete

$ 68,042

Complete

$ 59,537

Complete

$ 59,537

Complet

30/09/2013

31/03/2014

30/09/2014

59

31/03/2015

30/09/2015

15/02/2016

(2) Approaches and methodologies used in the process
modelling and SO2 and NH3 absorption experiments
(3) Results obtained
(4) Evidence that the following has been achieved:
a. Develop a novel aqueous ammonia-based
solvent that can achieve a CO2 absorption rate
that can match the standard MEA-based
solvent
b. Develop a rigorous rate-based model for the
aqueous ammonia-based CO2 capture process
and validate the model with results from
previous pilot-plant trials
c. Achieve the combined removal of SO2 and
recovery of ammonia and eliminate additional
flue gas desulfurisation. This includes:
 Identification and validation of
experimental conditions under which
SO2 in the flue gas is selectively
removed in preference to CO2 by
ammonia (flue gas pretreatment).
More than 90% of SO2 will be
removed in the pretreatment stage
in which CO2 removal is negligible.
 Ammonia in the flue gas can be
reduced to an acceptable level by SO2
solution (flue gas post-treatment).
Delivery of an industry report approved by ANLEC R&D
that includes a description of:
(1) Recent advancement of solvent development for
PCC, including aqueous ammonia
(2) Summary of results obtained from this research
project
(3) Impact of the research achievements from this
project on the advancement of aqueous ammoniabased PCC processes for application in Australia
Completion of high-pressure experiments. Delivery of a
progress and technical report approved by ANLEC R&D
that includes:
(1) Status of the research activities and milestones
(2) Approaches and methodologies used in the highpressure experiments
(3) Results obtained
Completion of a technical and economic assessment
of an advanced ammonia-based CO2 capture
technology that incorporates new process
configurations
Provide a technical and progress report for industry
review and feedback, including:
(1) Experimental and theoretical approaches and
methodologies used to support the technical and
economic assessment
(2) Results obtained
(3) Appendix on: Status of the research activities and
milestones
Submit draft of Final Report to ANLEC R&D for review

$ 59,537

Completed

$ 68,042

Completed

0

This report
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15/04/2016

Development of a rigorous rate-based model for CO2
capture process using the novel aqueous ammoniabased solvent and validate the model
Completion of a technical and economic assessment
of an advanced ammonia-based CO2 capture
technology that incorporates new process
configurations and rate promoters
Delivery of scale-up design
Final Report submitted as acceptable to ANLEC R&D
Delivery of an industry report that includes a
description of:
(1) Recent advancement of solvent development for
PCC, including aqueous ammonia
(2) Summary of results obtained from this research
project
(3) Impact of the research achievements from this
project on the advancement of aqueous ammoniabased PCC processes for application in Australia

$ 255,157 Revision of This report
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