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1. Executive summary 

The aims of this project were to evaluate whether post-combustion CO2 capture (PCC) 

based upon CaO-looping was an economically viable option for the reduction of CO2 

emissions from coal, to develop and produce tailored CaO-based CO2 sorbents on a large 

scale, and to determine whether such sorbents would be economically beneficial to CaO-

based PCC. To this end, the viability of CaO looping was examined by using literature data 

to compare it to other current or forthcoming PCC technologies. Then, an improved model 

for describing cyclic systems involving gas–solid reactions was developed so that CO2 

capture by tailored sorbents could be evaluated. This model was demonstrated to improve the 

accuracy of computations, especially for high-performance sorbents. 

In the laboratory, several tailored sorbents were produced, and the most promising was 

identified and tested under capture conditions relevant to CO2 capture. The impacts of this 

tailored sorbent on process parameters and annual stream costs in a PCC plant were 

examined.  

Finally, an updated techno-economic study was produced for the calcium-looping PCC 

case, using the guidelines laid out by Rubin et al. in a report published by the Global CCS 

Institute in March 2013. Among the variables considered in the sensitivity analysis were the 

cost and performance of the sorbent.  

Key findings of this research are: 

• The main techno-economic advantage of CaO looping as a CO2-capture technology is 
the integration of the heat from CaO carbonation into the steam cycles of the coal plant.  
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• Of the systems described and examined quantitatively to date, CaO looping is the only 
currently accessible CO2 capture technology that can increase the net efficiency of a 
supercritical-coal-fired power plant. 

• The adoption of tailored CaO sorbents with stable CO2-uptake capacities would enable 
sorbents with much lower make-up ratios to be used; i.e. the sorbent could be replaced 
much less frequently. This could lower the amount of material that had to be handled at 
a PCC plant, as well as the loss of heat via spent sorbent. 

• Of the tailored sorbents developed in this work, the most stable was CaO/meso-
CaxAlyOz. After 50 cycles of carbonation and calcination under industrially relevant 
conditions, this sorbent showed a significantly higher residual CO2 uptake capacity than 
commercial CaO. 

• Even if CaO/meso-CaxAlyOz cost ten times as much as commercial CaO, it would still 
cause lower annual stream costs if used at a replacement rate at or below 0.001.  

• A techno-economic model for the retrofitting of a PCC plant onto an existing coal plant 
was developed. Capital costs were by far the largest contributor the plant, even over the 
course of 25 years. 

• Improved CO2 sorbents can lower the variable operating costs of a PCC plant; however, 
this effect on the annualised cost of CO2 captured was relatively small (a few percent). 
If these sorbents lower the size requirements for equipment such as the calciner and 
carbonator, the impact may be greater. 

2. Background 

Global efforts to limit emissions from coal-fired power plants, the largest stationary 

point-source emitters of greenhouse gases to the atmosphere,[1] include applying CCS 

(carbon capture and storage) to the process and denying requests to add new coal-fired 

power plants that lack CO2 controls.[2] The International Energy Agency (IEA) suggests 

that, by 2050, global emissions of CO2 from all energy-related technologies be reduced to 

half their 2007 levels (29 Gt CO2/a) in order to stabilise global warming. Approximately 

10% of this reduction could be achieved by applying CCS to power plants.[3] 

Currently, CCS from power plants can be realised via three general routes: pre-

combustion, oxy-fuel combustion and post-combustion.[4] Among these, post-combustion 

capture (PCC) technologies are easiest to retrofit, and maximise the use of existing 

power-generation infrastructure.[5] Furthermore, this end-of-pipe technology can be 

switched off during periods of high electricity demand or market prices. One challenge 

for this process, however, is the low CO2 concentration (≤14% by volume) in the flue gas 

from pulverised-coal power plants. Thus a large volume of gas has to be handled by 

solvents or adsorbents having a strong affinity for CO2 because of the low driving force 

for separation.[6] 

Although most PCC technologies are still at the Research & Development stage, 
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amine-based CO2 scrubbing has been commercially demonstrated and thus dominates the 

current PCC domain.[7] Nevertheless, due to the high energy penalty and footprint of 

amine scrubbers,[8] substantial technological improvements are needed to lower both the 

net efficiency penalty and incremental costs (including CO2 capture, compression, and 

auxiliary energy consumption) of PCC to meet the carbon sequestration program goal, set 

by U.S. Department of Energy, of capturing 90% of emitted CO2 while increasing the cost 

of electricity (COE) by <20%.[9] In the event that the operators of coal-based power 

plants are held responsible for their social costs, post-combustion capture and 

sequestration of CO2 may allow them to continue to benefit from the continent’s 

extensive coal reserves and conversion infrastructure.  

An alternative method of post-combustion capture that has received significant 

attention is “calcium looping,” that is, the use of a solid CaO-based sorbent to take up 

CO2, reversibly forming CaCO3 (Eq. 1). The captured CO2 can then be released as a pure 

stream ready for sequestration. The technology is currently being tested in Spain,[10] 

Germany,[11] and Taiwan.[12] 

CaO + CO2  CaCO3 (1) 

We hypothesised that a CaO/CaCO3 looping cycle had the potential to combine the lowest 

cost and highest efficiency among post-combustion capture methods. Its advantages include: 

• It imposes a low efficiency penalty (including CO2 compression) on a power station.  

• It comes with the opportunity for integration with cement manufacture. 

• The raw sorbent (limestone, which is primarily CaCO3) is extremely low-cost. 

• The process occurs at T ≥ 650 °C, allowing easier integration of heat cycles.  

However, CO2 capture by CaO is not without disadvantages. Paramount among these is 

the loss of reactivity that is characteristically observed in the repeated calcination (i.e. CO2 

release from) and carbonation (i.e. CO2 uptake by) of limestone.[13] Thus, after ~1000 cycles, 

natural limestone takes up only ~6−8% of its theoretical CO2 capacity.[14] Attempts to combat 

this problem include screening CaO precursors to obtain a high-surface-area material, 

incorporating CaO into a support via co-precipitation, and grafting CaO onto a support.[15]  

In this work, we aimed to develop and test novel solid sorbents using scalable nanoparticle 

synthesis and manufacturing technologies for the post-combustion capture of CO2 from the 

flue gases of coal combustion, as well as to develop a techno-economic model for an 

integrated coal-combustion/CO2-capture process using solid sorbents, including indicative 

capital and operating costs for commercial scale plants. The initial aims of this project also 
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included pilot-scale synthesis and testing of the sorbents developed; however, this part of the 

project had to be abandoned when a funder (Xstrata) left the project. We describe the results 

of the project by first demonstrating the techno-economic advantages of the calcium looping 

technology among PCC options, and then examining how the use of supported, 

nanostructured sorbents will impact the relevant techno-economic calculations. We then 

describe several supported, nanostructured sorbents developed for this project, and consider 

how the most stable among these compares to reported sorbents. Finally, we discuss the 

impact of that sorbent on the annual stream costs of a PCC-fitted power plant.   

3. CaO looping vs. other PCC technologies 

Though techno-economic models of various PCC technologies have been published, we 

found that these models had not been compared across technologies to give an idea of their 

relative economic viability. We therefore began by comparing the four most promising (i.e. 

near-term, commercially viable)[16] technologies for PCC of CO2 by retrofitting to a 

conventional pulverised-coal power plant to the benchmark monoethanolamine (MEA) 

scrubbing technology in terms of efficiency penalty and cost indicators. The MEA 

benchmark is useful because it has been used to remove CO2 from exhaust streams for 

decades,[17] and thus has been the subject of well-defined engineering–economical 

calculations.[1a,8,18] The CO2-capture technologies considered, all of which could be retrofitted 

to existing coal plants,[16,19] were (Figure 1): i) chilled ammonia, ii) alkali-metal carbonates, 

iii) membranes and iv) calcium looping. The PCC-retrofitted plants were evaluated in terms 

of CO2 emissions (kg/MWh), net power output (MWe), net plant efficiency (%), capital costs 

(USD2010/MWe), levelised cost of electricity (USD2010/MWh) and cost of CO2 avoided 

(USD2010/t CO2). This work is described in detail in Milestone Report 2 and was published 

in 2013,[20] and as of November/December 2014 was a “Highly Cited Paper”, i.e. it received 

enough citations to place it in the top 1% of its academic field based on a highly cited 

threshold for the field and publication year (source: ISI Web of Knowledge). An abridged 

description is given here. 

In the benchmark amine scrubbing process, the chemical absorption of CO2 is based on 

the reversible reactions of acidic gases (CO2, SO2, etc.) with alkaline absorbents (shown 

for CO2 in Eqs. 2−4). Amine absorbents are generally used in aqueous solution and MEA 

(monoethanolamine, HO(CH2)2NH2), a primary amine, is the most popular amine used in 

PCC, as it combines high basicity and a high CO2 carrying capacity by mass.  
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 CO2  + H2O  HCO3
– + H+                                                (2) 

RNH2  + H+  RNH3+                                                    (3) 

RNH2  + CO2  RNHCOO– + H+                                          (4) 

Figure 1 Technologies for CO2 capture and storage (adapted 
from [5]). Technologies in blue ellipses are considered here. 

The capacity of MEA to take up CO2 drops as the temperature rises; typical loadings 

are in the range ~0.21−0.45 mol CO2/mol MEA over temperatures of 130 to 50 °C.[21] 

Assuming that ~50% of the MEA is regenerated, this process can capture more than 90% 

of the CO2 in the flue gas, producing a regeneration product stream that is >99% CO2.[17] 

MEA does have disadvantages. It is corrosive and gradually volatilised, necessitating the 

use of expensive construction materials. Aqueous MEA is very sensitive to SO2
[17] and to 

O2, in the presence of which corrosive gases (especially NH3) are generated.[22] 

Therefore, a very efficient FGD, or an extra gas washer (typically aqueous Na2CO3),[23] is 

used to limit the scrubber-inlet SO2 concentration.[24] These extra components, and the 

associated consumption of chemicals and handling of waste, decrease the economic 

performance of this process.  

Figure 2 shows a representative process schematic for amine-based PCC, which has 

been depicted in a number of studies.[17,18d,18e,21,23-25] Ignoring minor differences among 

the models, the major energy- and chemical-consuming parts of the configuration are: 1) 

an absorber with blowers and direct contact coolers (DCC); 2) a stripper equipped with 

pumps, a reboiler, a reclaimer and a CO2 compressor; and 3) intermediate components, 

including the heat exchanger, mechanical filter, solvent cooler and pumps (Figure 2). 

Several techno-economic models of MEA-based PCC power plants, including an 

Australian example, have been published (Table 1). 
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Figure 2 Schematic of the MEA-based PCC process. FGD 
= flue gas desulfurisation; DCC = Direct Contact Cooler. 

Table 1 Key techno-economic measures for MEA-based PCC on supercritical pulverised coal plants. 

a ref. = reference plant without CO2 capture; cap = target plant with PCC. b Relative to the reference case.  

Similar to the amine system, ammonia-based wet scrubbing has attracted interest. In 

the presence of H2O, ammonia reacts with CO2 through the reversible conversion of 

ammonium carbonate ((NH4)2CO3) into ammonium bicarbonate (NH4HCO3) (Eq. 5). This 

reaction has a significantly lower heat of reaction than organic-amine-based systems, 

which enables an easier capture/regeneration cycle that requires less energy input.[26] This 

technology also benefits from high CO2 capacity, tolerance to oxygen, low cost and the 

potential for regeneration at high pressures. Furthermore, it removes other pollutants, 

such as SOx and NOx, and produces residues that can be used as fertiliser.[17] 

(NH4)2CO3 aq  + CO2 g  + H2O(l)   2 NH4HCO3 aq  ΔH298 K = –86.6 kJ/mol           (5) 

Although the use of aqueous ammonia is contra-indicated by its high volatility and the 

emission of corrosive and toxic NH3(g), a promising variation of the wet ammonia 

process[27] uses scrubbing near the condensation point of NH3 to minimise volatilisation 

and enhance the exothermic CO2 binding. Fundamental studies regarding the 

 Case 1[18b] Case 2[18c] Case 3[18d] Case 4[1a] Case 5[1a] 
Location USA USA EU China Australia 
Coal type  Bitcoal Bitcoal Bitcoal Bitcoal Black 
Plant size (gross, MWe) 575 600 600 600 600  
Capacity factor (%) 75 80 90 90 90 
Designed CO2 capture rate (%) 90 85 90 90 90 

CO2 emissions (kg/MWh) ref. a 811 836 772 806 810 
cap. a 107 126 112 111 105 

Net power output (MWe) 
ref. a 528 600 575 570 571 
cap. a 493 550 399 412 420 

Net plant efficiency (LHV, %) ref. a 41.4 40.0 45.0 43.5 40.5 
cap. a 31.5 29.1 31.0 31.4 29.8 

Efficiency penalty (%-points) b 9.9 10.9 14.0 12.1 10.7 

Capital costs (USD2010/kWe) 
ref. a 1696 2104 1420 699 2522 
cap. a 2759 3516 2668 1296 5033 

LCOE (USD2010/MWh) ref. a 62 77 46 44 56 
cap. a 104 127 83 65 120 

Cost of CO2 avoided (USD2010/tCO2) 58 71 57 30 91 
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thermodynamics, mass and heat balance, and design of the absorber/stripper for this 

technology are available,[28] and a medium-scale pilot project has been demonstrated by 

Alstom and EPRI. Additionally, the CO2 Technology Centre Mongstad has a 105 ton 

CO2/year demonstration plant based upon this technology.[29] Figure 3 shows a typical 

chilled-ammonia process schematic that has been adopted in techno-economic 

assessments,[28c,30] and Table 2 is a summary of the results of these studies. 

Figure 3 Schematic of chilled-ammonia PCC process. FGD 
= flue gas desulfurisation; DCC = Direct Contact Cooler. 

Table 2 Techno-economic data for chilled-ammonia-based PCC on supercritical/ultra-supercritical pulverised 
coal plants. 

The chemical adsorption of CO2 from flue gas with a dry, regenerable alkali-metal 

carbonate has been widely investigated. The dry carbonates of sodium or potassium can 

chemisorb CO2 in the presence of steam, generating bicarbonate and heat (60−110 °C) 

(Eq. 6). The reaction is reversed 120−200 °C, releasing CO2 and steam.[31] 

M2CO3 s  + CO2 g  + H2O g   2 MHCO3(s)                                (6) 

ΔH298 K = –135 kJ/mol when M = Na; –141 kJ/mol when M = K 

The stoichiometric CO2-carrying capacities of Na2CO3 and K2CO3 reach 9.43 and 7.23 

 Case 6[30a] Case 7[30b] Case 8[28c] 

Location USA USA EU 
Coal type  Bitcoal Bitcoal Not stated 
Plant size (gross, MWe) 550 550 758 
Capacity factor (%) 85 85 Not stated 
Designed CO2 capture rate (%) 90 85 85 

CO2 emissions (kg/MWh) Reference plant without PCC 916 802 679 
Target plant with PCC 111 120 97 

Net power output (MWe) 
Reference plant without PCC 549 550 758 

Target plant with PCC 445 559 614 
Net plant efficiency 
(LHV, %) 

Reference plant without PCC 41.8 41.2 45.2 
Target plant with PCC 30.0 29.4 36.6 

Efficiency penalty (%-points), relative to reference plant 11.8 11.8 8.6 
Capital costs 
(USD2010/kWe) 

Reference plant without PCC 1412 1900 1922 
Target plant with PCC 2407 3534 2739 

LCOE (USD2010/MWh) Reference plant without PCC 56 61 75 
Target plant with PCC 89 104 103 

Cost of CO2 avoided (USD2010/tCO2) 41 69 49 
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mol CO2/kg sorbent, respectively. However, they have to be loaded on an inert substrate 

(e.g. alumina, activated carbon, zeolite, magnesium oxide, silica[32]) in order to enhance 

their attrition resistance before they can be used in large-scale adsorbers; this 

substantially decreases the CO2 capture capacity (by ~70−90%)[33] and can place limits on 

the useful temperature range of the sorbent. Figure 4 shows the alkali-metal carbonate 

process and highlights the major energy- and chemical-consuming parts, and Table 3 

summarises the techno-economic performance of a representative system.[34]  

Figure 4 Schematic flow of alkali-metal-carbonate PCC process. FGD 
= flue gas desulfurisation. 

Table 3 Techno-economic summary for a supercritical pulverised coal plant with PCC via an alkali-metal-
carbonate process.[34]  

Location: USA[34]  Key measures ref. a  cap. a  
Fuel type: Illinois # 6   CO2 emissions (kg/MWh) 774 84 
Plant size, gross: 500 MWe  Net power output (MWe) 462 381 
Capacity factor: 65%  Net plant efficiency (LHV) (%) 42.6 32.2 
CO2 capture rate: 90%  Capital costs (USD2010/kWe) 1418 2150 
Efficiency penalty (%-points): 10.4b  LCOE (USD2010/MWh) 65 88 
Cost of CO2 avoided (USD2010/tCO2): 34b     
a ref. = reference plant without CO2 capture; cap = target plant with PCC. b Relative to the reference case. 

CO2 recovery can be regarded as a gas separation problem, i.e. the separation of CO2 

from, predominantly, N2. Numerous membranes for gas separations have been and 

commercialised since the 1970s, though the ability of membranes to separate gas 

mixtures has been known for much longer.[35] Membrane processes are less energy-

intensive than adsorption or cryogenic distillation, but are limited by a high initial capital 

investment. The increased cost of energy has caused membrane separation to receive 

attention as an economic option for separations, including PCC,[36] though membranes for 

PCC remain in the R & D phase. A full description of the process is given in the 

Milestone 2 report and in our associated publication;[20] here, Figure 5 shows a viable 

process summary, and four techno-economic studies are summarised in Table 4.  
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Figure 5 Schematic of an economically viable membrane-
based PCC process. M = membrane module. 

Table 4 Key techno-economic measures for membrane-based PCC retrofits to sub- or supercritical pulverised 
coal plants. 

a The case of supercritical steam conditions, and membrane-based capture alone, was considered. b ref. = 
reference plant without CO2 capture; cap = target plant with PCC. c Relative to the reference case. 

Finally, CaO is a well-known high-temperature sorbent that has been applied in 

industrial adsorption processes (capturing acidic gases like SOx and NOx) for many 

years.[41] More recently, but nevertheless over a decade ago, Shimizu et al. proposed 

employing CaO/CaCO3 looping (Eqs. 7 and 8) for post-combustion CO2 capture.[42]  

Carbonation:       CaO s  + CO2 g  
650 °C

 CaCO3(s)   (ΔH298 K = –179 kJ/mol )     (7) 

Calcination:       CaCO3 s
900 °C

 CaO s  + CO2 g     (ΔH298 K = +179 kJ/mol)     (8) 

The exothermic carbonation reaction, which takes place around 650 °C, produces heat 

that could be integrated into the power plant or used in a separate steam cycle.[43] 

Despite that the CO2-carrying capacity of CaO decays substantially over multiple 

cycles, the continuous make-up of CaO from cheap, naturally available sources increases 

the stable residual reactivity to 23%.[44] Moreover, the low residual reactivity of CaO is 

Literature Case 10[37] Case 11[38] Case 12a[39] Case 13[40] 

Location USA EU USA USA 
Coal type  Illinois#6 Kleinkopje Illinois#6 Illinois#6 
Plant size (gross, MWe) 491 600 580 583 
Capacity factor (%) 65 70 85 85 
Designed CO2 capture rate (%) 90 90 90 90 

CO2 emissions (kg/MWh) ref. b 776 No data 760 807 
cap. b 108 No data 87 80 

Net power output (MWe) 
ref. b 462 550 550 550 
cap. b No data No data 461 398 

Net plant efficiency (LHV, %) ref. b 42.6 45.9 41.4 38.7 
cap. b 30.6 34.5 34.4 26.5 

Efficiency penalty (%-points) b 12.0 11.4 7.0 12.2 

Capital costs (USD2010/kWe) 
ref. b 1804 1407 1727 1624 
cap. b 2551 2770 2627 2093 

LCOE (USD2010/MWh) ref. b 72 51 62 67 
cap. b 115 98 93 117 

Cost of CO2 avoided (USD2010/tCO2)c 65 90 46 69 
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less problematic under realistic conditions, when steam is present in the flue gases,[45] 

because of the demonstrated significant increases in sorbent activity measured under 

realistic conditions of CO2 adsorption/desorption.[46] A more stable CaO sorbent could be 

achieved by tailoring the structure[47] or adding inert materials;[15,48] see Section 5. A 

coal-fired power plant retrofitted with calcium-looping PCC based upon pure CaO could 

also take advantage of the fine CaO particles lost to attrition and purging from fluidised 

bed reactors by integrating them into cement production.[49] Thus, techno-economic 

models generally assume the cost of sorbents to be zero.[44,50]  

Figure 6 Schematic of calcium looping PCC process. FGD = 
Flue Gas Desulphurisation unit, ASU = Air Separation Unit. 

Rather than sorbent cost, the major source of energy penalty and incremental cost in CaO 

looping comes from the fuel and electricity needed to drive the endothermic calcination 

reaction of CaCO3 (Eq. 8). However, heat recovery from the oxy-fuel combustor and 

carbonator running at high temperature is practically simple, and is likely to offset the large 

energy input;[51] in fact, the commercial feasibility of this method has been demonstrated.[52] 

A representative process design for CaO-looping PCC is shown in Figure 6, and its techno-

economical performance is summarised in Table 5. 

We used the techno-economic parameters from Cases 1−16 (Tables 1−5) to compare 

key measures across the five technologies reviewed here (Table 6). In particular, we have 

calculated the relative changes between the reference and retrofitted plants, as these are 

most useful for cross-technique comparisons. These contrasts, in terms of relative 

changes in net power out, net plant efficiency, capital investment and levelised cost of 

electricity, are highlighted in Figure 7, and Table 6 shows the costs of CO2 avoided via 

each of the PCC pathways discussed here. We note that, in order to produce a single set 

of values for each technology, we have averaged the various cases within each 

technology. It is recognised that this method is imperfect, as it combines data calculated 

at different times and under differing conditions. Thus, it should be understood that there 
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exists significant error in the values presented. However, no single study that compares 

all five technologies under identical conditions exists, so this method was chosen because 

it incorporates as much information as possible. 
Table 5 Techno-economic measures for supercritical pulverised coal plants fitted with calcium-looping PCC. 

a ref. = reference plant without CO2 capture; cap = target plant with PCC. b Relative to the reference case. c 
Although this value is higher than those in Cases 14 and 15, it is not a statistical outlier among the three 
values; z = 1.13. 

Only marginal variations were observed in the average plant size (gross), net CO2 

capture rate and plant efficiency across the five technologies; these fell in the ranges of 

500−600 MWe, 84−89%, and 41−43%LHV, respectively. All five PCC processes 

consumedenergy in order to regenerate the solvents or adsorbents or to provide driving 

forces for permeation, to facilitate other auxiliary equipment to maintain the mass or 

gaseous streams and to compress the captured CO2 into a form suitable for sequestration. 

Specifically, the stripping of CO2 to regenerate MEA, NH3, or alkali-metal carbonate, as 

well as the compression (or evacuation) of membrane modules, depend on steam 

extraction from the boilers of the main power plant, which causes a significant (up to 

20%) decrease in the net power output; whereas in calcium looping, which uses a high-

temperature absorbent, the decarbonation of CO2-loaded sorbents is integrated to an 

additional coal combustor, enabling a big rise in the net power output (~45% increase). 

Despite that this increase in net power output is partially attributable to the boosting of 

the actual plant size, calcium-looping-based PCC is also superior to the other processes in 

terms of net efficiency (Figure 7). Two reports calculated energy balances, but not 

economic data, for larger-scale CaO-based PCC-retrofit plants. These are included in 

Figure 7, and found that doubling the designed size of a calcium-looping PCC-retrofitted 

 Case 14[50b] Case 15[44] Case 16[50a] 

Location EU EU China/EU 
Coal type  Lignite Lignite Lignite 
Plant size (gross, MWe) 500 450 600 
Capacity factor (%) 80 80 80 
Designed CO2 capture rate (%) 86 85 85 

CO2 emissions (kg/MWh) ref. a 795 784 784 
cap. a 135 123 116 

Net power output (MWe) 
ref. a 500 428 600 
cap. a 748 621 846 

Net plant efficiency (LHV, %) ref. a 43.0 45.0 40.6 
cap. a 35.6 37.0 36.8 

Efficiency penalty (%-points) b 7.4 8.0 3.8 

Capital costs (USD2010/kWe) 
ref. a 1530 1819 1816 
cap. a 2136 2634 3110 

LCOE (USD2010/MWh) ref. a 46 57 53 
cap. a 58 73 82 

Cost of CO2 avoided (USD2010/tCO2) 18 24 44c 
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power plant is likely to improve its efficiency performance. Our techno-economical 

assessment therefore considered a 1000-MW base plant; see Section 7. 

Table 6 Comparison of average techno-economic parameters across PCC technologies 

a Calculated as the average of values from individual cases. b ref. = reference plant without CO2 capture; 
cap = target plant with PCC. c Relative changes were calculated for each case, then averaged. 

 
Figure 7 Relative changes in the techno-economic indices of 
a pulverised-coal power plant after PCC retrofit. Data for 
each technology derived from the cases presented in Tables 
1−6. CAP = Chilled NH3, AMC = alkali-metal carbonate, 
Mem. = Membrane. 

There is rough agreement among the estimates of initial capital investment required for 

reference plants without PCC (Table 6), but the capital increase due to retrofitting PCC 

(i.e. the difference between the capital costs of the ‘ref’ and ‘cap’ cases in Table 6) varies 

greatly depending on the technology. The MEA- and chilled-ammonia-based processes 

need significantly higher capital investments than the other three paths (Figure 7). Alkali-

metal-carbonate absorption takes advantage of screw conveyors to motivate mass flows, 

which minimises the extra capital cost, but is unlikely to be successful on a large scale. 

Calcium looping, membrane, and alkali-metal-carbonate-based PCC show similar capital 

 MEA Chilled 
NH3 

M2CO3 Membrane CaO 

Plant size (gross, MWe) a 595 619 500 564 517 

Net power output  (MWe) a 
ref. b 569 619 462 528 509 
cap. b 455 539 381 430 738 

Relative size change (%) c −20.0 −12.9 −17.5 −18.6 +44.5 
Designed CO2 capture rate (%) a 89.0 86.7 90 90 85.3 

CO2 emissions  (kg/MWh) a ref. b 807 799 774 781 788 
cap. b 112 109 84 92 125 

Net CO2 capture rate (%) c 86.1 86.2 89.1 88.2 84.2 

Net plant efficiency (LHV, %)  a ref. b 42.1 42.7 42.6 42.2 42.9 
cap. b 30.6 32.0 32.2 31.5 36.5 

Net efficiency penalty (%-points)  a 11.5 10.7 10.4 10.7 6.4 
Relative efficiency change (%) c −27.4 −25.3 −24.4 −25.4 -14.8 

Capital costs  (USD2010/kWe)  a 
ref. b 1688 1745 1418 1640 1722 
cap. b 3054 2893 2150 2510 2627 

Relative capital costs change (%) c +80.9 +66.4 +51.6 +54.8 +51.9 

LCOE (USD2010/MWh)  a ref. b 57 64 65 63 52 
cap. b 100 99 88 106 71 

Relative LCOE change (%) c +75.1 +55.5 +36.2 +69.6 +36.3 
Cost of CO2 avoided (USD2010/tCO2) c 61 53 34 68 29 
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requirements. In the calcium-looping process, the CFB calciner and carbonator also 

contribute to the total equipment costs; however, the calciner is also an oxyfuel 

combustor and the carbonator accommodates highly exothermic reactions, so the heat 

from both apparati can facilitate supercritical steam turbines and generate more 

electricity. Thus, they contribute to both the capital increment and net power output. 

Thus, for the calcium looping case, the rise in capital costs in terms of USD2010/kWe is 

mitigated by the concomitant increase in energy output. 

The cost of electricity exhibits a trend similar to that of the capital costs, except that 

the LCOE for membrane-based PCC is much higher than those of alkali-metal-carbonate- 

and CaO-based processes. This is due to the high energy consumption that is needed to 

drive the multiple stages of membrane separations. MEA gives the most expensive 

electricity (as confirmed in a more recent study that compared capture by MEA and 

calcium looping[53]); whereas chilled ammonia offers some improvement. CaO and alkali-

metal carbonate are again the winners when LCOE is considered; however, CaO is likely 

better than alkali-metal carbonate in this respect because of its conservative estimate and 

scalable potential. 

Overall, calcium looping exhibited the lowest cost of CO2 avoided—29 USD2010/t 

CO2⎯because the oxyfuel calciner centralised its own CO2 and that of the main power 

plant, resulting in more CO2 avoided and thus a lower cost per unit of CO2 avoided. 

Membrane-based PCC had the highest cost of CO2 avoided (68 USD2010/t CO2). 

Calcium looping provides an economic pathway for post-combustion CO2 capture from 

conventional pulverised-coal-fired power plants. It shows a competitive ability to 

decrease the efficiency penalty and lower the costs of PCC. It does not require steam 

from the main plant turbines and can be retrofitted to existing plants, and also has the 

advantages of mature CFB combustor designs. The availability of cheap CaO from 

abundant natural sources, the avoidance of FGD and integration of wastes into the cement 

industry also contribute to its promise as a near-term alternative to the current MEA-

based PCC processes. However, it should be noted that the goal set by DOE for less than 

20% increase in LCOE with >90% CO2 capture has yet to be met. Furthermore, calcium-

looping techniques are still challenged by the rapid decay in CO2 carrying capacity over 

long cycles; future work should focus on the development of more stable CaO-based 

sorbents. 
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4. Effect of tailored sorbents on the techno-economics of CaO looping 

An initial goal of this project was to produce a techno-economic model for the use of 

tailored CaO-based sorbents, such as those synthesised in the experimental part of this 

project, in post-combustion capture of CO2 from coal plants. Such a model could then be 

compared to the models described above for other forms of PCC. The most obvious 

techno-economic impact of replacing CaO with a tailored sorbent is that the sorbent cost 

would change. If the tailored sorbent was synthesised, the material cost would have to be 

considered; if it were simply a treated form of limestone, then the costs of that treatment 

would have to be added. However, if the sorbent is more reactive (or remains more 

reactive over time), less sorbent is needed to capture a given amount of CO2. 

As discussed in Section 3, an important disadvantage of CaO-based PCC is the rapid loss 

of sorbent capacity displayed by natural CaCO3 (limestone), which necessitates the frequent 

exchange of spent sorbent (flow “CaO/CaCO3” from Q3 in Figure 6) for fresh CaCO3 

(“Make-up CaCO3” into calciner, Figure 6). In the case of pure CaCO3, many techno-

economic models approximate the sorbent cost to be zero because the waste product can be 

integrated into cement production;[20] however, even in that case, the rate of degradation of 

the sorbent must be understood in order to choose appropriate flows for a given CO2-capture 

rate. The CaO/CO2 ratio and make-up flow rate are important to the efficiency and 

economic performance of the system: increasing these quantities can improve the binding 

of CO2 via carbonation, but can also raise the solid circulation and heat demand during 

calcination. Calculations have shown that a high CaO/CO2 molar ratio (~5) should be 

adopted, but that purging percentages should be strictly restrained (<5%) to minimise the 

cost of CO2 avoided,[54] unless the purged materials are integrated into a cement works.[43] 

Moreover, we[55] and other researchers[15] have designed sorbents that are more durable 

than pure CaCO3, and the economic viability of these sorbents will depend on the rate at 

which they must be replaced. Therefore, the relative rates of sorbent input, sorbent 

replacement, and CO2 flow must be modeled in order to compare CaO- and tailored-CaO-

based PCC. The earliest effort to model these flows for the case of limestone was published 

by Abanades in 2002,[56] and is widely cited. We chose to use Abanades’ work as a starting 

point from which to extend these calculations for tailored sorbents. In the course of this work, 

we realised that the model developed by Abanades to calculate appropriate flow ratios for a 

given desired capture rate failed to take into account a particular quantity that, at very high 

sorbent replacement rates (such as those appropriate for limestone-based PCC that is coupled 
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to cement manufacture) is likely to be small, but that becomes important for low replacement 

rates (such as those that are practical for sorbents with relatively stable uptake capacity). 

Specifically, although the model described the CO2-uptake contributions of sorbent particles 

added to the carbonator via purge replacement, it did not take into account the particles that 

remained in the recirculation stream in the continuous steady-state process. As very low 

sorbent-replacement rates are not only a goal of using tailored sorbents, but indeed are likely 

to be necessary in order for tailored sorbents to be economical, we set out to design a broader 

model that would relate the flows of CO2 and make-up sorbent to overall uptake efficiency, 

and that would consider all sorbent particles, even if no analytical solution for the approach 

to infinity was available. The development of this model is detailed in the Milestone 4 report, 

and will become the subject of an upcoming journal publication.[57] A detailed description is 

omitted here in favour of evidence for the utility of our model, as well as some information 

that could be gleaned from it.  

The model we developed relates the flow rates of carbonated sorbent (CaCO3 or supported 

CaCO3) particles from the carbonator to the calciner (Figure 8, C), of fresh sorbent to the 

calciner (F), and of flue gas into the system (G). Thus the ratio F/C is the make-up ratio. The 

difference between our model and Abanades’ is clear at low values of F/C, i.e. when little 

fresh sorbent is supplied (Figure 9); our results predict that less make-up sorbent is 

needed to achieve a given efficiency (η) than what Abanades’ work predicts. This will be 

highly relevant for a tailored sorbent whose cost is non-zero. 

 

Figure 8 (above) Material flows in PCC by CaO 
looping. Note: (i) G refers only to the flow of CO2 
in the flue gas, and (ii) the flow of decayed sorbent 
out equals the flow of fresh sorbent in.  

Figure 9 (right) Maximum CO2 capture efficiency 
(η), based on decay behaviour measured after 50 
cycles of calcination (N2, 900 °C, 3 min), and 
carbonation (15% CO2 in N2, 650 °C, 3 min) with 
dT/dt = 250 °C/min.  

We also applied our model in order to predict how the properties of a tailored sorbent 

would impact carbonator efficiency in a PCC plant. Though this question has been 
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addressed in the past,[58] the better suitability of our model at low F/C warranted 

consideration. Thus we used the definitions of improved sorbent characteristics that were 

introduced by Romeo et al.[58]⎯the difference between the initial conversions reached by 

a tailored sorbent and by CaO was represented by α, and the corresponding difference 

between residual conversions was labeled β. The impacts of these parameters on 

carbonator efficiency for F/C = 0.001 and G/C = 2/3 are shown in Figure 10. Efficiency 

will vary with F/C and G/C, so the values are less important than the trend; that is, that 

the previous model underestimated the impact of sorbent improvements on efficiency.  

 Figure 10 Impact of sorbents with improved initial (α) and residual (β) CO2 uptake capacities on calculated 
carbonator efficiencies, η, as calculated using Abanades’ model (left) and our model (right). Lines connect 
points with the same η. Data in the left graph has been replotted from reference [58]. 

5. Discovery of a more stable tailored sorbent 

In addition to the techno-economic calculations described above, the project entailed 

the synthesis of a tailored sorbent. Initially, the sorbent was to be synthesised on a pilot 

scale; however, following the withdrawal of funding by Xstrata, sorbent synthesis was 

limited to the development and testing stages. Details of sorbent development are given in 

Milestone Report 3 and in our associated publication;[55] however, the performance of 

three tailored sorbents developed in our laboratory is summarised here. 

We pursued ordered mesoporous and macro/mesoporous materials in order to 

maximise the amount of active, stable CaO in the sorbent, and tested two ceramics as 

supports. Calcium aluminate was chosen following the auspicious results obtained by 

other researchers using calcium aluminate supports without tailored porosity,[48c,59] and 

SiC was chosen for its high thermal conductivity and mechanical strength, low coefficient 

of thermal expansion, and low specific weight.[60] 
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Table 7. Textural properties of the tailored sorbents.a 
Sample SBET

b  
(m2 g-1) 

DA
c 

(nm) 
DD

d 
(nm) 

VP
e 

(mL g-1) 
CaO/meso-CaxAlyOz 15 multif 0.097 
CaO/hier-CaxAlyOz 11 3.3 multif 0.10 
CaO/meso-SiC 129 3.1 3.1 0.24 
a Measured by N2 adsorption-desorption at −196 °C. b 
Surface area was calculated using the 
Brunauer−Emmett−Teller method[61] over P/Po = 0.05–
0.25. c,d Maxima in the Barrett−Joyner−Halenda pore-size 
distribution,[62] as calculated from the adsorption (DA) and 
desorption (DD) branches, respectively. e Total pore 
volume at P/Po ≥ 0.97. f Multi = multimodal. 

Figure 11 (at right) X-ray diffraction patterns of tailored CaO 
sorbents, along with associated phases. 
 

The chemical compositions of the tailored sorbents, CaO/meso-SiC, CaO/meso-

CaxAlyOz, and  CaO/hier-CaxAlyOz (meso = mesoporous; hier = meso- and macroporous), 

were investigated by X-ray diffraction (Figure 11), and their textural properties are 

summarized in Table 7. After characterisation, the sorbents were tested in repeated 

calcination/carbonation cycles under conditions commonly applied to test new sorbents. 

CaO/meso-CaxAlyOz performed best (Figure 12), and was more stable or tookup more 

CO2 over 30 cycles than most literature sorbents (Table 8). Thus the synthesis and use of 

this sorbent on a larger scale, and its tolerance to SOx and NOx gases, should be studied. 
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Figure 12 Performance of tailored sorbents in 30 cycles of calcination (850 °C, N2, 10 min) and carbonation (700 °C 
(CaO/CaxAlyOz) or 690 °C (CaO/meso-SiC), 15% CO2 in N2, 30 min). (a) mass gained, and (b) CaO converted. 
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Table 8   Effectiveness and stability of CaO sorbents over 30 cycles of carbonation and calcination. 
Entry Sorbent  

 
Carbonation Calcinationa  Weight 

Gain  
in Cycle # 

Conversion  
in Cycle # 

Loss 
 

  T 
[°C] 

t 
[min] 

[CO2] 
[% in N2] 

T 
[°C] 

t 
[min] 

1 
[%] 

30 
[%] 

1 
[-] 

30 
[-] 

 
[%]b 

1 CaO/meso-CaxAlyOz
c 700 30 15 850 10 46 43 0.92 0.87 6 

2 CaO/hier-CaxAlyOz
c 700 30 15 850 10 46 38 0.89 0.73 18 

3 CaO/meso-SiC 690 30 15 850 10 24 13 0.86 0.49 43 
4 d,eCaO-Ca12Al14O33

[63] 690 30 15 850 10 24 24 −f −f 0 
5 d,gCaO/Ca12Al14O33

[63] 690 30 15 850 10 37 32 −f −f 14 
6 d,hCaO/Ca12Al14O33

[64] 600 25 25 900 15 8 16 −f −f −200i 
7 d,jCaO/meso-CaxAlyOz

[65] 700 10 100 700 8 40 32 −f −f 20 
8 d,gCaO/SBA-15[66] 700 60 100 910 30 −f −f 0.99 0.82 17 
9 dCaO/Ca12Al14O33 

nanospheres[67] 
650 30 15 900 10 64 61 0.96 0.91 5 

a Calcination atmosphere was 100% N2. b Change in CO2 uptake capacity from the 1st to 30th cycle, as a 
percentage of the capacity in the first cycle. c Maximum conversion was calculated from an extended 
carbonation. d GraphClick software[60] was used to estimate values from published graphs. e The CaO precursor 
was Ca(OH)2. f Not given. g The CaO precursor was Ca(OAc)2•H2O. h Sample was prepared from CaO and 
hydrated before use. i The CO2 capacity of the sorbent increased initially, then declined slowly; thus, uptake 
capacity increased in the first 30 cycles. j The CaO precursor, CaCl2, was deposited in the presence of urea.  

6. Preliminary techno-economics of CaO/meso-CaxAlyOz as a sorbent 

Although more information will be required before it is possible to design a full 

techno-economic model for a coal plant with CaO-looping PCC using our newly designed 

CaO/meso-CaxAlyOz sorbent, some preliminary estimates are possible using the model we 

developed in Section 4. Thus, we determined the values of α and β for this sorbent by 

subjecting it to 50 cycles of calcination/carbonation under industrially relevant 

conditions, which are harsher than those commonly applied to test new sorbents. Figure 

13 compares CO2 uptake by CaO/meso-CaxAlyOz and by CaO under these conditions. 

CaO/meso-CaxAlyOz took up slightly less CO2 in the first cycle than pure CaO did; 

however, after 50 cycles, the capacity of the unsupported CaO had decayed much more 

than that of CaO/meso-CaxAlyOz. The values of α and β shown on the graph were 

calculated from the experimental data points; slightly different values (α = −0.006 and β 

= 0.325) are obtained if the fitted line is used for CaO. 

Having calculated α and β for meso-CaxAlyOz, we were able to compare the annual 

stream costs ($stream) for the tailored sorbent to those for CaO using Eq. 9. The annual 

stream costs represent only the cost for the materials consumed in the plant. The plant 

was assumed to be a post-combustion capture plant attached to a 1000-MWe bituminous-

coal-fired plant[68] running at 85% capacity and a capture efficiency of η = 0.9 (i.e. 90%). 

Thus, the make-up ratio and CO2-to-sorbent ratios were allowed to vary in order to reach 

this carbonation efficiency. It was assumed that heat for the calciner was obtained by 
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combusting coal in O2. The characteristics of CaO were computed based upon the data 

shown in Figure 13, and the values of α and β shown on that plot were used to describe 

CaO/meso-CaxAlyOz. We have not made allowances for the integration of the sorbent into 

cement production, and have therefore assigned CaO a cost of $10/ton, as per the work of 

Romeo et al.[54] Further, we have assumed that the O2 is purchased, also at $10/ton, rather 

than generated on-site,[69] and that the coal was purchased for $44/ton.[70] The cost of 

CaO/meso-CaxAlyOz, which to date has only been synthesised on small scales, was 

estimated at 2, 5, and 10× higher than CaO; see Figure 14.  

$!"#$%& = 0.85[ $!"#$𝐹𝑙𝑜𝑤!"#$ + $!!𝐹𝑙𝑜𝑤!! + $!"#$%&'𝐹𝑙𝑜𝑤!"#$%&' ] (9) 

Several important conclusions can be drawn from the data in Figure 14. First, we find 

that the stream costs incurred when pure CaO was used as the sorbent exceeded those 

incurred using our tailored sorbent under almost all conditions. This was because the pure 

CaO lost uptake capacity very quickly, and therefore was required in larger amounts 

unless it was replaced very quickly (i.e. unless the make-up ratio was very high). We also 

found that, for F/C < 0.001, the stream costs were almost completely insensitive to the 

sorbent cost within the studied range (see Table 9). Thus, as long as the make-up ratio 

was low (a situation enabled by tailored sorbents such as CaO/meso-CaxAlyOz), more 

expensive sorbents can be tolerated. Thus, from the perspective of stream costs, the use of 

our tailored sorbent, CaO/meso-CaxAlyOz, is highly auspicious. Moreover, because it 

 
Figure 13 CO2 uptake by commercial CaO and by 
CaO/meso-CaxAlyOz over 50 cycles of carbonation (15% 
CO2 in N2, 650 °C, 3 min) and calcination (N2, 900 °C, 3 
min) at industrially relevant conditions (dT/dt = 250 
°C/min). 

 
F/C [–] 

Figure 14 Annual stream costs (Eq. 9), for a 1000-MWe 
coal-fired power plant operating at η = 0.9. Dotted lines 
use Abanades’ model to describe the particles; solid lines 
use ours. (i): CaO at $10/ton, and (ii−iv) CaO/meso-
CaxAlyOz at 20, 50, and 100 $/ton, respectively. 
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could be used at very low replacement rates (the lowest stream costs for η = 0.9 and a 

capacity of 85% occurred a maximum make-up ratio of 2.88 × 10-5 (see Table 9); cf. 0.02 

for CaO), CaO/meso-CaxAlyOz could also minimise the amount of make-up sorbent that 

has to be handled and heated to calcination temperature, as well as the amount of heat lost 

to spent sorbent. Further, when our model was used to represent sorbent behaviour, there 

was no sharp minimum in stream costs; these were more stable to adjustments in F/C.  
Table 9. Operating parameters that minimise stream costs (refer to Figure 14).  
Case Model Parameters to Minimise Stream Costs and maintain η = 0.9, Capacity = 0.85 

  F/C, [–] G/C, [–] Stream Costs, [M$/a] 

(i) Literature 0.02 4.34 71.18 
Ours 0.02 4.34 71.18 

(ii) 
Literature 3.46 × 10-3 2.75 54.99 

Ours 2.88 × 10-5 2.83 53.43 

(iii) 
Literature 2.69 × 10-3 2.88 56.75 

Ours 9.62 × 10-6 2.83 53.44 

(iv) 
Literature 2.31 × 10-3 2.99 59.20 

Ours 9.62 × 10-6 2.83 53.45 
 (i): CaO at $10/ton; (ii–iv) CaO/meso-CaxAlyOz at 20, 50, and 100 $/ton, respectively.	  

7. More detailed techno-economic model of CaO looping 

Following the comparative modeling described in Section 3, we updated and 

elaborated the techno-economic analysis of CaO looping, and considered the impact of 

tailored sorbents on the model. This detailed modeling work was performed according to 

the guidelines of Rubin et al.[71] for the estimation of costs for CO2 capture at fossil fuel 

power plants. We have assumed that the CaO looping plant will be retrofitted to an 

existing coal-fired power plant. The plant considered is shown in Figure 15, and the 

capture plant, shown inside the dashed rectangle, includes everything from the flue gas 

ash separator (CYC-01) to the rich CO2 stream condenser (CON-01). An air separation 

unit (ASU), used to produce O2 for combustion for the oxy-fuel-heated calciner, not 

shown in Figure 15, was included in one version of the calculations in order to compare 

the costs related to producing (Case 1; ASU required) vs. purchasing (Case 2; no ASU) 

O2. No storage method or site has been nominated, and the cost of compression, transport, 

and storage have not been calculated; thus, we have determined the cost of CO2 

captured.[71] This work can be compared to recent publications by Mantripragada and 

Rubin[53] and by Cormos,[72] and some key assumptions for our work are listed in Table 

10. An important difference in our model is the size of the coal plant being modified. As 

discussed in Section 3 of this report, calculations of energy balances for calcium-looping 

PCC systems applied to larger (1000-MW) coal plants has suggested that these may be 
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Figure 15 (At left) Process flow diagram for the coal-
combustion plant (upper) and post-combustion 
capture plant (lower) considered here.  
(Below) Legend for the process flow diagram. 
 

Equipment Legend 
ID Description ID Description 
CON-01 Rich CO2 stream 

condenser 
P-01 Circulating water 

pump 
CYC-01 Flue gas ash separator R-01 Coal precombustor 

(base plant) 
CYC-02 Calciner ash 

separator/purge splitter 
R-02 Coal combustor (base 

plant) 
EX-01 Economiser R-03 Carbonator 
EX-02 Evaporator R-04 Calciner 
EX-03 Superheater R-05 Coal precombustor 

(capture plant) 
EX-04 Air preheater T-01 HP turbine 
HC-01 Stream condenser T-02 MP turbine 
HC-02 Rich CO2 stream cooler T-03 MP turbine 
HC-03 Solid sorbent 

recirculation cooler 
T-04 LP turbine 

M-01 Stream combiner/splitter   
 

Streams 
S-01 Coal to base-plant burner S-13 Ash-free sorbent recirculation S-25 Steam 
S-02 Coal to base-plant burner S-14 Ash-free sorbent recirculation S-26 Steam 
S-03 Flue gas from base-plant burner S-15 Sorbent make-up S-27 Steam 
S-04 Flue gas S-16 O2 to calciner S-28 Steam 
S-05 Flue gas S-17 Coal to calciner S-29 Steam 
S-06 Flue gas S-18 Decomposed coal to calciner S-30 Steam 
S-07 Cooled flue gas S-19 Sorbent purge from calciner S-31 Steam 
S-08 Ash-free flue gas S-20 CO2-rich gas from calciner S-32 Condensed H2O 
S-09 Lean-CO2 flue gas S-21 Cooled CO2-rich stream S-33 Air 
S-10 Partially carbonated sorbent S-22 Dehumidified CO2-rich stream S-34 Preheated air 
S-11 Calcined sorbent and coal ash S-23 Condensed H2O S-35 Ash from base plant 
S-12 Cooled calcined sorbent and coal ash S-24 Condensed H2O   

more efficient than those applied to smaller (≤600-MW) plants, but the economics of 

these systems have not been considered. However, the net power output of a 1000-MW 

power plant would be approximately ~1600 MW, slightly larger but still comparable in 

size to NSW power plants such as Vales Point and Mount Piper. Therefore, we have 

considered a 1000-MW base power plant. Table 10 gives key details of the plant and 

calculations. Carbonation conversion was calculated as per Eq. 10. 

𝜼𝒄𝒂𝒓𝒃=
𝟏 + 𝑭𝟎 𝑭𝑹
𝑭𝑪𝑶𝟐

𝑭𝑹

𝒂𝒊!𝟏 + 𝒃
𝑭𝟎

𝑭𝑹
𝑭𝟎

𝑭𝑹 + 𝟏
𝒊

𝑵!𝟏

𝒊!𝟏
+ 𝒂𝑵!𝟏 + 𝒃

𝟏
𝑭𝟎

𝑭𝑹 + 𝟏
𝑵  

For limestone, 𝒂 = 0.06 and 𝒃 = 0.467; 𝜼𝒄𝒂𝒓𝒃 = 0.727. 

(10) 
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Table 10 Assumptions used in the techno-economic model. 

Assumptions for the base plant (without capture) 

Parameter Value 
Gross power output 1000 MW 
Capacity factor 85% 
HHV of coal 25.897 MJ/kg 
Coal cost 44 $/ton 
Flue gas flow into carbonator 1.44 × 103 kmol/h 
CO2 content of flue gas at carbonator inlet 12.86 mol% 
SO2 content of flue gas at carbonator inlet 0.0832 mol% 

Assumptions for the capture plant 

Parameter Value 
CO2 removal efficiency 90% 
Limestone purity 100% 
Carbonation conversion Eq. (10) 
Calcination conversion 100% 
Make-up sorbent to recirculating sorbent ratio 0.01 mol/mol 
Sorbent cost 15 $/t 
Solid waste disposal cost ($/tonne) 0 

 

 Details of the CAPEX calculations are given in Chart 1. All costs are given in 

USD2012, which were also used in recent publications; thus, hereafter $ = 2012 United 

States dollars, and M$ = millions of 2012 United States dollars. As we are calculating the 

cost of a calcium-looping plant retrofitted to a 1000-MW coal plant, a larger volume of 

sorbent must be handled than those handled in previous calculations. We have therefore 

considered a bifurcated flue gas stream that is sent to two carbonators of similar size; 

each carbonator has a separate sorbent inventory and associated calciner. Two cyclones 

are also included as part of the capture plant; these remove ash from the system. The total 

capital cost of the calciners and carbonators was calculated using the Order of Magnitude 

method. The calculations were scaled from the solids (i.e. CaO/CaCO3) flow and calciner 

cost reported by Rubin[53] and using the scaling formula of Cormos (Eq. 11).[72] 

$!"# = $!"#$ 𝛼
𝑄!"#,!"#!
𝑄!

!",!

+ 1− 𝛼
𝑉!"#!
𝑉!

!",!

+ 1− 𝛼
𝑉!"#$
𝑉!

!",!

 (11) 

Here, $CaL is the total cost of the calciner and carbonator being calculated. These have 

volumetric capacities of Vcalc and Vcarb, respectively and a heat input of QLHV, calculated 

using the method of Romano.[73] The dimensionless factor α is the relative weight of heat 

transfer surfaces on the total cost of a cooled CFB reactor.[72] Based upon this formula, 

we calculate a combined cost for the calciners and carbonators of M$811. Additional 

capital investments are for a heat recovery unit (M$174) and, in Case 1, an ASU 

(M$347).  
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Chart 1. Key assumptions for CAPEX calculations.a 

Plant construction: 3 years (2015–2017), costs split equally over the three years. 
Plant operation: 25 years (2018–2042)  
Depreciation: 15 years Cost of: 
 Site preparations 5% of Bare erected cost  
Bare erected cost:  Service facilities 5% of Bare erected cost 
Calciner/carbonator M$811 Contingencies, 

contractor fees 
27% of Direct permanent 
investment Heat recovery unit M$174 

Air separation unit M$347 Land 2% of Total Depreciable Capital 
Total M$1332 Plant Start-up 10% of Total Depreciable Capital 
a M$ = millions of USD2012. Utility costs were assigned a cost of $0, as the capture plant will be 
“piggybacking” on the power plant. 

The operations costs of the plant were determined by assuming that the plant was 

running 8000 h per year, and that the power plant was producing 817 ton CO2/h. Each ton 

of CO2 was captured using 0.12 ton limestone at $15/ton. This was sufficient to produce a 

total capture rate (Eq. 12) of 90%. We note that the small amount of sulfur in the coal 

will, after combustion, react with CaO to form CaSO4, which cannot be regenerated. (In 

the case of a tailored sorbent, the product may not be pure CaSO4; however, it is still 

assumed that one mole of S inactivates one mole of CaO in the tailored sorbent.) This 

flow was considered, with the CaSO4 being removed in the purge stream at the same rate 

as other sorbent particles. The heat to release the captured CO2 in the calciner was 

provided by oxycombustion of 0.17 ton coal/ton CO2 at $44/ton coal.[70] CO2 that was 

produced to heat the calciner was also captured. One-day inventories of coal, CO2, and 

limestone were held. In Case 2, when O2 was purchased, a cost of $65.8/ton was assigned. 

Accounts receivable, accounts payable, and cash reserves were all set at 30 d. The 

additional energy generated from the heat of carbonation and the cooling of gases exiting 

the carbonator and calciner were treated as byproducts with a value of $0. In addition to 

coal and limestone, an administrative cost was included in the variable operating costs. 

𝜼𝒄𝒂𝒑𝒕𝒖𝒓𝒆=
(𝑭𝑹 + 𝑭𝟎)𝑿 + 𝑭𝑪𝑶𝟐,,𝒎𝒂𝒌𝒆𝒖𝒑 + 𝑭𝑪𝑶𝟐,𝒄𝒂𝒍𝒄𝒊𝒏𝒆!
𝑭𝑪𝑶𝟐,,𝒑𝒍𝒂𝒏𝒕 + 𝑭𝑪𝑶𝟐,,𝒎𝒂𝒌𝒆𝒖𝒑 + 𝑭𝑪𝑶𝟐,𝒄𝒂𝒍𝒄𝒊𝒏𝒆𝒓

 (12) 

Operations costs for personnel were calculated assuming that the plant was operated in 

five shifts of four operators each. Wage data was obtained from the Australian Bureau of 

Statistics. Operations and maintenance costs are summarised in Chart 2. Other fixed costs 

were property taxes and insurance (2% of total depreciable capital) and straight line 

depreciation (8% of total depreciable capital). 
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Chart 2. Fixed costs related to operation and maintenance. 

Operations Direct wages and benefits = DWB = $35/operator•h 
Direct salaries and benefits 15% DWB 
Operating Supplies and Services 6% DWB 
Maintenance Wages and benefits = MWB = 4.5% of total depreciable capital 
Salaries and benefits 25% MWB 
Materials and services MWB 
Overhead 5% MWB 
Operating overhead  
General plant overhead 7.1% (DWB + MWB) 
Mechanical department services 2.4% (DWB + MWB) 
Employee relations 5.9% (DWB + MWB) 
Business services 7.4% (DWB + MWB) 

The costs above were combined to produce cost analyses for the calcium looping 

plants described in Cases 1 and 2, as shown in Table 11. 
Table 11. Cost analyses for the plants described by Table 10 and Charts 1 and 2 over 25 years. 
 Case 1 Case 2 

CAPEX 
Permanent investment $2,082,369,000 $1,541,520,000 
Working capital $58,371,900 $80,874,500 

Total CAPEX $2,140,740,900 $1,622,394,500 
OPEX 

Fixed Operating cost  $255,606,871  $189,775,391  
Variable operating cost  $63,762,500  $244,309,600  

Total OPEX $319,369,371 $434,084,991 

The distribution of CAPEX costs for the two Cases are illustrated in Figure 16, and the 

distribution of OPEX costs are illustrated in Figure 17. 

              
Figure 16. Distribution of CAPEX costs for Case 1 (left) and Case 2 (right). 

	    

CAPEX, Other! Calciner–Carbonator!
Air-Separation Unit! Heat Recovery System!

Calciner–Carbonator! Heat Recovery System!
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Figure 17. Distribution of OPEX costs for Case 1 (left) and Case 2 (right). 

Based upon the costs calculated above, we calculated an annualised cost of CO2 

captured according to Eq. 12, where r = discount rate, and n = plant lifetime, in years. 

𝐴𝑛𝑛𝑢𝑎𝑙𝑖𝑠𝑒𝑑  𝐶𝑜𝑠𝑡  𝑜𝑓  𝐶𝑂!  𝑐𝑎𝑝𝑡𝑢𝑟𝑒 =   
!"#$% ! !!! !

!!! !!!
+ 𝑂𝑃𝐸𝑋

𝐶𝑂!  𝑐𝑎𝑝𝑡𝑢𝑟𝑒𝑑  𝑖𝑛  𝑜𝑛𝑒  𝑦𝑒𝑎𝑟  (𝑡𝑜𝑛𝑛𝑒𝑠)
 (12) 

Mantripragada and Rubin have recently calculated the cost of a calcium-looping plant at a 

high discount rate of 0.20, citing “the current status of this technology”;[53] whereas 

Cormos used a much lower value of 0.08.[72] We computed the annualised cost of CO2 

captured for Cases 1 and 2 using discount rates ranging from 0.08–0.20, yielding 

annualised costs of CO2 captured in the range $80–115 for Case 1 and $90–117 for Case 

2 (Figure 18). The annualised cost of CO2 captured was always lower for Case 1 (in 

which an air separation unit was used to generate O2) than for Case 2 (in which O2 was 

purchased); however, the difference was smaller at high discount rates.  

 
Figure 18. Annualised cost of CO2 captured in Cases 
1 and 2, as functions of discount rate. 
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We examined the sensitivity of our cost model for Case 1 to the costs of the major 

consumable goods⎯limestone and coal. The price of coal had a much greater relative 

impact on the variable operating costs of the plant than limestone did; even a 5× increase 

in limestone cost had less impact than a doubling in coal price (Figure 19, left). In order 

to examine the sensitivity of the annualised cost of CO2 captured to coal and limestone 

price (Figure 19, right), the discount rate was taken to be the average between those of 

Mantripragada and Rubin[53] and of Cormos,[72] i.e. 0.14. At this discount rate, a doubling 

of the limestone cost from 15 to 30 $/tonne raised the annualised cost of carbon captured 

by 2% (from 96.56 to 98.36 $/tonne), and a doubling of the coal cost from 44 to 88 

$/tonne raised the value by 8% (from 96.56 to 104.04 $/tonne).  

        
Figure 19. Impact of changes in coal and limestone costs on (left) the variable operating expenses in Case 
1, and (right) the annualised cost of CO2 captured in Case 1, assuming a discount rate of 0.14. 

As the development of improved sorbents was a major goal of this project, we also 

considered the impact of increased sorbent performance and cost on the variable operating 

costs and annualised cost of CO2 captured. In order to compare the sorbents under the same 

conditions, appropriate CaO flows were calculated for hypothetical sorbents in order to keep 

the same make-up ratio, flue gas flow, and total capture rate that was used in Cases 1 and 2. 

Thus, the carbonation efficiency (𝜂!"#$ as per Eq. 10) was necessarily different for each case. 

Three improved sorbents were considered in the calculation of flow rates: the sorbent 

CaO/meso-CaxAlyOz, described in Section 5, as well as two hypothetical sorbents whose 

residual carbonation conversions were 50% higher and 50% lower than that seen for 

CaO/meso-CaxAlyOz under industrially relevant conditions (see Figure 13). These improved 

sorbents are denoted CaO+2, CaO+3, and CaO+1, respectively, and the material flows 

associated with these sorbents are listed in Table 12.  
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Table 12. Material flows and heat ratio associated with the use of improved sorbents at F/C = 0.01 and a total 
capture rate of 90%. 
Sorbent Residual 

conversion 
[–] 

F0(CaO) 
[ton/h] 

F0(CaCO3) 
[ton/h] 

ηcarb 
[–] 

F0(CaO) 
F0(CO2) 

[–] 

Coal to calciner 
[ton/h] 

Heat ratio 
[–] 

O2 to calciner 
[ton/h] 

CaO 0.1264 52.14 93.10 0.7270 5.75 126.32 31.92 335.8 
CaO+1 0.1729 38.98 69.61 0.7434 4.30 114.43 29.82 304.2 
CaO+2 0.3057 22.65 40.45 0.7637 2.50 99.66 27.01 264.9 
CaO+3 0.4381 15.98 28.53 0.7719 1.76 93.62 25.79 248.9 

Based upon the sorbent flows F0(CaCO3) shown in Table 12, we considered sorbents that 

were required in flows of 15, 30, 45, and 55 ton/h, and compared these to limestone, of which 

100 ton/h had been required (i.e. Cases 1 and 2). As the tailored sorbents are likely to be 

more expensive than limestone, we considered sorbent costs of 1–10× the limestone cost of 

$15/ton. Figure 20 (left) shows how the flow rate and sorbent cost of the sorbent impacts the 

variable operating cost of the plant. As expected, these costs were lower for sorbents whose 

enhanced stability allowed them to be used in smaller amounts, though sorbent cost was also 

important. Thus, in the case of the modestly improved sorbent, which could be used at 55 

ton/h, even a doubling of sorbent cost compared to limestone was too much, and resulted in 

higher variable operating costs. On the other hand, a sorbent that could be used at 45 ton/h 

(i.e. one slightly less stable than CaO/meso-CaxAlyOz) would be cheaper at twice the price of 

CaCO3, and at 3× the cost of CaCO3 would produce only slightly higher variable operating 

costs than CaCO3. The best sorbent considered, i.e. one that could be used at 15 ton/h, 

produced the same variable operating costs even at 6× the price of CaCO3. As the variable 

operating costs are much lower than the capital investment, the changes in annualised cost of 

CO2 captured that occurred due to sorbent changes were relatively small compared to the 

total annualised cost of CO2 captured (Figure 20, right). Thus in the best and worst 

hypothetical cases, the annualised cost of CO2 changed by –2 and +9%, respectively. It is 

important to note, however, that an improved sorbent that could be used in smaller amounts 

than CaCO3 could also enable the use of a smaller calciner and carbonator, and thus reduce 

CAPEX costs; however, these costs cannot be calculated without physical data (e.g. heat 

capacity) for the sorbent. 

Thus the annualised cost of CO2 captured for Case 1, in which O2 for the calciner is 

produced in-house using an air-separation unit, ranged from 80–117 $/tonne in the various 

scenarios discussed here. The discount rate had the greatest impact on the annualised cost of 

carbon captured, whereas the costs of consumables (coal, limestone or other sorbent) 

produced smaller changes. Using tailored sorbents has the potential to impact capital costs, 

and thus may be important; however more data on this topic is required.  



	   28 

             
Figure 20. Impact of changes in the sorbent requirements and cost on (left) the variable operating costs, and 
(right) the annualised cost of CO2 captured, in Case 1. The red asterisk shows the base calculation. In all cases, 
the discount rate was taken to be 0.14. 

The profitability of a PCC plant will of course depend on the price of CO2. At the current 

cost of carbon emissions in Australia ($0/tonne), costs of CO2 capture of 80–117 $/tonne are 

impractical. However, a United States Government working group calculated in 2013 that the 

social cost of carbon in 2015 would be $39/ton (in USD2011, average value at 3% discount 

rate),[74] and a recent report found this to be a vast underestimate.[75] If the carbon price were 

set at 200 $/ton (still below the most recently calculated social cost of carbon), these costs of 

carbon capture may be justified, depending on the method and location of storage. 

Finally, the variable operating costs and annualised cost of CO2 captured were calculated 

for Case 2 as a function of O2 cost (Figure 21). Again, a discount rate of 0.14 was assumed. 

Even at the lowest O2 cost considered, Case 2 was more expensive than Case 1, yielding an 

annualised cost of CO2 captured of 102.31 $/tonne.  

Overall, our techno-economic model for post-combustion CO2 capture by calcium looping 

finds that the process is not currently profitable, but that it could become so in the event that 

the price cost of CO2 began to resemble the social cost of CO2. Further, the development of 

sorbents more stable than CaO could lower the variable operating costs of this technology, 

depending on their cost and the degree of extra stability they provide. The impact of such 

sorbents on the capital expenditures required for the plant, which makes up the bulk of the 

total plant cost, cannot yet be calculated; however this information can be added to our model 

via Eq. 11 when the relevant data for a new sorbent becomes available. 
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Figure 21. Impact of O2 cost on the (left) variable operating costs and (right) on the annualised cost of CO2 
captured of the PCC plant in Case 2. A discount rate of 0.14 was used to calculate the annualised cost of CO2 
captured, and the black line in that figure shows the value for Case 1 at that same discount rate. 
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